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The utilization of coal worldwide for electric power generation portends a need for advanced

technologies to mitigate the release of carbon. To this end, a novel PSA-based warm gas

CO2-removal technology is compared to a state-of-the-art integrated gasification combined

cycle (IGCC) power plant with dual-stage SelexolTM unit for carbon capture using com-

putational methods. The carbon capture in the SelexolTM case is limited to 83.40 % due

to the high methane content in the syngas. The SelexolTM efficiency is 31.11 %− HHV

resulting in a cost-of-electricity (COE) of 148.6 $
MWh

with transport, storage, and monitor-

ing (TS&M). Integration of the warm gas CO2-removal technology increases the efficiency

to 34.20 %− HHV. Optimization of the water gas shift reactors using thermodynamic gas

stability analysis and kinetic reaction modeling results in an efficiency of 35.63 % leading

to a reduction in COE to 127.2 $
MWh

with TS&M. With the here introduced Ro number,

the catalyst volume of isothermal shifting can be reduced by up to 73 %. Due to a higher

capture yield of the PSA-technology, carbon capture of 88.6 % can be achieved. In order

to reach the U.S. Department of Energy target of 90 % carbon capture, three options are

addressed: (1) combustion of syngas in the CO2 purification section while raising steam, (2)

syngas reforming in an external adiabatic reformer and (3) syngas recycling to the gasifier.

While the syngas recycling option reveals the highest efficiency, the combustion of syngas

option is the most economical with a COE of 138.1 $
MWh

with TS&M.

Keywords: Integrated Gasification Combined Cycle (IGCC), Transport Gasifier (TRIGTM), Water Gas

Shift, Isothermal Shifting, Carbon Deposition, Carbon Capture, Warm Gas Cleanup, CO2-Adsorption, High

Methane Syngas.
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Chapter 1

Introduction

1.1 Motivation

Energy is a key component for the development of human society and economic growth.

Modern industry heavily relies on the availability of energy and is concerned about costs asso-

ciated with energy procurement, especially in large economies like the United States, China,

Japan, Germany and the United Kingdom. Emerging markets like India have, as well, large

energy demands which greatly depend upon fossil primary energy and energy carriers. Par-

ticularly in developing countries like China and India, where large coal reserves exist, coal

provides an inexpensive and reliable energy source. Coal is one of the most abundant fossil

energy sources. Worldwide coal reserves surpass oil and gas reserves and will last a very

long time into the future. The easy accessibility and uncomplicated handling for shipping

make it an attractive fuel around the globe. Coal is more evenly distributed worldwide than

other fossil fuels and it can be found in many countries, which reduces the dependence on

oil and oil supplier countries. However, coal has the biggest environmental impact among

the fossil energy carriers. Coal with its heavy carbon content per unit of released energy
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leads to higher carbon dioxide emissions increases compared to other fossil fuels. In ad-

dition, traditional combustion of coal produces gaseous and solid criteria pollutants (e.g.,

nitrogen- and sulfur-oxides, particulate matter). This raises concerns regarding air pollution

and greenhouse gas emissions.

In 2012, carbon dioxide emissions worldwide reached a value of 31.7 Gt
year

which repre-

sents an increase of 1.2 % compared to the previous year. The electricity generation and

heating sectors account for 42 % of the carbon dioxide emissions, by far the largest carbon

dioxide emitting sectors [1]. The World Energy Outlook 2011 warns that, under current

development, carbon dioxide emissions will increase to 43 Gt
year

by 2035 [2]. This development

is due to the increasing demand for energy and its strong reliance on fossil energy carriers,

predominantly coal. In 2012, coal was responsible for 44 % of the worldwide carbon dioxide

emissions from fossil fuels, primarily in electricity generation whereby coal accounted for

29 % of the total electricity generated [1]. As a result, the development of technologies for

reducing emissions associated with fossil fuel based power plants is required.

In 2012, coal accounted for 29 % of the total electricity generation [1]. The reasons

for utilizing coal in electricity generation are versatile. Coal is one of the most abundant

energy sources. Worldwide coal reserves surpass oil and gas reserves and will last a very

long time into the future. Its low cost, easy accessibility and uncomplicated handling for

shipping make it an attractive fuel for use around the globe. The distribution of coal is more

geographically even than other fossil fuels and it can be found in many countries, which

reduces the dependence on oil and their supplier countries. With respect to grid stability

and energy supply reliability, coal based energy technologies as used in power plants are

extremely reliable and adjustable in electricity generation in contrast to many renewable

technologies like solar or wind power.

In order to overcome emission and pollution problems associated with coal combustion,

two different approaches for future generation power plants have attracted great interest in

the research community; which include integrated gasification combined cycles (IGCC) and
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blending coal with biomass. IGCCs enable highly efficient pre-combustion CO2 cleanup,

whereas biomass co-gasification reduces the environmental impact.

Integrated gasification combined cycles have shown to be an important development

on the way to clean power generation from coal and biomass, combining the advantages of

coal and/or biomass usage with low air pollution, low carbon dioxide emission, and high

efficiency (for details see section 2.2). Instead of combusting coal directly and operating a

Rankine-cycle based on the created temperature difference between the hot flue gas and a

working fluid, commonly water, IGCC power plants operate on a Brayton-cycle with a bot-

toming Rankine-Cycle. The integrated gasification process converts solid coal into a mixture

of methane, carbon monoxide, carbon dioxide, hydrogen, water and many more components

in smaller concentrations; also known as synthesis gas or syngas. The syngas is fed into a gas

turbine (Brayton-cycle) where it is mixed with air and transformed to high-temperature gas

through combustion under high pressure. The high-temperature, high-pressure gas from the

gas turbine is then expanded through a turbine that, in turn, powers an electric generator

and compressor. The hot exhaust gas is used to generate high-pressure steam for the bot-

toming Rankine-cycle. This way, higher efficiencies can be reached compared to conventional

coal power plants because of the thermal coupling between the combustion process in the

gas turbine (where heat is available for conversion to work at a much higher temperature)

and the Rankine-Cycle utilizing the waste heat to drive a steam generator. One of the lead-

ing advantages of IGCC plants is pre-combustion cleanup which removes components like

sulfur and mercury. In addition, carbon dioxide can be removed from the feed stream prior

to combustion. In the high-pressure syngas, these components are present in much higher

concentrations than after combustion when the exhaust stream is diluted with nitrogen and

excess oxygen from the air. As a result, much higher sulfur, mercury and carbon dioxide

removal efficiencies can be achieved at lower cost.

Strict emission limits are already implemented for many trace components like sulfur

and mercury, as well as for carbon monoxide and nitrogen oxides. The U.S. Environmental
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Protection Agency has not yet established regulations for carbon dioxide emissions. However,

different strategies such as a carbon tax and cap-and-trade are currently discussed and imple-

mented in order to reduce carbon dioxide emissions. Thus, highly efficient options for carbon

dioxide removal are needed to ensure economical plant operation. Currently one of the most

widely used and most advanced technologies is the SelexolTM process. The SelexolTM pro-

cess was originally developed for desulfurization but has been extensively studied and tested

for carbon dioxide removal and represents the state-of-the-art technology when it comes to

carbon dioxide removal (for details see section 2.2). However, the SelexolTM process is based

on physical absorption and requires low temperatures in order to achieve reasonable carbon

dioxide separation. As indicated before, the carbon dioxide removal unit is ideally placed

between the gasifier and the gas turbine to take advantage of the higher partial pressure of

CO2 and lower stream flow rate. Both the gasifier and gas turbine operate at high temper-

atures while cooling the syngas after the gasifier and reheating it after the carbon dioxide

removal process introduces a significant efficiency loss due to heat exchange and losses to

the environment. Considering the large quantities of fuel being consumed in central power

plants, even small efficiency gains can have a large impact on the economics and emissions.

Identifying new technologies that can remove carbon dioxide at elevated temperatures and

integrating them into the power plant has become a significant field of research interest. An

increased efficiency in an IGCC plant not only reduces the operating costs, but also has an

enormous impact on the overall plant cost. IGCC plants are still very expensive compared to

existing commercial power plant technology and cost is the main reason why only a handful

full-scale IGCC plants are in operation today.

Syngas is a versatile intermediate product. Besides electricity production, IGCC power

plants have the capability of co-producing fuels and/or chemicals like gasoline, hydrogen and

methanol from syngas. This could allow more flexibility in the plant operation as well as

improve the economics of the cost of electricity and by-product costs as both scale with plant

size.
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A further aspect challenging future generation power plants is the limitation of water

resources. As the global climate changes and the world population continues to grow, water

will become less available and more expensive. Integrated gasification combined cycles offer

clean and highly efficient electricity generation with significantly lower water consumption

since the majority of the power is generated by gas turbines and thus, less cooling is required.

1.2 Goal and Objectives

In IGCC power plants, the challenge is to increase efficiency while reducing capital

costs. In this study, a conventional SelexolTM carbon dioxide removal unit is compared to a

novel, newly developed warm gas carbon dioxide removal technology based upon mesoporous

carbon modified with surface functional groups, a warm gas cleanup technology that utilizes

the principle of selective carbon dioxide adsorption onto a surface without forming covalent

bonds. After the surface sites are occupied with CO2, the bed undergoes a recovery step and

is reused. In this work, the synergistic effects between this new warm gas cleanup technology

and transport integrated gasification (TRIGTM) in an IGCC are investigated. The focus of

this study is the influence of warm gas cleanup upon the plant performance and economics.

Further investigations of the water gas shift reaction upon carbon capture are conducted to

evaluate performance and economic benefits. Pathways to achieve the goal of the U.S. De-

partment of Energy (DoE) of 90 % carbon capture [3] are delineated and analyzed. The goal

of this research is to lower the environmental impact of electric power generation associated

with IGCC power plants through the utilization of a novel, carbon-capture technology.

Successful achievement of this research goal requires a systematic approach. To achieve

the research goal, the following six objectives are prescribed.
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Objective 1: Establish a Design Basis and Calibration of Key Mod-

els

Objective 2: Develop a Dual-Stage SelexolTM Scenario

Dioxide Removal Technology

Objective 3: Develop a PSA Warm Gas Cleanup Scenario

Objective 4: Study the Influences of the Water Gas Shift Reaction upon

Carbon Capture

Objective 5: Evaluate Methods to reach the DoE Target of 90 % Car-

bon Capture

Objective 6: Techno-Economic Analysis

1.3 Thesis Outline

The first part of this thesis provides an introduction to the topic and gives an overview

of technologies employed in integrated gasification combined cycle power plants. The current

IGCC development status is analyzed and an assessment of commercially operated IGCC

plants is carried out. Furthermore, a literature review of integrated gasification combined

cycle power plants employing transport integrated gasification reactors was conducted and

a summary of research results from literature on the integration of warm gas cleanup tech-

nologies into integrated gasification combined cycle power plants is presented.

The second part focuses on the approach and the above-mentioned objectives which

will be restated as tasks with explanations of the work scope. The ensuing section states

the design basis, introduces modeling approaches for the IGCC process units and describes

the methodology for the techno-economic analysis. In the general process section, common

process areas are introduced; case-specific process areas are described in the case description.
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The first simulation is a state-of-the-art SelexolTM CO2-removal IGCC which functions as

reference case. The kinetic model for the shift rector analysis is introduced in the specific

section which is followed by the optimization of the shift reactor section of the IGCC plant.

After the optimization scenarios, 3 Pathway scenarios for 90 % carbon capture are shown

and discussed. The second last section provides a techno-economical evaluation of all studied

cases. At the end a final conclusion is presented and recommendations for further research

are provided.
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Chapter 2

Background

This chapter provides an overview of IGCC technology and its major components. In

the second part, a literature review is presented summarizing the IGCC development sta-

tus, the progress in TRIGTM-IGCC power plants and warm gas cleanup technology for the

removal of carbon dioxide.

2.1 IGCC Technology Background

The first subdivision of this section will provide the reader with the basic concept of

an IGCC power plant. Thereafter, the following section will provide further insights of key

components of an IGCC power plant.
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2.1.1 Thermodynamic Cycle

In order to understand the differences between an IGCC power plant and a conventional

pulverized coal (PC) fired power plant, some background on PC plants is discussed first.

Conventional pulverized coal power plants operate on a Rankine-cycle. The working

fluid, water, is pressurized employing pumps and heated in a boiler. The boiler is operated

on coal and air and provides the heat-input for the generation of superheated steam. The

hot steam is then expanded in a steam turbine which is connected to an electric generator

to generate electricity. After the expansion process, the low-pressure steam is condensed in

a heat exchanger and returned to the pump closing the cycle. Central power stations often

include a reheat or even double reheat step to increase the efficiency of the plant. In this

scenario the steam leaving the high pressure turbine is reheated before it is injected into the

medium pressure steam turbine. However, details of reheat cycles will not be discussed here.

A simple, ideal Rankine-cycle consists of four steps:

• 1) isentropic pressurization

• 2) isobaric heat addition

• 3) isentropic expansion

• 4) isobaric heat rejection

Many different variations and modifications of this simple cycle have been developed

and realized. However, most of them can be divided into three major categories; subcritical

PC plants, supercritical PC plants and ultra-supercritical PC plants. The most substantial

differences are operating temperatures and pressures. Subcritical units typically operate at

pressures below 22.1 MPa and main steam temperatures below 565 ◦C, supercritical plants

operate in the range of 22.1− 25 MPa and a main steam temperature of 540− 580 ◦C. Ultra-

supercritical power plants are exceeding pressures of 25 MPa and main steam temperature
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of 580 ◦C [4]. Figure 2.1 shows the three simple cycles of the above-mentioned categories in

a Temperature-Entropy-Diagram.
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Figure 2.1: Illustration of the operating regimes of the three major categories of simple, ideal
Rankine-cycles.

All of these ideal cycles operate upon the sequence of isentropic pressurization (1),

isobaric heat addition (2), isentropic expansion (3) and isobaric heat rejection (4). The

subcritical cycle is described by the states A-B-C-D and involves a constant tempera-

ture heat addition in the 2-phase regime. The supercritical plants (A-B’-C’-D and A-B”-

C”-D) operate at super critical pressures and the pressurized water does not undergo a

phase change. The higher turbine inlet temperature and higher turbine inlet pressure in-

crease the efficiency of supercritical and ultra-supercritical plants. Furthermore, operating

a plant at supercritical pressures reduces entropy losses associated with the heat trans-

fer in the boiler which also benefits the plant efficiency. Efficiencies for subcritical boiler

plants range from 33− 39 %− HHV. Supercritical boiler plants typically reach efficien-
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cies between 38− 42 %− HHV and ultra-supercritical boiler plants operate in the range of

42− 46 %− HHV [4].

An illustration of a simple pulverized coal power plant is depicted in Figure 2.2.

Figure 2.2: Design of a typical pulverized coal power plant.

In the coal supply chain, the delivered coal is first crushed, dried and milled before it can

be fed into the boiler. The particle size of the milled coal is typically around 75 µm. Fine coal

particles are desired to improve the combustion of the coal particles. The coal is entrained

with primary air and injected into the boiler by a burner where it is mixed with a secondary

air stream. The boiler consists of several burners and reaches operating temperatures of

500− 600 ◦C. Ash is collected at the bottom of the boiler and the combustion products

leave the boiler through the stack with typically post-combustion flue gas clean-up. The

boiler features several different coils such as, an economizer to heat up pressurized water,

evaporator, superheater and reheater. Many different boiler types have been developed over

the last of couple of decades (e.g., grate boilers, fluidized bed boilers, and pulverized coal
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boilers). However, all boiler types fulfill the same purpose of providing high quality heat

at high coal conversion yields for steam generation. The high temperature and pressure

steam leaving the boiler is expanded in the steam turbine which is coupled to the electricity

generator and leaves the turbine as vapor. In order to complete the cycle, the vapor needs

to be condensed. Pumping a liquid to high pressure is more efficient and economical than

compressing as a vapor. The cooling load is typically provided by evaporative cooling in

cooling towers which requires a source of water to make up for the loss of water which has

been evaporated and transported into the atmosphere.

The biggest difference of an IGCC plant compared to a PC plant is that the coal in

an IGCC plant is gasified instead of being combusted as a solid. The gasification process

produces a combustible gas (syngas) which can be utilized in a gas turbine to generate

electricity. Additionally, the exhaust of the gas turbine is sufficiently hot to raise high

temperature steam and operate a bottoming Rankine-cycle like in a conventional PC-plant.

Thus, an IGCC plant operates on a Brayton-cycle followed by a Rankine-cycle. The steps

for the ideal cycles are as follows;

• 1) isentropic compression of the gas (air) in the turbine

• 2) isobaric heat addition in the turbine combustor

• 3) isentropic expansion in the turbine expander

• 4) isobaric heat rejection of the turbine exhaust

• 5) isentropic pressurization of the liquid water

• 6) isobaric heat addition through turbine exhaust

• 7) isentropic expansion in the steam turbine

• 8) isobaric heat rejection in the condenser
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The working fluid for the Brayton-cycle is primarily air, whereas, the working fluid for

the bottoming Rankine-cycle is water. In the Brayton-cycle air is compressed to a pressure

that optimizes the combined cycle efficiency and fuel is supplied at this pressure from the

gasifier. Thus, the gasifier operating pressure typically must be higher than the gas turbine

combustion pressure in order to avoid the need for hot syngas compression. In addition, gas

cleanup and/or cooling of the syngas can be accomplished at this high pressure as required

by the cycle. The heat addition step in the gas turbine is an internal combustion process

and ideally occurs at constant pressure. The depleted high-pressure product stream is then

expanded in a turbine which is coupled to an electricity generator. In order to obtain a

closed cycle, the gas has to be cooled to the initial compressor inlet temperature. However,

since the Brayton-cycle contains an internal combustion process which consumes the oxygen

in the air, the exhaust gas cannot be reused inside the cycle. This is why the Brayton-cycle

is operated as an open cycle (continuously requiring fresh air). Nevertheless, cooling down

the Brayton-cycle turbine exhaust to a certain degree in order to raise high pressure steam

for a bottoming cycle is desirable as it improves the overall plant efficiency significantly. The

bottoming Rankine-cycle operates as described above with the difference that the heat input

is now provided by the gas turbine combustion and not a boiler. As a result of this, the

maximum operating temperature of the Rankine-cycle or turbine inlet temperature of the

Rankine-cycle is determined by the exhaust gas outlet temperature of the gas turbine. A

schematic of the cycle arrangement in an IGCC power plant without steam reheat is shown

in Figure 2.3.

As shown in Figure 2.3, the Brayton-cycle is not closed. Air is compressed isentrop-

ically from state A to state B, followed by the isobaric internal combustion process (B to

C) and the isentropic expansion (C to D). The “cycle” ends at point E after most of the

heat in the exhaust stream is transferred to the Rankine-cycle via heat exchangers. Thus,

point D always has to be above point H and point E above point G to enable heat transfer

with an acceptable temperature difference. Since the Brayton-cycle operates on air, it is not

13



2-Phase RegimeLiquid Gas

Critical Point

Enthalpy

Rankine-Cycle

Brayton-Cycle

T
em

p
er
at
u
re

1

2

3

4

5

6

7

8A

E

B

F

G

H

I

C

D

Figure 2.3: Illustration of the Brayton-cycle and Rankine-cycle integration strategy in an
IGCC power plant.

affected by the vapor dome of water that is shown in the figure. The combination of two

cycles allows IGCC power plants to reach efficiencies of greater 42 %− HHV [5] and, with

further improvements (e.g., with warm gas sulfur removal technologies), efficiencies in the

60 %− HHV-range may be possible (without carbon capture and high temperature cleanup)

[6].

A schematic of a simplified integrated gasification combined cycle power plant is de-

picted in Figure 2.4.

As it can be inferred from Figure 2.4 the IGCC plant design is more complex than the

PC-plant design because of the conversion of coal to clean syngas and its two-cycle combi-

nation. The coal preparation in the IGCC plant is similar to the conventional boiler power

plant. However, the coal preparation highly depends on the type of gasifier employed in the

plant and can vary from slurry fed (E-GasTM gasifier) to dry coal fed (Shell gasifier). In

addition, an air separation unit (ASU) is required to provide oxygen for the oxygen-blown
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Figure 2.4: Design of a typical integrated gasification combined cycle power plant.

gasification process. Gasification takes place at high temperatures and requires a heat input

which is provided by partial conversion of coal with oxygen. Pure oxygen has shown to be

more efficient than air even though the ASU adds a large parasitic load to the plant balance.

However, these losses are compensated through the higher efficiency of the gasifier and the

gas cleanup processes when using pure oxygen (air contains 78 % nitrogen which dilutes the

syngas in an air blown gasifier). Inside the gasifier the coal is being converted to syngas, con-

taining mainly methane, carbon monoxide, carbon dioxide, hydrogen and water. Optional

gas cleanup (e.g., removal of mercury, sulfur and/or carbon dioxide) is conducted before the

combustion process since the compounds are present in much higher concentrations before

being mixed with an oxidant and combusted, which makes the cleanup more efficient and

reduces cost. After various cleanup steps, the syngas enters the combined power cycle which

is described in Figure 2.3. Air is compressed in the gas turbine compressor, combusted with

the syngas in the turbine combustor and expanded in the turbine expander. Waste heat from

the turbine exhaust is recovered in a heat recovery steam generator (HRSG) unit which pro-
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duces high pressure, high temperature steam for the bottoming Rankine-cycle. After the

exhaust passed through the HRSG, the gas is released into the atmosphere. The operation

of the Rankine-cycle follows the above description.

The advantages of the IGCC technology are high efficiency and low emissions. The

integration of gasification allows the implementation of a high-pressure gas combustion pro-

cess that can drive a gas expander while providing enough heat to operate a conventional

steam cycle. This combination of a Brayton-cycle with a Rankine-cycle can reach very high

efficiencies exceeding the limits of conventional PC-power plants. Furthermore, IGCC power

plants can achieve significantly lower criteria pollutant emissions due to their suitability of

pre-combustion gas cleanup. Before combustion, compounds containing heavy metals, sulfur

and carbon dioxide are present in much higher concentration, which enables higher removal

rates and lower emissions. However, current technologies mostly rely on absorption and/or

adsorption processes that have to be operated at low temperatures. This results in a large

thermodynamic penalty. In order to approach efficiencies of 60 %− HHV, new warm gas

cleanup technologies have to be developed. Other advantages of the IGCC technology in-

clude its flexibility. An IGCC plant can be designed to co-produce chemicals like methanol,

fuels or other chemicals because of syngas as an intermediate product. When fired with

biomass, it can support the achievement of environmental targets and can produce renew-

able fuels. Further positive environmental impacts include its low water usage. In an IGCC

power plant, most of the power is generated by the gas turbines which do not require any

cooling water and only a small portion of power is generated by the Rankine-cycle. The

disadvantages of IGCC power plants are their complexity which creates challenges regarding

their controls and the high capital cost due to the additional equipment.
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2.1.2 Key Components

The following section provides a more detailed description of major components found

in IGCC power plants and explains their working principles.

Gasifier

The term gasification describes the conversion of solid carbonaceous feedstocks to a

gaseous product stream with a net heating value. This is contrary to combustion where all

the chemical energy of the fuel is released resulting in a product stream with a net heating

value of zero.

Gasification has been around for a long time especially since larger scale gas production

gained attraction at the end of the eighteenth century, promoted by the start of the industrial

revolution. In 1812, with the foundation of the London Gas, Light and Coke Company gas

production by pyrolysis became a commercial process and played an important role in the

early stages of industrial development. The produced gas, called town gas, was comprised of

mainly hydrogen and carbon monoxide and was used for illumination and heating purposes.

Later in the 1920s, synthesis gas was produced by partial oxidation of coal and in combina-

tion with the water-gas-shift reaction the synthesis gas could be tuned, which made it useful

for chemical applications like methanol and ammonia synthesis. Only 30 years later, in the

1950s, natural gas displaced the coal gasification technology and steam reforming became

the predominant technology for syngas production. Only little development work on coal

gasification technologies has been conducted since. During the oil crisis in the 1970s, some

new programs were funded but with the new glut of oil in the 1980s these efforts were extin-

guished. Today, gasification is experiencing a renaissance with the emerging of the electricity

market and the need for clean electricity generation from coal.

To understand coal gasification processes occurring in a gasifier, it is beneficial to
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comprehend coal formation, classification and the resulting properties. Coal is formed over

millions of years under high pressure and temperature from plant-based organic matter.

Based on the development stage or age of the coal, it can be classified in accordance with

its carbon content. The older the coal the higher the carbon content, and higher carbon

content ultimately leads to a higher heating value. The evolution of coal starts with biomass

which is first converted to lignite, sub-bituminous and bituminous coal before it eventually

becomes anthracite. A summary of the different coals and their properties on an as-received

basis, meaning without any processing at the plant site such as drying, is given in Table 2.1.

Table 2.1: Proximate Analyses of Coal Classes [7, 8]

wt-% Lignite Sub-Bituminous Bituminous Anthracite

Fixed Carbon 25-35 35-45 45-85 85-98
Volatiles >45 20-45 20-9 <9
Moisture 30-70 10-45 2-16 2-16
Ash 2-30 2-30 2-15 2-10
Lower Heating Value MJ

Kg
26-28 28-32 32-36 36-27

This type of analysis is called proximate analysis. Several different bases for coal anal-

ysis are common: As-received, air-dry (without free moisture), dry (without any moisture),

dry and ash free (daf), and dry and mineral matter free (dmmf). The volatile matter con-

tent is a crucial parameter in the proximate analysis with great significance for gasification

applications. Volatile matter content is an indicator of the relative reactivity of the coal;

the higher the volatile matter content the higher the reactivity, which is beneficial for the

gasification process. Structural analysis of coal on an atomistic level is very complex and

molecular structures differ a lot for different types of coal. However, the influence of the de-

tailed petrographic composition of the organic compounds has no significant influence on the

gasification behavior [7]. Complimentary to the proximate analysis is the ultimate analysis

which provides information about the elemental composition of a coal. Examples of ultimate

analyses for various coal types are shown in Table 2.2.
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Table 2.2: Ultimate Analyses of various Coals [7]

Origin Class C H O N S

Germany, Rhein Lignite 67.5 5 26.5 0.5 0.5
USA, Montana Sub-Bituminous 76.4 5.6 14.9 1.7 1.4
China, Datung Bituminous 84.4 4.4 9.5 0.9 0.8
Germany, Ruhr Anthracite 91.8 3.6 2.5 1.4 0.7

The sulfur content in coal is important as it can form sulfuric acid in the atmosphere if

not removed from the flue gas. Typical sulfur content in coals range from 0.5− 6 wt−% and

may be present in the form of organic sulfur as well as inorganic sulfur compounds [7]. Figure

2.5 illustrates the relationship between the proximate and ultimate analysis. Furthermore,

it shows the origin of volatiles, ash and other coal components in form of an overlapping ring

diagram illustrating the different subcategories and their relations to each other.

The innermost annulus represents the ultimate analysis and shows the elemental com-

position for a general coal. The circle in the middle of the diagram shows the different bases

of analyses indicated by arrows whereby the whole circle represents the as-received basis.

The second annulus from the inside shows the proximate analysis and the outer two annuli

relate the analyses to the total moisture content, mineral matter content and organic sub-

stances content.

Beyond the components listed in the ultimate analysis, many other elements present in

coal are especially important with respect to environmental and health concerns. Chlorides

may be found in coal with chlorine concentrations of up to 2.5 wt−%. These compounds

can form HCl or NH4Cl, which are not just concerning for health and environment but are

also critical for plant operation. Furthermore, small amounts of phosphorous are present

in many coals [7]. Phosphorous is less critical in coal gasification plants but can become

problematic when using biomass feedstocks which can have significantly higher phosphorus

concentrations. Additionally, coal contains traces of heavy metals like mercury and lead

which need to be removed from the exhaust stream before being released into the environ-
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Figure 2.5: Illustration of the general coal composition.

ment.

Of great importance for the operation of a gasifier are the ash-softening and ash-melting

temperatures. Depending upon the design of the gasifier, the ash either needs to remain as

a liquid in the case of an entrained flow gasifier, or not soften (to avoid agglomeration) in

the case of a fluidized bed gasifier. In many cases the ash determines the lower or upper

temperature limit for the operation of a gasifier. Ash is produced from minerals in the coal

and consists of compounds including, SiO2, Al2O3, TiO2, Fe2O3, CaO, MgO and many more.

With respect to the ash melting point, most influential compounds are SiO2, Al2O3, CaO and

FeO. In general, SiO2 and Al2O3 raise the ash meting temperature while CaO and FeO lower
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the melting temperature [7]. Important are the conditions under which the softening and

melting temperatures are determined. Gasifiers typically operate in reducing atmospheres

in which the melting temperatures can differ from oxidizing conditions by more than 100 ◦C.

The gasification process can be divided into three different phases: dehydration, py-

rolysis, and char conversion by oxygen, steam, carbon dioxide or hydrogen. Dehydration

takes place at low temperatures around 100 ◦C. When the coal particle enters the hot gasi-

fier, it starts heating up and moisture is removed. In many cases coal is already pre-dried

to some degree when it enters the gasifier as pre-drying prevents agglomeration during the

coal milling process. In the temperature regime 300− 800 ◦C, pyrolysis starts while the coal

particle is further heating up. The overall pyrolysis process is endothermic where bonds of

the solid carbonaceous material are broken up creating smaller compounds. The process can

be described by the following equation [8].

Coal −→ CH4 + CmHn + CO + CO2 + H2 + H2O + tars + char + ... (2.1)

An alternative description focusing on the major elements and components involved in

pyrolysis is given by Equations 2.2 and 2.3 [8].

C1HxOy −→ (1 - y)C + yCO +
x

2
H2 (2.2)

C1HxOy −→ (1 - y -
x

8
)C + yCO +

x

4
H2 +

x

8
CH4 (2.3)

Despite the complexity of coal, it is reasonable for a first approximation to evaluate

pyrolysis on a thermodynamic basis and only consider the elemental composition of coal (x

and y are not necessarily stoichiometric, e.g. for a bituminous coal with 85 % C, 6 % H2 and

9 % O2, x and y are 0.874 and 0.0794 [8]). The heating rate, temperature, particle size and
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steam partial pressure have an important influence on how devolatilization takes place [7].

If the heating rate is high, the pyrolysis step will overlap with the heterogeneous gasification

reactions. The Heterogeneous gas-solid reaction between the carbon in the coal and the oxi-

dizing feed gas and/or pyrolysis gas are characterized by the Boudouard reaction (Equation

2.4), the water gas reaction (Equation 2.5) and the methanation reaction (Equation 2.6).

C + CO2 −→ 2CO +172
kJ

mol
(2.4)

C + H2O −→ CO + H2 +131
kJ

mol
(2.5)

C + H2 −→ CH4 −75
kJ

mol
(2.6)

These reactions are limited by chamical reactions and transport mechanisms and govern

the overall carbon conversion. Typically, the Boudouard reaction and water gas reaction are

orders of magnitudes faster than the methanation reaction. In this case the methanation

reaction does not need to be considered in equilibrium calculations. CH4 is predominantly

formed by the pyrolysis reactions. In the hydrogasification process, however, this reaction is

the dominant chemical mechanism that forms CH4.

Simultaneously, various gas phase reactions are proceeding. The two most important

gas phase reactions are the water-gas-shift (WGS) reaction (Equation 2.7) and the steam

methane reforming (SMR) reaction (Equation 2.8).

CO + H2O −→ CO2 + H2 −41
kJ

mol
(2.7)

CH4 + H2O −→ CO + 3H2 +206
kJ

mol
(2.8)

The gas phase reactions are fast at typical gasifier operating temperatures compared
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to the heterogeneous gasification reactions. If the heating rate of the particle is slow, the

pyrolysis will start at around 300 ◦C and will be completed before the gas phase reactions,

WGS, SMR, hydrogenation and cracking reactions, reach substantial kinetic rates. This

leads to high volatile concentrations, including higher hydrocarbons, tars and oils, in the

close vicinity of the particle. This will ultimately result in a higher tar and oil content of the

syngas. If the heating rate is high, gasification reactions proceed in parallel with pyrolysis

preventing high concentrations of pyrolysis gas. This explains why entrained-flow reactors

are able to produce very clean syngas compared to counter-flow moving bed reactors [7]. A

schematic drawing of the gasification process of a coal particle is depicted in Figure 2.6.

Figure 2.6: Illustration of the processes occurring during gasification.

Most of the gasification reactions are strongly endothermic and require a heat source.

This energy can be provided externally or by the addition of an oxidant to the gasifier. Most

modern gasifiers operate in an autothermal mode in which the heat required to drive the

endothermic reactions is generated by partial oxidation and/or combustion. Having pure

oxygen as an oxidant in lieu of air is a major advantage. Air contains substantial amounts

of nitrogen which reduces the heating value of the syngas. Furthermore, the equipment size

must be larger, which has an impact on the economics of the process. Introducing oxygen

or air into the gasifier results in the following reactions.
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C +
1

2
O2 −→ CO −111

kJ

mol
(2.9)

CO +
1

2
O2 −→ CO2 −283

kJ

mol
(2.10)

H2 +
1

2
O2 −→ H2O −242

kJ

mol
(2.11)

CH4 +
1

2
O2 −→ CO + 2H2 −36

kJ

mol
(2.12)

CH4 + 2O2 −→ CO2 + 2H2O −890
kJ

mol
(2.13)

Even today, most of the design work for gasification reactors is based on empirically

collected data, due to complicated chemical kinetic effects of pyrolysis and heterogeneous

char reactions. Before a gasification process can reach commercial scale, years of capital-

intensive research are needed, collecting data from bench scale to pilot plant scale reactors

with iterative re-engineering of the reactors. As mentioned by Higman and van Burgt mod-

ern gasification processes conserve 75− 88 % of the feedstock’s original heating value in the

syngas [7]. Most of the commercially available gasification processes can be classified into

three major categories based upon their design and the transport of solid material in the

process; moving bed gasifiers, fluidized bed gasifiers and entrained flow gasifiers.

Moving Bed Gasifier. In moving bed reactors, coal is continuously fed into the reactor

from the top and moves slowly downwards as the particles are gasified. At the bottom of

the reactor, only ash is left and removed from the gasifier. The oxidant can be introduced

in co-, counter- or cross-flow, however, typically counter-flow is used as it offers advantages

with respect to heat transfer. The bed can be divided into three zones: the combustion zone,

the gasification zone, and the drying zone. For a counter-flow arrangement, the combustion

zone is at the bottom of the gasifier where the char reacts with the oxidant to provide heat
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for the gasification. This heat is carried with the depleted oxidant stream and promotes the

gasification reactions in the second zone. Since the gasification reactions are endothermic,

the temperature of the gas stream reduces as it travels further through the bed of coal. In the

upper zone, moisture is removed from the coal and leads to a further reduction of the syngas’

temperature. The problem with this type of gasifier is the high tar and oil content produced

during pyrolysis. Due to the slow heating rate and counter-flow operation, the pyrolysis gas

is not converted by the homogeneous gas phase reactions and leaves the reactor unchanged.

Advantages of using moving bed gasifiers are the long residence times of the coal, which

lead to high carbon conversion rates at low oxygen consumption rates. Upper operating

limit for moving bed gasifiers is the slagging temperature. If the gasifier is operated above

this temperature, ash clinkering will occur. Excessive clinkering will ultimately impair the

gasifier operation. A schematic of a moving bed gasifier with its typical temperature profile

is shown in Figure 2.7.

Figure 2.7: Operation mode of a moving bed gasifier with its corresponding temperature
profile.
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Moving bed gasifiers have been developed by Lurgi and BGL and are commercially

available. Further information on this gasification technology and commercially available

reactors can be found in [7].

Fluidized Bed Gasifier. The fluidized bed gasifier operates above the bed’s fluidization

point, either in a stationary mode or a circulating mode. The fluidization of the bed pro-

motes heat and mass transfer and leads to almost constant temperatures and concentrations

throughout the entire bed. In order to prevent agglomeration of the particles in the bed,

the reactor temperature has to be maintained below the ash deformation temperature. Due

to the higher gas velocities compared to a moving bed reactor, smaller particles are carried

out of the reactor before they can react completely. Furthermore, the more intense mixing

of the bed leads to char removal together with ash. All these effects, low operating tem-

perature, gas flow entrained coal particles and coal removal with ash, contribute to a lower

carbon conversion of fluidized bed reactors which are typically between 95− 97 % [8]. This

effect can be countered by cyclone separators and particle recycling. A further disadvan-

tage of fluidized bed gasifiers is the limited turndown rate. Relatively high gas velocities

are needed to fluidize the bed. The syngas produced in fluidized bed gasifiers contains only

small amounts of condensable by-products and is particularly suited for low rank coals and

biomass with high ash content. A schematic of a stationary fluidized bed gasifier with its

typical temperature profile is shown in Figure 2.8.

Circulating fluidized bed gasifiers operate at higher gas velocities and entrain the bed,

which leads to even more intensive mixing. Larger particles that have been entrained by

the gas are separated by a cyclone and recirculated. Overall this leads to higher carbon

conversion rates compared to stationary fluidized bed reactors.

Commercially available fluidized bed gasifiers are offered as dry ash - Winkler, HTW and
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Figure 2.8: Operation mode of a stationary fluidized bed gasifier with its corresponding
temperature profile.

CFB - and agglomerating - KRW and U-Gas - gasifiers. Details about the operation of these

gasifiers can be found in [7].

Entrained Flow Gasifier. Entrained flow gasifiers are operated in a co-current flow with

the coal entrained in the gas. As a result of this, the residence time of the coal particles is

very short. In order to achieve high carbon conversion rates, typically >99 %, entrained flow

gasifiers operate at very high temperatures and require a very fine ground coal feed, smaller

100 µm. The advantage of operating at temperatures greater 1400 ◦C is the very pure syngas

which is free of tars and oils and low in methane content. For the operability of the gasifier at

high temperatures it needs to operate above the ash slagging range. The liquid ash will stick

to the reactor wall and run off. At the bottom of the reactor the ash is quenched and removed

from the gasifier. In order to obtain these high operating temperatures large quantities

of oxidant are needed. Because of its high temperatures, entrained flow gasifiers can be
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operated on essentially any feedstock. However, high moisture or ash content feedstocks will

further increase the oxidant demand which will eventually become critical with respect to

the economical operation of the gasifier. A schematic of an entrained flow gasifier is shown

in Figure 2.9.

Figure 2.9: Operation mode of an entrained flow gasifier with its corresponding temperature
profile.

Most of the currently employed gasifiers are entrained flow gasifiers, like the Shell

gasifier, GE gasifier or E-GasTM gasifier. More information with respect to entrained flow

gasifiers is available in [7].

A summary of the above-mentioned gasification processes is provided in Table 2.3. In

general, low temperature gasifiers have a lower oxidant demand as less energy is required

to heat up the feed. These gasifiers typically operate below the ash melting point and

can be operated in moving bed or fluidized bed processes. In bed processes less feedstock

preparation is needed; however, longer residence times and lower coal conversion should be

expected. Higher operating temperatures lead to higher coal conversion and cleaner syngas.
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Table 2.3: Summary of Gasification Technologies

Category Moving Bed Fluidized Bed Entrained Flow

Ash Condition Dry Ash Slagging Dry Ash Agglomerating Slagging
Process Lurgi BGL Winkler, HTW KRW, U-Gas Shell, GE

CFB E-GasTM

Feed Characteristics
Size 6− 50 mm 6− 50 mm 6− 10 mm 6− 10 mm <100 µm

Coal Rank any high low any any
Operating Characteristics

Reactor Temperature 800− 1200 ◦C 800− 1200 ◦C 900− 1050 ◦C 900− 1050 ◦C >1400 ◦C
Outlet Gas Temperature 425− 650 ◦C 425− 650 ◦C 900− 1050 ◦C 900− 1050 ◦C 1250− 1600 ◦C

Residence Time 10− 30 min 10− 30 min 1− 10 min 1− 10 min <1 s
Oxidant Demand low low moderate moderate high

Steam Demand high low moderate moderate low
Cold Gas Efficiency very high very high high high low
Carbon Conversion high high low low very high

Syngas contains contains some some pure gas
hydrocarbons hydrocarbons hydrocarbons hydrocarbons

Adapted from [7, 8]

Air Separation Unit

The invention of the cryogenic air separation unit (ASU) by Carl von Linde in the

1920s was a major contribution for the development of advanced gasification technologies

and many important gasification technologies have been commercialized in the following

years. The advantage of using pure oxygen as oxidant over air is when the syngas is used for

chemical applications where the nitrogen affects the downstream synthesis negatively. In the

case of electricity generation from syngas, the pros and cons for using pure oxygen are not

as evident. Using pure oxygen in IGCC applications has various impacts on equipment and

chemistry. First, the downstream equipment size is reduced, which is beneficial with respect

to the capital cost. Furthermore, it leads to a syngas with a higher heating value. As a result,

oxygen blown gasifiers are favored in large scale applications with gasifiers that operate at

high temperatures and have a high oxidant demand. In these applications nitrogen acts as

ballast which degrades the chemical energy. Comparing the cold gas efficiencies of a pure
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oxygen-blown to an air-blown gasifier, a decrease from 82 % to 61 % is observed [7]. In cases

where carbon capture is desired, oxygen blown gasifiers are of particular advantage due to

higher concentrations of carbon dioxide in the syngas which makes it easier to remove the

carbon dioxide. An oxygen purity of 95 % has demonstrated to have the best economical

value in IGCC applications. Higher purities of oxygen require an over proportional increase

of distillation stages [9]. Air-blown operation of gasifiers becomes more attractive when

considering low temperature gasification processes and small-scale applications.

Figure 2.10 shows a simplified flow sheet of a cryogenic air separation plant. Ambient

air is compressed to about 6 bar and stepwise cooled against the rectification products,

oxygen and nitrogen. After the first cooling stage, components, such as carbon dioxide and

water, are removed from the air stream as they become solid at cryogenic temperatures. The

clean air is further cooled in second heat exchanger with additional cooling provided by a

nitrogen extraction stream from the high-pressure column which is expanded in a turbine.

Using a turbine has three advantages over a throttling process: more cooling power due to the

additional energy extraction in the form of work, the turbine can be coupled to a generator

to generate electricity and increase the overall process efficiency. After the compressed air is

partially liquefied in a third heat exchanger, the gas liquid mixture enters the high-pressure

column. The column overhead produces pure nitrogen and the bottom product, a mixture of

nitrogen and oxygen, is throttled and fed into a second low pressure column. The bottoms

product of the second column acts as a condenser for the first column and the overhead

of the first column acts as a re-boiler for the second column. Theoretically, the separation

of nitrogen and oxygen is possible in one column but heat rejection at 79 K is not easily

achieved. The two-pressure design allows the thermal coupling between the column and no

condensers or re-boilers are needed.

The compression power required by an air separation unit is usually high and accounts

for about 5− 10 % of the net power of an IGCC [9]. Capital cost of the air separation

unit ranges between 10− 15 % of the total IGCC plant cost [7]. A way to reduce the power
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Figure 2.10: General flow sheet of an air separation unit [10].

consumption in an IGCC application is to integrate the gas turbine into the ASU and provide

high pressure nitrogen to the gas turbine. The ASU is then operated at elevated pressures

set by the gas turbine and less cooling is required (main reason for higher efficiency). The

oxygen and nitrogen leaving the ASU (higher pressures compared to the conventional design)

are then further compressed to the gasifier operating pressure in case of IGCC applications.

Gas Cleanup

The raw syngas composition leaving the gasifier can vary significantly depending on

the gasification technology and the feedstock. As mentioned in the previous Section 2.1.2,

moving bed gasifiers tend to produce syngas with higher hydrocarbon, oil and tar concentra-
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tions than fluidized bed gasifiers or entrained flow gasifiers. However, syngas from moving

bed gasifiers carries less particulates in the gas stream. Syngas trace components such as

sulfur compounds and others depending on the gasified feedstock and to a lesser degree on

the gasifier type. Different coals contain different amounts of trace components as it can be

inferred from the ultimate analysis shown in Table 2.2. This has direct implications for the

amount of trace components found in the syngas. Goal of the syngas treatment is to reduce

concentrations of particular compounds down to levels that constitute no operational issues

for the plant equipment, and danger to the environment and human health.

Gas cleanup technologies can be divided into state of the art cold gas cleanup systems

and warm gas cleanup systems which are still under development. Warm gas cleanup sys-

tems are expected to boost the efficiency of IGCC power plants by several percent points.

If the syngas is cleaned at higher temperatures, losses attributed to cooling, reheating and

water vapor condensation can be reduced or completely avoided.

Gas Contaminants. Some of the most prominent gas impurities and related chemistry

are discussed below. This list is not complete but provides an overview of the major chal-

lenges associated with certain compounds. The herein discussed compounds are typical for

syngas produced from coal. By switching to a different feedstock like natural gas, biogas or

biomass, the gas cleanup process needs to be reevaluated based upon the trace components

(contaminants) present in the feedstock.

Sulfur Compounds. Sulfur is a poison for many catalysts used in chemical process-

ing (e.g., water-gas-shift reaction promoting catalysts). If combusted in a gas turbine, these

sulfur compounds are oxidized to sulfur dioxide which is the source for acid rain if emit-

ted into the atmosphere. In high temperature gasification, 90 % of the sulfur components
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leave the gasifier as hydrogen sulfide. The remaining sulfur is bound in carbonyl sulfide.

Trace amounts of sulfur oxides and carbon disulfide are only present at low temperature

gasification processes [8]. In order to remove more than 99 % of the sulfur from the syngas,

carbonyl sulfide has to be converted to hydrogen sulfide in a hydrolysis reactor as it is not

easily removed by most state-of-the-art acid gas removal systems like SelexolTM.

Nitrogen Compounds. Two possible sources for raw syngas nitrogen, organic ni-

trogen bound in the fuel and molecular nitrogen, enter the gasifier as air or as transport

medium for coal. During the gasification process small amounts of hydrogen cyanide and

ammonia are formed which originates mostly from the organic nitrogen in the fuel. Nitrogen

oxides are essentially not present due to the reducing environment in the gasifier. How-

ever, if combusted, both compounds (hydrogen cyanide and ammonia) form nitrogen oxides.

Nitrogen oxides are toxic and a contributor to degraded air quality and climate change. Fur-

thermore, the hydrogen cyanide in the raw syngas is known to degrade amines used in some

sulfur removal processes. Thus, it is important to remove nitrogen compounds from the syn-

gas before the sulfur is removed. A useful property of hydrogen cyanide and ammonia with

respect to their removal is their high solubility in water. Syngas scrubbers and/or cooling

the syngas below its dew point are an efficient and cost-effective way to remove nitrogen

compounds from the syngas.

Chlorine Compounds. Chlorine compounds are mainly HCl and NH4Cl which are

formed from chlorine released from the fuel. HCl can react with metals, such as reactor walls,

heat exchangers and piping. The resulting metal salts will start depositing in the syngas

cooling section of the plant and pose a severe fouling risk. Similar consequences result from

NH4Cl which is a salt that solidifies at around 280 ◦C. Beyond fouling problems, chlorine
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compounds constitute a poison for catalysts as used in low temperature shift reactors and

thus, have to be removed before. Syngas scrubbers are an efficient and cost-effective way to

remove these compounds from the syngas.

Particulate Matter. Particulate matter is not only a problem for human health but

also for equipment downstream of the gasifier. Hot ash and carbon particles can stick to

heat exchanger surfaces and cause problems with fouling. A syngas quench or cooler needs

to ensure that the particles are solidified before removal to prevent fouling. Solid particles,

however, can lead to abrasion in piping and other equipment wherefore they have to be

removed at the very beginning of the syngas cleaning process.

Heavy Metals. Heavy metals like mercury, lead or arsenic are mostly encountered

in coal feedstocks. Heavy metals have a significant deactivating effect on precious metal

catalysts but more importantly, present a high risk for human health. Furthermore, metals

present in coal can form metal carbonyls, such as Ni(CO)4 and Fe(CO)5 which are extremely

dangerous for any form of living organisms.

Cold Gas Cleanup. A general process flow diagram for state-of-the-art syngas cleanup

consists of several steps. Before any chemical cleaning can be conducted particulates have

to be removed from the syngas. This process is followed by a wet scrubbing process for

the removal of chlorine compounds. After the scrubbing process the carbonyl sulfide is con-

verted to hydrogen sulfide in a hydrolysis reactor. The gas is then further cooled, hydrogen

cyanide and ammonia are removed with the low temperature condensate and heavy metals

are adsorbed in an activated carbon bed. Now the syngas can undergo desulfurization in an

acid gas removal unit (AGR). AGR units are also able to capture carbon dioxide; however,
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this has not yet been commercially realized in IGCC plants. In case of carbon capture, the

hydrolysis reactor is replaced by a water-gas-shift (WGS) reactor. This way carbonyl sulfide

can be hydrolyzed while CO is shifted to CO2 which can be removed later in the acid gas

removal unit.

Depending on the gasification technology, the raw syngas leaving the gasifier can have

temperatures up to 1600 ◦C. Critical for such high syngas temperatures are the particu-

lates that are entrained in the gas. In the temperature range between 900− 1600 ◦C, ash

is present as a liquid and carries the potential of slag buildup in equipment. Thus, it is

important to cool the hot syngas to temperatures below 900 ◦C as soon as the gas leaves the

gasifier. Options for high temperature cooling are: radiant cooling (heat is transferred to

water cooled walls by radiation), water quenching (injection of liquid water into the hot gas,

or passing the hot gas through a pool of water), gas quench (injection/recycle of cooled syn-

gas) and chemical quenching (syngas is cooled while the thermal energy is used to produce

other valuable products). Further cooling to about 300 ◦C is achieved by convective heat

exchangers while raising steam. At temperatures below 900 ◦C, the ash is solid and above

300 ◦C NH4Cl is still in vapor form. This temperature range is typically used to remove

ash and other particulates. Cyclones and filters or any combination of those are typically

used in a temperature range between 500− 300 ◦C. Alkali compounds are solidified below

500 ◦C and, as mentioned before, NH4Cl is still in vapor form at above 300 ◦C. In order to

cool down the syngas below 300 ◦C NH4Cl has to be removed. A common practice is the

installation of a wet scrubbing process using water. If the temperature is sufficiently low,

this simultaneously removes water soluble components such as NH3, HCN, HCl and HF as

well as remaining particulates which act as condensation nuclei during the cooling process.

If no carbon capture is desired, the next cleaning step involves the hydrolysis of COS to H2S

over activated alumina or titanium oxide catalyst (≈ 200 ◦C). This step is only needed when

an amine or SelexolTM process is chosen for sulfur removal. The Rectisol R© process on the

other hand also absorbs COS. If carbon capture is desired, a WGS reactor is required to shift
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CO to CO2. This is usually carried out in a high temperature WGS reactor for bulk shifting,

which is favorable due to kinetics, in combination with a low temperature shift rector which

thermodynamically favors the formation of CO2. High temperature WGS reactors oper-

ate between 300− 500 ◦C versus low temperature shift reactors which are operated around

200 ◦C. The WGS catalyst also promotes the COS hydrolysis which makes the installation

of a hydrolysis reactor redundant (only for sour shift catalyst). Subsequent to the hydrolysis

or shifting, the syngas is cooled to around 40 ◦C and volatile metals such as Hg and As, are

removed in an activated carbon bed. After all these treatments, the syngas is ready for acid

gas removal. Acid gas removal is often used as a synonym for desulfurization but technically

includes other acid gases like carbon dioxide, too. Many different technologies have been

developed to remove acid gases from syngas: absorption (chemical) or adsorption (physical)

by a liquid, absorption or adsorption by a solid and membrane separation. Depending on

the concentration and partial pressure, some technologies are preferential to others. Zinc

oxide is suitable for low sulfur content syngas (on a volume basis ml
ml

) and can be used in low

partial pressure regimes as well as high partial pressure regimes. For higher sulfur content,

molecular sieves are the first choice. In the range of medium partial pressures (0.1− 5 bar)

chemical solvents like AmisolTM, SulfinolTM, MEA and MDEA offer best removal efficiencies.

In the regime of high partial pressures, physical sorbents work best and outperform chem-

ical solvents. Examples for technologies operating on the principle of physical adsorption

in liquids are SelexolTM, RectisolTM and PurisolTM. The RectisolTM process can achieve

sulfur removal down to 0.1 ppmv [8] but requires cooling to at least −30 ◦C. SelexolTM and

PurisolTM can operate at around 0− 40 ◦C while reducing the sulfur (H2S) content down to

1 ppm [8] which is sufficient for IGCC applications.

In the following section, the dual stage SelexolTM process with sulfur removal and car-

bon dioxide removal is discussed in more detail. The SelexolTM process has been identified

as the state of the art process for carbon capture in IGCC applications (for more details see

Section 2.2) and will function as base case scenario for this study.
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The solvent used in the SelexolTM process consists of a mixture of dimethyl ethers of

polyethylene glycols which preferentially absorbs hydrogen sulfide. The hydrogen sulfide and

carbon dioxide laden syngas enters the sulfur removal column first, where it is stripped of the

hydrogen sulfide with carbon dioxide laden solvent from the carbon dioxide absorber. The

carbon dioxide and hydrogen sulfide rich solvent leaving the sulfur absorber is heated and

flashed in a H2S concentrator. Carbon dioxide is only weakly absorbed by the solvent and

leaves the liquid phase together with some amount of hydrogen sulfide. Since this stream

contains hydrogen sulfide as well as carbon dioxide, it is recycled back to the sulfur absorber.

The residual liquid phase is now rich in hydrogen sulfide which has to be stripped off in a

desorber column under heat input. The top of the desorber column produces an acid gas

stream which can be utilized to produce elemental sulfur in a Claus plant. The bottom of

the column produces the regenerated solvent which is sent to the CO2 absorber. The feed

for the CO2 absorber is the desulfurized syngas from the sulfur absorber, which still contains

carbon dioxide. The carbon dioxide is removed from the syngas with the fresh solvent and

the leaving syngas is essentially free of hydrogen sulfide and significantly reduced in carbon

dioxide content. The carbon dioxide laden solvent is partially used for the sulfur absorber

while the remaining is flashed in two or more stages to produce a crude CO2 stream for

recycle and pure CO2 stream(s). The decarbonized solvent still contains some of the CO2

and is fed into the CO2 absorber at an intermediate stage. A flow sheet of the SelexolTM

process is shown in Figure 2.11.

Warm Gas Cleanup. Warm gas cleanup offers several advantages over cold gas cleanup

and has attracted research interest since the 1970s [7]. If the gas cleanup is conducted at

higher temperatures, efficiency gains can be expected. Losses due to cooling and reheating are

reduced and water does not have to be removed from the syngas stream. This water (vapor)

can generate electricity when expanded and additional losses due to water treatment of the
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Figure 2.11: General flow sheet of the dual-stage SelexolTM process [11].

condensate can be diminished. In general, it is desired to clean and feed the syngas into the

gas turbine at the highest possible temperature in order to improve the efficiency. However,

limitations are evident independent from the cleanup technology. In IGCC applications, the

temperature limit is set by the highest possible operating temperature of the gas turbine fuel

control system. Under consideration of alkali corrosion, metallurgy and refractory-lining this

temperature is around 500− 550 ◦C [8]. Gas turbine vendor guaranties given are typically

for much lower temperature ranges. Many different approaches and technologies for warm

gas cleanup have been developed and studied. The next paragraph introduces some of these

ideas. A complete summary of this research area would go beyond the scope of this study.

Alkali cleaning in cold gas cleanup systems is achieved by solidification in the gas phase

when the syngas is cooled below 550 ◦C and consecutive separation from the syngas by fil-

ters. Alternative cleaning methods involve physisorption and chemisorption on activated

bauxite or activated alumina. For the removal of hydrogen chloride, sodium and potassium

compounds such as nahcolite have been identified as effective reagent with operating tem-

peratures up to 600 ◦C [8]. Sprayed into the syngas, solid sodium chloride is formed which
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can be captured in the particle removal section together with other solids. The high temper-

ature removal of mercury remains one of the main challenges and is the Achilles tendon of

warm gas cleanup. Mercury can also be captured after combustion; however, this introduces

penalties compared to pre-combustion cleanup. At elevated temperatures of around 200 ◦C

mostly activated carbon and metal based materials like ZnO and Pb are investigated. One

of the most promising technologies for warm gas cleanup >260 ◦C are palladium based ad-

sorbents which are described in [12]. Hot gas desulfurization between 350− 750 ◦C can be

achieved via metal oxides like ZnO or Zn2TiO4. RTI and Eastman are commercializing a

high temperature desulfurization process based on ZnO and demonstrated the process on a

pilot plant scale in 2005 [13]. In this process, the ZnO reacts with H2S forming ZnS and

water. Later the ZnS is regenerated with air under the formation of SO2. Many different

technologies are currently under development for warm gas CO2 capture. When looking into

high temperature CO2 removal, one needs to distinguish between temperature above 300 ◦C

and below 300 ◦C. If carbon is intended to be captured above 300 ◦C, the capture process

has to be integrated into a process that promotes the WGS reaction. The thermodynamic

equilibrium favors CO2 at low temperature. Thus, at high temperatures, the CO2 present is

insufficient to achieve high carbon capture. As a result, the CO2 needs to be removed from

the reactive phase to prevent it from participating in the equilibrium. In gasifiers, CO2 can

be trapped with CaO which shifts the equilibrium to the product side. This reduces CO

concentrations and simultaneously increases hydrogen concentrations. A similar concept is

used in WGS reactors with internal carbon capture, however, operating temperatures will

be lower than in gasifiers. Also, high temperature CO2-membranes with internal WGS have

been proposed. Below 250 ◦C separate carbon capture technologies can be used. These tech-

nologies are further in development and closer to commercialization. Stand-alone carbon

capture technologies require CH4 reforming and CO shifting, which is thermodynamically

favored at low temperature, before the syngas enters the CO2 removal unit. The physical

principles for warm gas carbon capture are similar to those for cold gas carbon capture;
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however, it is much more difficult to find materials with the same properties at elevated

temperatures, especially for adsorption based processes.

Gas Turbine

Historically gas turbines have been developed for natural gas and liquid hydrocarbon

fuels but have been advanced to combust syngas and even hydrogen. Gas turbines operate

on a Brayton-cycle with air as working fluid. The cycle has been already discussed in Section

2.1.1. In large gas turbines suitable for IGCC applications, compression is conducted in an

axial compressor which is mounted on the same shaft as the expander. Thus, no motor is

needed to drive the compressor and losses are minimized. The compressed air is then heated

in the combustor by injecting fuel into the combustion chamber which immediately reacts

with the oxygen to release energy in form of heat. The high-pressure, high-temperature gas

is expanded in a turbine. For aero-derivative engines this turbine is divided into two parts.

The first expander provides the power required for compression. The second expansion step

drives an electricity generator. In aero-engines the second expander is not present and the

remaining energy in the gas stream is used to generate thrust. Gas turbines for large scale

power generation compressor, expander and generator are mounted on a single shaft. A

general flow diagram of a gas turbine is shown in Figure 2.12.

The compression work in a Brayton-cycle is significantly larger than in a Rankine-cycle

due to the high specific volume of gases. In large machines compression consumes about

50 % of the generated power. Thus, it can make sense to use intercoolers to reduce the

workload and increase efficiency. However, intercooling lowers the combustor temperature,

which has to be compensated with a higher fuel input. Another important factor influencing

the turbine efficiency is the turbine inlet temperature (TIT); the higher the TIT the higher

the gas turbine efficiency, limited only by material constraints. If, for example, methane is
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Figure 2.12: General flow sheet of a gas turbine.

combusted with air in a stoichiometric mixture, temperatures around 1940 ◦C are possible

[9]. In order to reduce the TIT to a temperature in the range 1300− 1400 ◦C (state-of-the-

art TIT), excess air is used. State-of-the-art TITs are only achievable due to the usage of

advanced materials and internal blade cooling by air extracted from the compressor or even

steam. Syngas, which is a mixture of mostly CO and H2, has very different combustion

characteristics than natural gas. Hydrogen is very reactive and increases the flame diffusion

speed. A consequence of this property is the high risk of flash back when using dry low-NOx

burners. Hence, conventional combustors have to be used and NOx control is accomplished by

lowering the flame temperature by diluent injection [8]. NOx control is of special importance

in syngas applications since syngas combustion has a lower air requirement which increases

the adiabatic flame temperature. In IGCC applications, it is common practice to use syngas

humidification and/or nitrogen injection from the ASU as diluent. However, large amounts of

diluent can be problematic for the operation of the gas turbine. The heating value of the gas

turbine fuel syngas lies between 8− 11 MJ
kg

for oxygen blown gasifiers and between 4− 6 MJ
kg

for air-blown gasifiers [8]. This is significantly lower than the heating value of natural gas.

The higher mass flow through the turbine generates more power which may be beyond the

shaft limitations, and will increase the pressure ratio in the compressor. This will result

in a higher turbine inlet or compressor outlet pressure which can lead to compressor surge

[8, 9]. Countermeasures to prevent compressor surge are: increasing turbine cross-sectional
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area, addition of a compression stage, closing compressor guide vanes or bleeding off air from

the compressor. The latter is an attractive solution for IGCCs with ASU because it does

not require expensive modification of the gas turbine and the compressed air from the gas

turbine can be used in the ASU where high pressure air is needed. Closing the inlet guide

vanes is the most popular option to reduce the mass flow. Alternative concepts for syngas

or even hydrogen combustion are Brayton reheat cycles as described in [9].

Heat Recovery Steam Generator

A heat recovery steam generator (HRSG) is a unit that utilizes the waste heat from the

gas turbine to raise steam for the bottoming Rankine-cycle. The HRSG consists of several

heat exchangers for preheating of boiler feed water (economizer), evaporating (evaporator

coils), superheating (superheater coils) and reheating of steam leaving the high-pressure tur-

bine (reheater coils). Since the HRSG utilizes the waste heat from the expanded gas turbine

exhaust, the HRSG heat exchangers are designed to have a very low pressure drop on the

gas turbine exhaust side. The heat exchangers operate in cross-flow with the gas turbine

exhaust flowing through a rectangular duct engineered with horizontal or vertical tubes.

Various design options for HRSGs are based on the available heat. Some small units com-

pletely evaporate the boiler feed water in a single pass but commonly recirculation of boiler

feed water between steam drum and evaporator coils is practiced. In large scale applications

three steam drums producing high-pressure, intermedium-pressure and low-pressure steam

are used. The vacuum condensate from the steam turbine is pumped to low pressure and

preheated in the economizer before it enters the low-pressure steam drum which also func-

tions as deaerator. The low-pressure steam drum separates steam and liquid. The steam

leaving the low-pressure drum is superheated in a low-pressure superheater and sent to the

low-pressure steam turbine. The liquid from the steam drum is split into two streams for

high-pressure steam production and intermedium-pressure steam production. After pressur-
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ization, both streams are preheated in economizers before they enter their respective steam

drum. The high-pressure steam leaving the high-pressure steam drum is then further heated

in several superheater coils to increase the efficiency of the expansion process in the high-

pressure turbine. The intermedium-pressure steam exiting the high-pressure steam turbine

is combined with the steam from the intermedium-pressure superheater which is fed by the

intermedium-pressure steam drum. The intermedium-pressure steam is superheated in re-

heaters and is then utilized in the intermedium-pressure steam turbine followed by expansion

in the low-pressure turbine. The steam drums are continuously purged to avoid buildup of

solids. The high-pressure blowdown is reused in the intermediate steam drum and the blow-

down from the intermediate-pressure steam drum is flashed and the steam is used in the

low-pressure steam drum [9]. If a special need for steam or if small quantities of low pressure

fuel are available, duct firing is a common practice to increase the heat content of the exhaust

gas. A flow sheet of a triple pressure HRSG is shown in Figure 2.13.
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Figure 2.13: General flow sheet of a triple pressure heat recovery steam generator unit [9].
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2.2 IGCC Technology Status and Literature Review

With the growing challenges of climate change and air quality, the research interest

in IGCC has grown significantly over the last couple decades. At the current state, several

demonstration plants have been built and successfully operated. Beyond this, numerous

commercial scale IGCC plants are in operation today. The pioneer plant of IGCC technol-

ogy was built in 1984 and operated for 4 years at Southern California Edison’s Cool Water

station. The plant was designed to generate a power output of 100 MW and was able to

demonstrate low emissions and integrated controls. A seconded, less integrated, demonstra-

tion IGCC plant was built in Louisiana and operated by Dow Chemical Co. between 1987

and 1995 [14]. Over the last two decades, IGCC plants have been developed further and

large scale IGCC plants reached commercial scales. Many of these projects started out as

demonstration plants but have transitioned into regular operation. Years of operation have

collected important data and shown that IGCC power plants are able to operate highly ef-

ficient while maintaining low emissions. Some of these established commercial IGCC power

plants are: Buggenum IGCC, Nakoso IGCC, Puertollano IGCC, Tampa Electric Polk Power

IGCC, Vresova IGCC, Wabash River IGCC and Wakamatsu EAGLE IGCC. Before diving

into current research topics, the above listed, current state-of-the-art, IGCC plants will be

examined in more detail. These plants employ a variety of different gasifiers and technologies

which provide important lessons and information for future research for the improvement of

next generation IGCC power plants.

The Buggenum IGCC is located in the Netherlands and was the world’s first IGCC

to enter commercial operation in 1998. The plant is designed around a dry coal fed oxygen

blown Shell gasifier. The ASU is fully integrated with the gas turbine compressor and the

coal pre-conditioning system provides dry coal powder in the size of 100 µm. A portion of

the cooled syngas, which is used to raise steam, is burned to provide heat for the coal dry-
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ing process. The gasification process takes place at 24.8 bar and a temperature of 1600 ◦C,

which results in very high carbon conversion rates of greater 99 %. The oxidant is provided

by the ASU and consists of 95 % oxygen. The design of the Shell gasifier allows steam gen-

eration inside a gasifier membrane, which simultaneously acts as reactor wall cooler. The

slag produced during the gasification process is removed by a quench bath at the bottom of

the gasifier. After the raw syngas leaves the gasifier, it is further processed. Fly ash removal

is achieved by a cyclone and candle filters. Halide cleanup is obtained by wet scrubbing and

sulfur removal and recovery is conducted using carbonyl sulfide/hydrocyanic acid hydrolysis

in combination with a Sulfinol R© wash and Claus plant to produce elemental sulfur. The

power island consists of a Siemens V94.2 gas turbine modified for syngas operation, which

is able to generate a power output of 156 MW. Additionally, nitrogen from the ASU is

mixed with the syngas to NOx emissions. Furthermore, the nitrogen diluent improves the

emission reduction of nitrous oxides which is further controlled by syngas humidification.

The waste heat of the gas turbine exhaust is used in a steam cycle which generates addi-

tional 284 MW of power. The total net electricity generation of the Buggenum IGCC adds

up to 253 MW at an efficiency of 43 %− HHV with an availability of 75 % after 7 years of

operation [15, 16]. In order to meet future regulatory compliances regarding carbon dioxide

emission, co-gasification of biomass and bio-waste have been successfully demonstrated [17].

The biggest advantages of the Buggenum IGCC power plant are its low NOx emissions of

lower than 10 ppm combined with its high sulfur removal efficiency of greater than 99 % and

virtually zero air emission of ash, chlorides and volatile heavy metals. Furthermore, due to

the recycle of waste water and re-use in the system, there is no discharge of waste water [16].

The Nakoso IGCC has a gross capacity of 252 MW and started with its demonstra-

tion in September 2007. After completing numerous tests, the plant entered the commercial

phase in 2013. The gasification process employed in the IGCC plant is based on a technology

developed by Mitsubishi Heavy Industries (MHI) and uses a pressurized, upflow, two-stage,
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slagging entrained bed gasifier using enriched air as oxidant. By using air as oxidant, only

a small ASU (75− 80 % smaller compared to oxygen blown gasifier) is needed to provide

nitrogen as transport gas for the gasifier. The co-produced oxygen is used to enrich the air’s

oxygen content. Reasons for employing an air-blown gasifier are the high parasitic losses and

high capital cost associated with the ASU. Furthermore, the operator hopes to gain benefits

in continuous operation and higher plant capacity factors at lower maintenance cost. Similar

like the Shell gasifier, the MHI gasifier requires dry, milled coal as feed which is fed into the

gasifier at two different stages. The first stage operates in combustion mode and produces

carbon monoxide, carbon dioxide and water vapor together with heat from coal and air. The

operating temperature of the combustor is sufficiently high to produce molten slag which

falls to the bottom of the gasifier where it is quenched in a bath and transported out of the

gasifier through lock hoppers. The hot gas products are transported to the second stage

where additional coal is fed into the gasifier without air. In the second stage, also called

the reductor stage, the heat is used to drive the endothermic gasification reactions. This

leads to a lower operating temperature of the reductor stage and any slag that is carried

over to the second stage is solidified. The syngas leaving the reductor is about 1200 ◦C

and is used to raise steam. Particulates in the cooled raw syngas are removed by a cyclone

and are being recycled to the first stage of the gasifier to achieve carbon conversion rates of

greater 99.8 %. A porous filter removes remaining particulates before the syngas is further

cooled to enable acid gas removal and sulfur recovery which are low temperature processes.

First, all carbonyl sulfide is converted before entering the acid gas removal unit which is a

commercial methyl-diethanol-amine (MDEA) unit. The removed sulfur components are then

converted to saleable gypsum in a limestone-gypsum unit. The cleaned syngas is reheated

and converted into electricity in the power island. A Mitsubishi M701DA gas turbine gener-

ates 142 MW. This turbine type was selected because of its track record of combined cycle

usage and burning other low heating value fuels. The waste heat is recovered in a HRSG

and additional 110 MW of electricity are generated by the steam turbine. The net efficiency
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during the demonstration phase was 41 %− HHV and a significant reduction of emissions

has been demonstrated: with measured concentrations of SOx at 1.0 ppm (planned: 8 ppm),

NOx at 3.4 ppm (planned: 5 ppm) and PM < 0.1 mg
m3

N
(planned: 3.3 mg

m3
N

). The advantages of

the Nakoso plant are its high reliability and the ability to process various coal types such as

high rank coals like bituminous coal and low rank, high moisture coals like sub-bituminous

coal [15, 16, 18].

The Puertollano IGCC started operation of the demonstration phase in 1992 and en-

tered the commercial stage in 1998. The plant operates on a 50:50 mixture by weight of

coal and petroleum coke. The power output is 300 MW at an efficiency of 42.1 %. The

PRENFLOTM single stage entrained flow gasifier used operates at a pressure of 25 bar and a

temperature of 1600 ◦C. The PRENFLOTM gasifier uses an integrated waste heat boiler and

a compressed recirculated quench gas resulting in comparatively low moisture raw syngas at

moderately high exit temperatures and carbon conversion rates of greater 98 %. The raw

syngas enters the waste heat boiler at around 800 ◦C where it is cooled in two stages to

400 ◦C and to 235 ◦C while raising high pressure steam and intermediate pressure steam.

Most of the produced ash is collected at the bottom of the gasifier in the form of liquid slag

which contains less than 1 % residual carbon. The coal preparation includes the addition

of limestone to the feed mixture to reduce the melting temperature of the ash. In further

processing, the feed is milled to a particle size of 50 µm and dried to a moisture content of

2 wt−% before it enters the gasifier through lock hoppers which use nitrogen from the ASU

as carrier gas. The fully integrated ASU provides oxygen for the gasification process at a

purity of 85 %. The cooled raw syngas is filtered through ceramic candle filters to remove

remaining particulates. The syngas is then scrubbed with liquid water at a temperature

of 165 ◦C in order to remove ammonia and halides. After this step, carbonyl sulfide is hy-

drolyzed to remove the sulfur in form of hydrogen sulfide in the desulfurizer. Desulfurization

is achieved in a MDEA wet scrubbing column and the acid gas is sent to a Claus plant
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producing elemental sulfur with air and oxygen intake from the ASU. The Claus tail gas

is recycled to the carbonyl sulfide hydrolysis reactor. After desulfurization, the syngas is

humidified and diluted with nitrogen. Nitrogen dilution of the syngas is necessary to adjust

the heating value but dangerous because of the oxygen content in the nitrogen stream and

thus has to be executed immediately before it is combusted in order to prevent autoignition

of the mixture. This dilution process together with low NOx burners in the Siemens V94.3

gas turbine enables NOx emissions of less than 60 ppm (15 % O2). The gas turbine exhaust

heat is recovered in a HRSG to raise further steam for the Rankine-cycle [15, 16].

The Puertollano IGCC successfully demonstrated the operation of IGCC technology

using a mixture of low quality coal with high ash content along with refinery residues while

achieving high emission standards. Sulfur dioxide emissions are reduced by 99 % and also

carbon dioxide emissions are reduced to 85 % of conventional PC power plants.

The gasification technology has proven to be flexible in handling various feed types

from high ash coals to biomass while maintaining a consistent syngas composition. However,

during operation, several problems in the gasifier and other equipment were encountered.

The gasifier showed problems with water leakage in the membrane tubes as well as gas leak-

age which could be fixed by modifying the gasifier design. Fouling problems in the waste

heat boiler were resolved by lowering the inlet temperature to the cooler and increasing the

quench flow. Furthermore, optimization of the gas turbine was required to prevent over-

heating and humming which improved the lifetime and stability of various components. The

ceramic filters and the COS hydrolysis catalyst exhibited significantly lower lifetimes than

expected which could be resolved by redesigning the filter element support and switching

from an alumina based catalyst to a titanium oxide based catalyst.

The Tampa Electric Polk Power IGCC has a capacity of 250 MW and started its four-

year demonstration phase in 1996 before entering the commercial phase in 2000. The plant is

built around a GE gasifier (formerly known as Texaco gasifier) and operates at an efficiency

49



of 38 %− HHV [19]. The operating pressure of the gasifier is greater than 20 bar and the

gasifier reaches temperatures between 1325− 1430 ◦C. The GE gasifier is a single stage,

downward-feed, entrained flow reactor and operates on a coal-water-slurry, which contains

about 65 wt−% solids, and oxygen at 95 % oxygen purity. The slurry is injected from the

top into the gasifier through custom nozzles where the coal reacts exothermically with oxygen

to produce syngas and slag. The feed water acts as temperature moderator and hydrogen

source for the coal gasification process which produces syngas containing mostly hydrogen

and carbon monoxide. The raw syngas is then cooled by a radiant cooler which produces

high pressure steam. The slag is quenched at the bottom of the gasifier using liquid water.

After the radiant cooler the syngas passes through a convective heat exchanger, raising more

high-pressure steam. Leaving the convective heat exchanger, the syngas has a temperature

of approximately 430 ◦C and enters a wet scrubber that removes particulates and halogen

compounds. The unburned carbon is recycled back to the gasifier which achieves single-pass

carbon conversion efficiencies of greater 95 %. The ASU is not fully integrated with the

gas turbine and has a separate air compressor. This allows a more dynamic operation and

shorter start-up times. High efficiencies are typically more important in Europe where the

feedstock prices are higher than in the U.S. In the U.S., fuel prices are lower and availability

has a bigger influence on the plant design [14]. The achieved availability for the gasification

unit was 83.5 % and for the combined cycle 94 %. The coal preparation for the GE gasifier

is very different compared to the previously discussed cases since it is a slurry-fed gasifier. In

this case the coal (alternatively petroleum coke) is crushed and mixed with recycled water

before it is milled to slurry using wet-rod mills. The produced syngas is cleaned in a wet

scrubbing process and the carbonyl sulfide in the syngas is converted into hydrogen sulfide in

a subsequent hydrolysis reactor in order to be removed from the gas. Thereafter, the syngas

is further cooled to 40 ◦C before it enters the cold gas cleanup section consisting of a MDEA

absorber for sulfur removal. The H2S is stripped off the MDEA-solution via steam and sent

to a sulfuric acid plant. The clean syngas is reheated, saturated with water and mixed with
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nitrogen from the ASU before it is combusted in a GE MS 7001FA gas turbine generating

192 MW. The exhaust heat of the gas turbine engine (approx. 570 ◦C) is used to generate

more steam which is converted into electricity using a double flow reheat steam turbine that

generates additional 123 MW [15, 16].

Criteria pollutants in the Tampa Electric Polk Power IGCC are reduced to very low

levels; SO2 emissions are below 0.15 lb
MMBTU

(goal: 0.21 lb
MMBTU

) and NOx emissions are be-

low 0.27 lb
MMBTU

(goal: 0.15 lb
MMBTU

). Particulate matter emissions of lower 17 lb
hr

have been

achieved consistently [19].

After the start-up in 1996, serious problems with ash leaking into the clean syngas in

the syngas reheater located in the high temperature heat recovery system occurred, which

lead to serious damage of the gas turbine. Removal of this heat exchanger and modifications

to the particulate removal system were necessary. Other problems with the gasifier were

resolved by a reduction of the gasifier operating temperature in order to extend the lifetime

of the gasifier liner. Further modification to improve start-up times and corrosion in the

coal/slurry piping system had to be made. The experimentation of using different coals with

higher sulfur content lead to the commissioning of a COS hydrolysis reactor in 1999 because

of the unacceptable high SO2 emission levels. An ongoing issue is the failure of thermocou-

ples in the high temperature section caused by the expansion of dissimilar materials.

The Vresova IGCC is one of the largest coal fired IGCC power plants with a gross

capacity of 400 MW. In times of the Soviet Union, the plant produced town gas but was

converted into an IGCC power plant after the fall of the iron curtain. The plant started

in 1996 with 26 custom water jacket-cooled moving bed gasifiers arranged in a counter flow

scheme with gasification occurring in several stages. The gasifier operates on a steam oxygen

mixture which is injected into a several centimeter-high ash layer at bottom of the gasifier.

The hot ash preheats the oxidant and accomplishes an even distribution of the gas over the

whole cross section. In the second stage, the oxygen reacts with the coal particles and gener-
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ates the heat input for the following gasification sections. The top sections in the gasifier are

the carbonization, where most of the tar is formed, and the coal drying zones. The gasified

coal is brown coal that is fed into the gasifier with a particle size between 3− 25 mm. The

raw syngas leaves the gasifier at about 27 bar and a temperature of 200 ◦C and is further

cooled to 30 ◦C by a water-hydrocarbon wash before entering a Rectisol R© unit for acid gas

removal. Additional to the cooling, the wash removes fly ash and particulates present in the

raw syngas. The condensate from the cooling process is separated into a water-phenol-rich

product stream by a gravitational separation technology which is then dephenolized in a

butyl acetate extraction process. Furthermore, ammonia is stripped off the dephenolized

water and phenol and ammonia are sold to consumers as high purity products. The water

undergoes further treatment and can be reused within the plant.

In addition to the above-mentioned byproducts, crude naphtha is recovered in the

Rectisol R© process and sulfuric acid is produced from the acid gas. Due to the economic situ-

ation it is more profitable to generate electricity than selling the liquid hydrocarbon products.

For this reason, a Siemens SFG-500 gasifier was installed in 2008 to convert tars and other

liquid hydrocarbons from the moving bed reactors into syngas. The Siemens gasifier operates

at 28 bar, 1400 ◦C and produces a similar raw gas composition as the moving bed gasifiers

but with the difference of essentially zero methane and other hydrocarbons. Interestingly,

the plant had a second Rectisol R© stage when it was operated to produce town gas which

captured carbon dioxide from the town gas stream before it was distributed and reduced the

carbon dioxide content to 5 %. This section is now bypassed and the high-pressure carbon

dioxide is used to produce power through expansion in the gas turbines. Downstream of the

Rectisol R© process the syngas has a pressure of 21− 25 bar and is essentially free of sulfur

(13 mg
m3 ) and nitrogenous substances. The power block consists of two GE 9E-frame gas tur-

bines with steam injection to reduce the firing temperature. The exhaust gas is used in a

two-pressure HRSG to raise steam for a steam turbine which is supplied by ABB. The total

emissions of the IGCC are 0.2 mg
Nm3 SO2 and 45 ppm NOx (at 15 % oxygen). The overall
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efficiency of the IGCC plant is 50.5 % [16, 15, 20].

The Wabash River IGCC started its demonstration phase in 1995 and entered com-

mercial operation in 1999 with overall availabilities around 70 %. It employs two gasifiers,

although only one is needed to process the coal input to generate a net power output of

262 MW. The thermal efficiency of the IGCC is approximately 40 %− HHV. The estab-

lished gasification technology is commercially available under the name E-GasTM gasifier

and is slurry fed technology similar to the GE gasifier. The slurry concentration typically

ranges from 50− 70 % depending on moisture content and coal quality. Unique about the

gasifier design is its two-stage upflow construction. 75 % of the slurry is fed together with

95 % pure oxygen into the first stage at the bottom of the gasifier. The exothermic partial

reaction of coal with oxygen at pressures of 28 bar generates a temperature of 1370 ◦C. This

temperature is hot enough to prevent the formation of hydrocarbons. Furthermore, the ash

will be melted, run down the wall and leave the gasifier through a tap hole at the bottom.

The hot syngas travels from the first stage upwards to the second stage where the remaining

25 % of the slurry is injected. The second stage is operated at about 870 ◦C which can be

varied according to the desired syngas composition. These lower temperatures allow the

formation of methane and char which requires recycling to the first stage. The syngas leaves

the gasifier at about 870 ◦C and is cooled to 590 ◦C by raising saturated steam at 110 bar

in fire-tube coolers. Particles entrained in the syngas are now filtered by candle filters and

recycled to the first stage of the gasifier. After particulate removal, the syngas is further

cooled to 38 ◦C and chlorides are removed in a wet scrubbing process. Condensate from the

cooling process contains ammonia, hydrogen sulfide and carbon dioxide and has to be sent

to a water treatment site. The carbonyl sulfide hydrolysis reactor shifts the sulfur towards

hydrogen sulfide which is removed to 99.99 % in an acid gas removal unit using a MDEA

system. The acid gas is used to produce elemental sulfur in a Claus plant. Before the syngas

is sent to the power block, it is humidified to control NOx emissions. However, the combus-
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tion temperature of the GE MS7001FA gas turbine in this particular case still reaches about

1220 ◦C which is significantly higher than expected. The gas turbine output is 192 MW.

Waste heat from the gas turbine is recovered in a HRSG to produce more steam and utilized

in a bottoming Rankine-cycle which generates additional 104 MW. The SO2 emission are

0.1 lb
MMBtu

, NOx emissions are 1.09 lb
MWh

with no measurable particulate matter emissions.

These values are well below the emission limits including the NOx values despite the high

turbine firing temperature [15, 16, 21].

The Wakamatsu EAGLE IGCC started demonstration in 2002 and was developed by

the Japanese Electric Power Development Company and Japan’s New Energy and Industrial

Technology Organization under the acronym EAGLE (Energy Application for Gas, Liquid

and Electricity) with the goal of developing a multi-purpose oxygen-blown entrained flow

gasifier. The EAGLE gasifier operates on dry coal at a rate of 150 t
d

which is transported

into the gasifier using nitrogen from an ASU. Furthermore, the ASU provides the oxygen

at a 95 % purity for the gasification. The gasifier consists of two stages. The bottom stage

injection system introduces coal with large amounts of oxygen providing the heat for the

endothermic reaction in the second stage where only small amounts of oxygen together with

coal are introduced. Unique about this gasifier is the tangential injection of coal and oxygen

which creates a spiral flow similar to a cyclone. This enables a longer residence time of

coal in the gasifier and higher gasification efficiency. Furthermore, it is claimed to help with

slag removal by creating a pressure differential between the center and the wall which helps

to draw the slag to the bottom of the gasifier where it is removed. The first stage at the

bottom operates at higher temperatures in slagging conditions. The second stage is operated

at non-slagging conditions. However, the coal to oxygen ratio can be adjusted to optimize

between high gasification efficiency and stable slag discharge. Unreacted carbon and ash are

removed downstream in cyclones and filters and are returned to the gasifier. The gasifier

walls are protected by a membrane, similar to the Shell or Siemens gasifier, which produces
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high pressure steam. After gasification, the syngas is cooled to low temperatures for wet

scrubbing, ammonia and chlorine removal followed by a carbonyl sulfide hydrolysis reactor,

using a titanium oxide catalyst, and a MDEA acid gas removal unit. The removed sulfur is

processed to gypsum and can be sold. After the cleanup, the syngas is reheated, humidified

and combusted in an 8 MW gas turbine. The exhaust heat is recovered in a HRSG; however,

the pilot plant does not include a steam cycle. The demonstration phase was finished in 2013

and a 167 MW is in construction which will include a carbon dioxide removal unit. The CO2

removal technology has been intensively tested at the Wakamatsu pilot plant. Mostly phys-

ical absorption technologies have been tested in various configurations. In order to achieve

high carbon capture efficiencies, a shift reactor has to be added to the plant design which

converts the CO in the syngas to CO2. In this context, variations of sweet and sour shift

and the position of desulfurization have been studied settling on an advanced sour shift

process. The new plant at Osaki will be one of the first IGCC power plants with carbon cap-

ture and will be an important milestone towards clean and sustainable electricity [15, 22, 23].

However, carbon capture in power plants remains a major area of research. The Na-

tional Energy Technology Laboratory (NETL) and the U.S. Department of Energy (DoE)

studied the effect of carbon capture on plant performance and economics for high rank and

low rank coals [5, 24, 25]. In total 6 IGCC cases for low rank coal, using Montana Powder

River Basin Coal (PRB) and North Dakota Lignite Coal, were investigated in combination

with Shell-gasifiers, TRIGTM-gasifiers, Siemens-gasifiers and E-GasTM-gasifiers. High rank

coal cases using Illinois No. 6 Coal were studied for the GE-gasifier, E-GasTM-gasifier and the

Shell-gasifier. Results clearly show that IGCC power plants can operate more efficiently than

PC power plants (sub-critical, supercritical and ultra-supercritical). IGCC plants in these

two studies were able to reach efficiencies between 36.7− 42.1 %− HHV while PC plants

ranged from 36.8− 39.3 %− HHV. However, PC plants showed to have better economics.

Considering carbon capture, this economic advantage of PC power plants vanishes and IGCC
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power plants become not just more efficient but also more economical. Efficiencies for the

IGCC cases with carbon capture span from 30.0− 32.6 %− HHV. PC power plants with

carbon capture reaching efficiencies from 26.2− 28.4 %− HHV. The efficiency advantage of

IGCC versus PC power plants results from the carbon capture strategy. IGCC plants allow

pre-combustion cleanup where carbon dioxide is present at high concentration and pressure

versus post-combustion cleanup which is much more challenging and energy intensive due

to the high dilution of carbon dioxide with air. All IGCC cases use a dual-stage SelexolTM

process for removing carbon dioxide from the syngas and all cases have a very similar inte-

gration of the dual-stage SelexolTM unit into the plant design. After the syngas leaves the

gasifier, the hot gas is cooled, scrubbed and shifted (sour shift) before it enters a mercury

removal unit. The clean, low temperature syngas enters the SelexolTM unit where acid gas as

well as carbon dioxide is removed. After the syngas leaves the SelexolTM unit, it is reheated,

diluted with water vapor and/or nitrogen from the ASU and combusted in a gas turbine.

Also, in [26], conventional PC power plants with post-combustion carbon capture and

oxy-combustion with carbon capture have been compared to IGCC power plants with sepa-

rate carbon dioxide and acid gas removal and combined removal using the SelexolTM process.

The authors found that the IGCC technology showed the highest efficiencies and the lowest

penalties for carbon capture. From an efficiency point of view, the co-capture of acid gas

and carbon dioxide is more favorable, although, the CO2 stream contains a higher concentra-

tion of hydrogen sulfide. Majoumerd and Assadi [27] compared an IGCC with a dual-stage

SelexolTM to a natural gas combined cycle plant with a monoethanolamine (MEA) post-

combustion cleanup unit and a supercritical PC with a state-of-the-art post-combustion

cleanup. The results show that the IGCC plant has a better performance than the super-

critical PC plant in both cases with and without carbon capture and that for the carbon

capture case the cost of electricity for the IGCC is lower than for the PC plant. However, the

IGCC was not able compete with the natural gas combined cycle plant. A study conducted

by Padurean et al. [28] found that in pre-combustion capture scenarios, the SelexolTM pro-
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cess is more energy efficient than RectisolTM, PurisolTM and MDEA processes due to its

lower heat consumption for solvent regeneration and a simpler process configuration. The

SelexolTM process with 90 % carbon capture reaches an efficiency of 36.1 %. Ahmed et al.

[29] concluded that the implementation of a sour shift in combination with carbon dioxide

removal is more efficient than sweet CO-shifting due to the fact that both, sulfur removal and

carbon capture, were low temperature processes. Based on this result, three cold gas cleanup

cases were investigated: pre-combustion cleanup of shifted syngas with air as gas turbine

oxidant, pre-combustion cleanup of shifted syngas with 99.5 %-pure oxygen as gas turbine

oxidant and post-combustion cleanup with 99.5 %-pure oxygen as gas turbine oxidant. The

post-combustion cleanup showed to have the highest efficiency with 37.2 % over the air fired

gas turbine with 36.2 %. Furthermore, the post-combustion cleanup case showed the best

economics due to the redundancy of the shift reactor and despite the significant increase in

the ASU. Combustion of syngas with pure oxygen in a gas turbine will create extremely high

firing temperatures which is desired from a thermodynamic perspective but it introduces

many new challenges with respect to engineering, materials as well as emission. Pure oxy-

gen fired gas turbines are very far from commercial scale and the results represent a more

futuristic scenario. Based on the SelexolTM case, similar efficiencies of 36.4 % were found for

pre-combustion cleanup cases with carbon capture of 90 % for SelexolTM and MDEA in [30].

Furthermore, the commercially available SelexolTM and MDEA processes were compared to

a non-commercial potassium carbonate acid gas and carbon dioxide removal process (UNO

Mk1, in demonstration). This process operates at temperatures around 393− 493 K, com-

pared to SelexolTM 253− 313 K and MDEA 313− 337 K, which has advantages with respect

to the plant’s heat integration. This results in significantly higher efficiencies ranging from

37.3− 39.3 %. Schlather and Turk presented a study in [31] which was commissioned by

Eastman Chemical Company together with RTI International and was conducted by Nex-

ant. The study investigated the influence of using warm gas cleanup technologies without

carbon capture operating at temperatures greater than 200 ◦C. The efficiency gains due to
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warm gas cleanup were 3.6 %− points and similar efficiency gains can be expected for IGCC

plants with warm gas carbon capture versus cold gas carbon capture.

This illustrates why over the last couple of years, major efforts and research have

been conducted to identify technologies that can separate carbon dioxide from syngas at

medium and high temperatures. Many different approaches have been taken into consider-

ation and technologies like H2 membranes [32, 33, 34], CO2 membranes [33, 34], chemical

looping [35, 36], cryogenic separation [37, 38], temperature swing adsorption (TSA) units

[39, 40] and pressure swing adsorption (PSA) units for carbon capture have been developed.

In [41] the U.S. Department of Energy studied several future technologies for advancing

power generation in IGCC. Next to progress in turbine technology and air separation tech-

nology, the study includes scenarios of elevated temperature SelexolTM carbon cleanup and

H2-membrane separation showing efficiency benefits of 0.8 %− points and 3.7 %− points.

Although, many promising technologies are being developed, only the sorbent-based

technologies, like PSA, are expected to reach commercial availability within the next few

years [42]. One of the earlier studies on IGCC power plants using a PSA for warm gas

cleanup for carbon dioxide removal from syngas was conducted by Ito and Makino [43].

They compared IGCC power plants with post-combustion chemical carbon dioxide absorp-

tion with an air and oxygen blown gasifier to a pre-combustion PSA warm gas cleanup IGCC

power plant. The PSA technology in the study is based on zeolites and operates at 423 K.

The results show a significant increase in plant efficiency due to warm gas cleanup. Even

at lower temperatures around 338− 358 K, Riboldi and Bolland [44] showed that their PSA

process has a better performance than the dual-stage SelexolTM base case. Another warm

gas CO2 capture PSA technology has been investigated by Liu and Green [45]. The study

looked at a PSA technology that can operate with a syngas inlet temperature of 180 ◦C and

compared the results to a duel-stage SelexolTM process. The results showed only a small

advantage of the warm gas cleanup PSA technology. However, due to the particular desul-

furization technology chosen for the study, 2.3 % of the hydrogen was lost in the process.
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Choosing a different desulfurization technology will further boost the efficiency. Couling et

al. [46] conducted density functional theory calculations to identify metal hydroxides for

warm gas carbon dioxide adsorption. A comparison with a conventional SelexolTM process

showed efficiency losses of around 0.5 %. However, the plant integration was not very effi-

cient. Using a different sulfur removal unit that does not consume hydrogen and raising the

regeneration steam by electricity and not by heat add huge penalties to their IGCC design.

In another study Couling et al. [33] investigated membranes and a PSA adsorbent process for

warm gas cleanup. The study includes the investigation of various H2 and CO2 membranes

as well as a hypothetical adsorption process. Focus of the work is the detailed modeling

of the diffusion and/or adsorption processes and the identification of important design pa-

rameters. The results show efficiency gains of up to 1.5 % for the adsorption process and

evaluate warm gas cleanup processes based on adsorption as advantageous over membrane

technologies. In [47] Zhu et al. integrated an elevated temperature PSA (226 ◦C) for 90 %

carbon capture into a 540 MW IGCC plant design. In order to be competitive with the

SelexolTM process, a hydrogen recovery rate of at least 93.5 % is necessary. High hydrogen

recovery rates are desirable to increase the power output of the turbine and reduces the

power dissipation in the CO2 compression section due to H2 impurities in the CO2 stream.

Further work by Zhu et al. [48] intensively studied the CO2 separation’s auxiliary load with

respect to hydrogen recovery and CO2 capture in the above-mentioned elevated temperature

PSA IGCC plant and compared the results to a SelexolTM scenario. Chen et al. [49, 50]

integrated a warm gas cleanup PSA process into an IGCC plant together with an ion trans-

port membrane for oxygen production and showed that efficiencies of 36.7− 38.3 %− HHV

while capturing 90 % of the carbon are achievable. Chi et al. [36] studied an oxygen-blown

TRIGTM gasifier IGCC with various warm and hot gas cleanup technologies and compared

the results to a conventional MDEA CO2 capture process plant. Significant improvements on

the net plant efficiency and carbon capture efficiency could be realized. Warm gas cleanup

with Na2CO3-MgO at 400 ◦C improved the plant efficiency by 2.8 %− points− LHV and
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increased the carbon capture efficiency about 4.8 %− points. Even greater improvements

on both, net efficiency and carbon capture efficiency, were obtained with CaO as adsorbent

operating at a temperature of 650 ◦C. Sorbent regeneration is achieved by burning some of

the syngas in a regenerator with oxygen. Two additional cases investigated the integration

of the carbon capture step into the water-gas-shift reactor which lead to improvements of

the net plant efficiency of up to 4.2 %− points− LHV. Carbon capture within the WGS

unit shifts the equilibrium to the CO2 side and can operate at lower steam to carbon ratios

without compromising CO conversion.

In general, less research has been conducted in the field of TRIGTM gasifier IGCCs. In

the DoE study [24] the TRIGTM gasifier has been compared to the Shell gasifier, Siemens

gasifier and E-GasTM gasifier with and without cold gas carbon capture using PRB coal.

The study revealed that with the TRIGTM gasifier, utilizing PRB coal in combination with

a cold gas SelexolTM unit, the DoE goal of 90 % carbon capture is not achievable due to the

high methane content in the syngas which is a result of the lower gasification temperature.

Zhuang et al. [51] studied an air blown TRIGTM gasifier IGCC showing the superior perfor-

mance of the TRIG gasifer compared to ultra-supercritical power plants utilizing low rank

coals. Six TRIGTM IGCC cases have been developed by Bonsu et al. [52] and Rogers et al.

[53] which compare pre-combustion, post-combustion, air-blown, oxygen-blown, no carbon

capture and with carbon capture scenarios. The air blown cases reach higher efficiencies than

the corresponding oxygen-blown cases and lower cost of electricity. Results further show that

post-combustion gas cleanup, without carbon capture, is more efficient than pre-combustion

cleanup. For the carbon capture cases, the oxygen-blown gasifier achieved higher plant effi-

ciencies than the air-blown case but ultimately resulted in higher cost of electricity because

of the higher capital investment. The air-blown case missed the DoE target of 90 % carbon

capture by only 0.2 %− points. The oxygen-blown gasifier case was able to capture 91.9 %

of the produced carbon dioxide. These numbers are different to the maximum capture effi-

ciency presented in [24]. Next to the different CO2 capture technologies used in these studies,
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SelexolTM versus MDEA, a major difference is the methane content in the produced syngas.

Methane is not affected by WGS reaction nor by the gas cleanup and will convert to CO2 in

the combustion turbine. Thus, it is very important for the TRIGTM gasifier to estimate the

methane content of the syngas correctly. Arthur et al. [54] investigated different approaches

to predict the syngas composition of the TRIGTM gasifier. The pseudo-equilibrium approach

showed better agreement with experimental data than the free Gibbs and kinetic approach.

Further information on TRIGTM to substitute natural gas and syngas composition can be

found in [55].

2.3 Summary

Based on the literature review, a study of an IGCC utilizing sub-bituminous coals with

a CO2-PSA warm gas cleanup technology has not yet been conducted. Most studies utilize

bituminous coals in combination with high temperature entrained flow gasifiers. Little work

has been done in the field of lignite and biomass gasification in IGCCs with CO2-PSA warm

gas cleanup. The area of sub-bituminous coal gasification in IGCCs employing a CO2-PSA

warm gas cleanup technology remains unexplored. Sub-bituminous coals have a higher wa-

ter content than bituminous coals and are more reactive. Thus, it is most efficient to use

gasification technologies that are engineered particularly for low rank coal utilization such

as the TRIGTM gasifier. TRIGTM gasification IGCCs have been studied in the context of

no carbon capture and classical cold gas carbon capture as well as in the temperature range

450− 600 ◦C using chemical looping for carbon capture. PSA-based carbon capture at el-

evated temperatures in combination with the TRIGTM gasifier have not been addressed in

literature. Problematic for the highly efficient, low rank coal TRIGTM gasification process

is the methane content in the syngas which can limit the carbon capture. Strategies to
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increase the carbon capture for these systems have not been proposed, yet. This work aims

to fill this space in literature and provide a detailed analysis of TRIGTM gasification IGCCs

with CO2-PSA warm gas decarbonization utilizing sub-bituminous coal; and to provide a

comprehensive understanding of strategies for increasing the carbon capture of high methane

syngas which will lay the foundation for future work in this area.
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Chapter 3

Approach

In the approach, tasks are developed for each of the stated objectives and the work

scope is delineated.

Task 1: Establish a Design Basis and Calibration of Key Models

First, a design basis needs to be established which defines the used feedstock and site

characteristics. This basis will be the same for all simulations to ensure comparability be-

tween the different scenarios. Furthermore, the design basis defines critical operating param-

eters which influence the plant performance, e.g. purity and pressure of the carbon dioxide

product stream. The second part of this task deals with the modeling of key components of

the simulation. Models need to be developed and validated to ensure the reliability of the

simulation results. The simulations will be carried out in ASPEN Plus, a well-established

commercially available chemical processing software. Important therefore is, the selection of

the right property method to describe the compounds’ behavior.

63



Task 2: Design a Reference Case with a State-of-the-Art Carbon

Dioxide Removal Technology

For purposes of comparing the IGCC performance, a reference case with a state-of-the-

art carbon capture technology needs to be designed. As previously pointed out in Section

2.2, the state-of-the-art-carbon capture technology is the SelexolTM process. This task is

responsible to identify an IGCC case with a SelexolTM carbon capture unit from a reliable

source in literature and its implementation in ASPEN Plus. It needs to be ensured that

simulation results are reproducible and in good agreement with the literature source.

Task 3: Integrate PSA Warm Gas Cleanup Technology

The development of the warm gas cleanup scenario is based upon the TRIGTM-IGCC

base case with cold gas cleanup. However, the SelexolTM carbon capture process will be

replaced by a CO2-PSA process. Performance data of this process are obtained from TDA

Research, Inc. The implementation of the PSA process into the flow sheet will require a

reevaluation of many system components, especially the heat integration. The SelexolTM

process removes carbon dioxide as well as hydrogen sulfide. Next to the implementation

of the CO2-PSA process a high temperature desulfurization process needs to be identified.

Other cold gas cleanup technologies, such as the mercury removal unit, will be replaced by

adequate warm gas cleanup technologies, too.

Task 4: Study the Influences of the Water Gas Shift Reaction upon

Carbon Capture
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Aspen Plus simulations of the water gas shift reactors are purely thermodynamic. Task

4 involves the development of a kinetic model for a more detailed evaluation of the water

gas shift reaction. The kinetic model will be used to predict pressure drop, temperature

profile, species profiles, apparent reaction rate, intrinsic reaction rate, catalyst effectiveness

and required steam to carbon ratio. The CO2-PSA base case developed in Task 3 will be

optimized to improve the IGCC plant performance. Different flow sheet configuration will

be evaluated and optimized for maximization of power output and efficiency.

Task 5: Evaluate Methods to reach the DoE Target of 90 % Car-

bon Capture

Task 5 involves the development of new strategies and integration schemes to enable

carbon capture of at least 90 %. Reasons for limited carbon capture will be analyzed and

strategies to efficiently overcome these limiting factors will be elaborated. Crucial for high

carbon capture is the amount of methane in the syngas. In order to reduce the methane

content in the syngas before entering the CO2-PSA different options will be identified. This

includes the investigation of recycle options and the employment of additional technologies

such as reformers and hydrogen PSAs which are commonly not found in IGCC power plants

(i.e. without H2 co-production).

Task 6: Techno-Economic Analysis

Performance numbers based upon thermodynamics like efficiency are very important.

However, the techno-economic analysis is of even greater importance. Cost of electricity and

costs associated with carbon capture, cost of capture and avoided cost, are very important
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to evaluate the profitability of a plant. For the cost analysis scaling parameters and scaling

exponents will be derived from literature data. A financing structure of the plant will be

elaborated to estimate the cost of electricity. A cost analysis for both technologies, SelexolTM

and PSA (including 90 % capture scenarios), will be conducted and key values will be com-

pared.
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Chapter 4

Design and Results

The simulations of the IGCC configurations presented in this study were carried out in

the simulation software ASPEN Plus R© V9. ASPEN Plus R© is an established, commercially

available chemical processing design software with built-in data bases for a large selection

of chemical compounds. ASPEN Plus R© handles equilibrium calculations as well as mass

and energy balances. Based upon these capabilities steady state simulations were conducted

which served as foundation of the coast analysis. Performance of single process units are

estimated upon publicly available reports and publications.

4.1 Establish Design Basis and Calibrate Key Models

The design basis offers a common ground upon which the different scenarios are able to

be compared with each other. Feed and site characteristics will remain unchanged through-

out this study. The same holds true for the models used for simulating key components like

the gasifier. However, some of the models will be interchanged from one scenario to another
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(e.g., the SelexolTM unit will be replaced by a warm gas PSA unit).

4.1.1 Feed Characteristics

The TRIGTM gasifier is a low temperature, circulating bed gasifier which is specifically

designed for low rank coals like sub-bituminous coals or lignite. Because of its non-slagging

ash removal system, it can handle coals with high ash content and high ash fusion temper-

ature. The coal used in this study is a mine mouth Powder River Basin (PRB) coal from

Montana Rosebud, area D [24]. A detailed analysis of the coal is given in the following tables

4.1 and 4.2.

Table 4.1: Proximate Analysis of PRB-Coal

Proximate Analysis Dry Basis, % As Received, %

Moisture 0.00 25.77
Ash 11.04 8.19

Volatile Matter 40.87 30.34
Fixed Carbon 48.09 35.70

Total 100.00 100.00

Table 4.2: Ultimate Analysis of PRB-Coal

Ultimate Analysis Dry Basis, % As Received, %
Carbon 67.45 50.07

Hydrogen 4.56 3.38
Nitrogen 0.96 0.71

Sulfur 0.98 0.73
Chlorine 0.01 0.01

Ash 11.03 8.19
Moisture 0.00 25.77
Oxygen1 15.01 11.14

Total 100.00 100.00
1by difference

The higher heating value (HHV) on a dry basis is 26, 787 kJ
kg

and 19, 920 kJ
kg

on an as-
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received basis. The lower heating value (LHV) is given as 25, 810 kJ
kg

on a dry basis and

19, 195 kJ
kg

on an as-received basis [24]. Ash composition is not specified in this study and

handled as solid waste leaving the gasifier. However, details on the ash composition can be

found in [24].

4.1.2 Site Characteristics

Low rank coals are not considered valuable enough to be shipped over long distances.

Thus, the plant site has to be located close to the mine mouth. The plant in this study is

assumed to be built in Montana which leads to the ambient conditions presented in Table

4.3 [24].

Table 4.3: Plant Site Characteristics

Elevation, m 1,036
Barometric Pressure, MPa 0.09
Design Ambient Temperature, Dry Bulb, ◦C 5.6
Design Ambient Temperature, Wet Bulb, ◦C 2.8
Design Ambient Relative Humidity, % 62

The values in Table 4.3 are annual average values and will serve as input for the steady

state simulations of the plant in ASPEN Plus R©.

The air composition at the plant site is shown in Table 4.4.

Table 4.4: Plant Site Air Composition

Component Mole-%

Oxygen 20.81
Nitrogen 77.59

Argon 0.93
Carbon dioxide 0.03

Water 0.64
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Montana is located in the western United States and limited water supply for cooling

has to be taken into account. Hence, for cooling a combination of a dry air-cooled condenser

and a mechanical draft, evaporative cooling tower is used in the process design. Considering

an ambient wet bulb temperature of 2.8 ◦C and using an 11 ◦F temperature approach, a

cooling water temperature of 9 ◦C is obtained [24]. The cooling tower range is assumed to be

11 ◦C. Evaporative losses in the cooling tower account for 0.8 % of the water circulation flow

rate per 5.5 ◦C of range [56]. Drift losses are assumed to be 0.001 % of the recirculation flow

rate [56]. Blow down losses are based on a medium level water quality and the assumption

that drift losses are very small compared to other losses. Therefore, the following equation

can be used to calculate the blowdown [56]:

Blowdown =
Evaporative Losses

Cycles of Concentration − 1
(4.1)

Cycles of Concentration is a function of the water quality and describes the ratio of

the concentration of dissolved solids in the blowdown water compared to the make-up water,

a medium value of 4 is assumed in this study[24]. Raw water makeup is obtained to 50 %

from publicly owned treatment works and 50 % from groundwater. Raw water makeup is

considered as water withdrawal that is used in the plant for any purpose. The net-water

consumption is determined by the difference between water withdrawal and process water

returned to the water source. In order to reduce the water footprint, water is internally

recycled, e.g. boiler feed water or condensate is used to offset water demand [24].

The dry cooling initial temperature difference is 26 ◦C, which is in the typical design

range of air cooled exchangers (22− 31 ◦C). Dry cooling is assumed to have an auxiliary

load factor of 3.5 compared to an equivalent wet cooling system [24].

Carbon dioxide is stored in a 171 m thick saline formation at a depth of 1239 m. The

pressure of the formation is 84 bar, which is representative for an average storage site. The
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injection rate per well is determined to be 9360 t
d
. For the transport of about 80 km, the

carbon dioxide needs to be compressed to a pressure of 153 bar before it leaves the plant

to reach the storage facility at a high enough pressure [57]. The CO2 is injected into the

pipeline as super critical fluid and maintained at supercritical pressure at all times to prevent

transients similar to water hammer [58]. A high purity of CO2 is required to avoid corrosion.

Limits of trace components are listed in Table 4.5 [57].

Table 4.5: CO2 Pipeline Specifications

Parameter Unit Value

Inlet Pressure bar 153
Inlet Temperature ◦C 35
N2 ppm <300
O2 ppm <40
Ar ppm <10
H2O ppm <150

The IGCC plant site itself is assumed to be of level topography and accessible by rail

and highway. The size of the site is estimated to be 300 acres which includes a buffer zone

and fencing [24].

4.1.3 Common Process Areas

The following section provides an overview of modeling approaches of various IGCC

key components and their performance estimation. Common process areas are defined as

processes that are found in the state-of-the-art cold gas cleanup scenario as well as the warm

gas cleanup scenarios.
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TRIGTM Gasifier and Coal Preparation

The TRIGTM gasifier has been developed specifically for low rank coals. Most existing

coal gasification technologies show good performance on high rank coals but suffer significant

losses when utilizing low rank coals. The TRIGTM gasifier design is based on fluidized

catalytic crackers as used in the petroleum industry and is a circulating bed reactor. The

gasifier consists of a mixing zone, riser, presalter cyclone, standpipe cyclone, loop seal and

J-leg. A schematic of the gasifier is shown in Figure 4.1.

Figure 4.1: Design of the TRIGTM gasifier [59].
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The oxidant, air or pure oxygen, is fed into the gasifier at the bottom and/or mid-

dle section of the mixing zone where it is mixed with the recirculated coal particles. The

exothermic oxidation reactions generate the heat for the endothermic gasification processes.

The gasifier typically operates between 871− 982 ◦C [24]. These temperatures are relatively

low compared to other gasification technologies which allows the usage of less expensive ma-

terials for construction. Because of its low operating temperature, the TRIGTM gasifier is

able to efficiently handle high moisture, high melting point, high ash content coals. The ash

is removed at the bottom of the stand pipe and mixing zone in form of dry ash. Coal is added

in the upper section of the mixing zone as dry feed. The high recirculation rates obtained

in the TRIGTM gasifier allow the feeding of larger particle sizes of up to 2 cm [24]. More

flexibility and overall larger particle sizes save money in the coal preparation section of the

plant. The high velocities and recirculation rates create a highly turbulent flow regime. As a

result, intensive mixing of coal particles and gas is achieved in the riser. The enhanced heat

and mass transport promote rapid gasification and reduce the formation of hydrocarbons,

oils and tars. In order to obtain high carbon conversion efficiencies, cyclones are employed

to recycle unreacted carbon. The unreacted carbon and ash particles are collected in the

stand pipe where ash is removed first and the unreacted coal is fluidized with recycled syngas

before it is transported back to the mixing zone. This design makes the TRIGTM gasifier

unique and highly suitable for low rank coals. The more reactive low rank coals can be easily

gasified at lower temperatures which leads to a higher thermal efficiency of the gasifier. A

lower operating temperature also diminishes the penalty of high moisture and ash content

compared to high temperature reactors. Furthermore, the lower operating temperature pro-

motes the formation of methane which has a higher heating value and boosts the cold gas

efficiency. When considering pre-combustion carbon capture, however, this can limit the

carbon capture efficiency.

In order to simulate coal in ASPEN Plus R©, a non-conventional stream class is defined

and the coal’s characteristics are based on its proximate and ultimate analysis. Structural
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effects of the organic compounds are not of major importance in gasification [7] and are

not considered. Before the coal is fed into the gasifier, it is dried to a moisture content of

18 wt−% in a roll mill incorporated flash dryer which operates at a superheat of 13.9 ◦C.

The drying air – nitrogen enriched air to keep the oxygen level below 11.3 vol −% due to

safety concerns – is heated to 232 ◦C (which is safely below the devolatilization and autoigni-

tion temperature of PRB coal, 432± 4 ◦C [60] and 357 ◦C [61]) and dries the coal particles

in a drying column. Subsequently, the coal is separated from the gas stream by cyclones and

a bag house. The moisture rich gas is moved by an induced draft fan to the cooling section

where the moisture is condensed. The gas is then recycled to the heater which is supplied

with intermediate steam [24, 52, 62, 63].

The gasifier performance is calibrated based upon the syngas composition used in [24].

The operating pressure is 42 bar and the operating temperature is 982 ◦C. The resulting

carbon conversion efficiency under these conditions is 98 %. Oxidant for the operation of

the gasifier is supplied by an ASU, which delivers oxygen at a purity of 95 vol −%. The

specific oxidant consumption, ratio of oxidant to dry coal, used in this study is 0.661 on a

mass basis.

The model chosen to simulate the gasification process is a pseudo-equilibrium tempera-

ture approach. This empirical approach has been shown to predict the TRIGTM performance

most accurately [54]. Based upon the elements present in the above-mentioned coal, the fol-

lowing set of chemical equations is used to predict the syngas composition:

C +
1

2
O2 −−⇀↽−− CO (4.2)

C + H2O −−⇀↽−− CO + H2 (4.3)

C + 2 H2 −−⇀↽−− CH4 (4.4)

2 C + H2 + N2 −−⇀↽−− 2 HCN (4.5)
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S + H2 −−⇀↽−− H2S (4.6)

Cl2 + H2 −−⇀↽−− 2 HCl (4.7)

H2S + CO2 −−⇀↽−− COS + H2O (4.8)

N2 + 3 H2 −−⇀↽−− 2 NH3 (4.9)

H2 + CO2 −−⇀↽−− H2O + CO (4.10)

C2H6 + H2 −−⇀↽−− 2 CH4 (4.11)

C3H8 + 2 H2 −−⇀↽−− 3 CH4 (4.12)

C4H10 + 3 H2 −−⇀↽−− 4 CH4 (4.13)

In order to obtain the same syngas composition as in [24], the equilibrium temper-

ature for each individual equation is adjusted until the composition matches the reported

in [24]. The resulting pseudo-equilibrium temperatures do not have a physical meaning as

they account for kinetic effects within the gasifier. Not all reactions inside the gasifier will

reach thermodynamic equilibrium due to limitations in heat and mass transfer as well as res-

idence time. The determined pseudo-equilibrium temperatures are only used to determine

the syngas composition; the outlet syngas temperature is set by the operating temperature.

Differences in energy resulting from chemical reaction enthalpies and heat content of the

leaving syngas prescribe the thermal losses to the environment. When establishing the gasi-

fier model, it is important to include the syngas recycle stream which has an influence on

the pseudo-equilibrium temperatures. Before the recycle steam is fed back into the gasifier,

it is cooled to 343 ◦C while raising high pressure steam. Subsequently, the syngas stream

passes through a particulate control device, which is purged periodically with a fraction of

the recycle stream. A fraction of the syngas stream leaving the particulate control device is

used as the recycle stream and is compressed to the required pressure of 45.9 bar.
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Air Separation Unit

The flow sheet and operating principle of an air separation unit have been discussed

previously in Section 2.1.2. For this study, air is not extracted from the gas turbine com-

pressor for use in the ASU. The simulations use an elevated pressure ASU with a main

compressor discharge pressures of 13.1 bar. For IGCC applications where high-pressure oxy-

gen for the gasifier and high-pressure nitrogen as GT diluent are needed, power requirements

and equipment size can be reduced by using an elevated pressure ASU. Injecting nitrogen

into the gas turbine has a number of benefits: increased mass flow, increased power output

at lower firing temperature and lower NOx emissions. For this purpose, the syngas’s heating

value is ideally reduced to 4.2− 4.8 MJ
Nm3 . To meet this target, the syngas is additionally

humidified before being injected into the GT.

The ASU uses an air compressor that is powered by an electric motor and the air

supplied to the compressor is filtered prior to compression. The air compressor is a cen-

trifugal compressor with intercooling to reduce the power requirement. Then, the air is

passed through an adsorbent based pre-purifier, which removes water, carbon dioxide and

hydrocarbons from the air. Regeneration is achieved by purging with hot nitrogen. A small

stream of air is withdrawn for supplemental instrument air. Booster compressors compress

two split streams to provide the cooling duty required for the cryogenic separation. Then

the air is fed into the cold box. Inside the cold box, the air is rectified with oxygen as bottom

product and high-pressure nitrogen as overhead product. The liquid oxygen is supplied to

the low-pressure column and further rectified producing 95 %-pure oxygen and low pressure

nitrogen. The oxygen leaving the bold box as liquid is pumped to a pressure of 8.6 bar

before leaving the ASU and is vaporized against high pressure feed air. After leaving the

ASU, nitrogen and oxygen are further compressed to gasifier or GT supply pressure. The

separation performance of the cold box is calibrated with the results from [24].

In the case of warm gas cleanup where the treated syngas has a much higher moisture
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content, less nitrogen is required for injection into the gas turbine. This will affect the ratio

of nitrogen to oxygen produced by the ASU and thus the performance. An effective way of

modeling this change in the nitrogen to oxygen ratio is to comprise the ASU of an elevated

pressure section and a low-pressure section [64]. The elevated pressure ASU is sized based

upon the nitrogen demand and the low-pressure ASU is sized based on the oxygen demand

that cannot be provided by the elevated pressure ASU. This design was common practice

before gas supplier companies combined both processes into a single ASU. Nevertheless, the

performance of ASUs can be approximated very well using this method [65]. The main com-

pressor discharge pressures in this design are 13.1 bar and 4.6 bar, respectively. The oxygen

leaves the low-pressure ASU at a pressure of 1.0 bar and a purity of 95 %.

Water-Gas-Shift Reactors

In order to enable pre-combustion carbon capture, the carbon needs to be captured in

the form of carbon dioxide. Carbon dioxide has no enthalpy of combustion and is the desired

form for carbon removal. However, the syngas leaving the gasifier contains large amounts

of carbon monoxide (note: in some cases also methane). This carbon monoxide needs to be

converted to carbon dioxide which is accomplished by the water-gas-shift reaction (WGS).

CO + H2O −−⇀↽−− CO2 + H2 (4.14)

In order to prevent the deposition of elemental carbon on the catalysis, a certain steam

to carbon ratio needs to be maintained. Furthermore, the addition of steam helps to shift

the equilibrium of the WGS reaction to the right side. The formation of whisker carbon is

determined by evaluation of the thermodynamic equilibrium between carbon, hydrogen and
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oxygen. Furthermore, the formation of Fischer-Tropsch liquids and/or methanol is critical for

the operation of shift reactors. Details on equilibrium calculation and avoidance of Fischer-

Tropsch liquids will be discussed in Section 4.4.2.

There are two possible locations for the water-gas-shift reactor: upstream of the AGR

(sour shift) or downstream of the AGR (sweet shift). Sweet shifting requires less stringent

specifications on the metallurgy but has other disadvantages. In the case of classical cold

gas cleanup, sweet shifting involves more heating and cooling steps since the water-gas-shift

reaction operates at 200− 400 ◦C and sulfur removal and carbon removal are low temperature

processes. Another important aspect is that the raw syngas leaving the scrubber contains

water which already accounts for some of the water required to achieve the necessary steam

to carbon monoxide ratio. If the WGS reactor is located downstream of the AGR, this water

vapor would be condensed and would have to be re-injected, which causes additional losses.

Beyond that, the sour shift catalysis supports hydrolysis reactions, e.g. of COS, which makes

the hydrolysis reactor redundant in the case of sour shifting.

COS + H2O −−⇀↽−− CO2 + H2S (4.15)

HCN + H2O −−⇀↽−− NH3 + CO (4.16)

As a result of the above-mentioned reasons, a sour gas shift reactor is used in this study.

Due to the exothermic character of the water-gas-shift reaction, the reactor is comprised of

several stages with intercooling. The released heat is used to raise intermediate pressure

steam and superheated shift steam. In the WGS reaction, higher reaction temperatures are

favorable from a kinetic point of view and reduce reactor size, however, thermodynamics

favor low temperatures to shift the equilibrium to CO2. The lifetime of shift catalysts ranges

from 2-4 years depending on the trace components present in the syngas. Origin of this

necessary replacement at the end of the catalyst’s lifetime is the deactivation of the catalyst
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which impacts the kinetics and conversion. The shift reactors in the ASPEN R© simulation

use an equilibrium temperature approach of 13.9 ◦C to account for catalyst deactivation and

middle of run conditions.

Mercury Removal

The mercury content of PRB coal is 0.081 ppm on a dry basis [24]. Mercury constitutes

a hazard for human health and needs to be removed from the flue gas. For the removal a

carbon bed is used, which is able to remove about 95 % of the mercury. In the SelexolTM

scenario the mercury removal is conducted at low temperature which is important for the

removal efficiency of carbon beds. The bed is replaced after 24 months. Switching the bed

is not due to reaching full capacity. Instead, it is due to buildup in pressure drop, water and

other contaminates. With an estimated lifetime of 24 months, the bed is assumed to reach

mercury loadings of around 0.64 wt−% which is significantly below its maximum capacity

which can be as high as 30 wt−% [66]. For the warm gas cleanup, a high temperature

bed material is used. RTI is offering high temperature mercury removal beds for temper-

atures >200 ◦C together with their warm gas desulfurization process. The bed material is

not disclosed to the general public. It is likely that the Hg removal process is based on

a chemisorption process involving heavy metal beds. The lifetime of those high tempera-

ture sorbents such as lead, is much shorter and the bed has to be replace every 3 months.

Furthermore, RTI is developing sorbents for temperatures in the range 260− 315 ◦C [67],

however, the bed materials are kept confidential. It is possible that RTI’s materials of in-

terest are similar to the high temperature palladium based sorbents previously described [12].
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Power Island

The gas turbine generator used in this study is an advanced F-class turbine. Ad-

vanced F-class turbines are axial machines that operate at constant speed with variable

inlet guide vanes and advanced compressor aerodynamic engineering. It applies advanced

cooling technology combined with high temperature alloys, which allows it to reach higher

combustion temperatures compared to other conventional gas turbines. Turbines for high

hydrogen content syngas are assumed to be offered commercially in near future and prob-

lems like flame stability, flashback and NOx emissions will be solved. The turbine is modeled

as a non-intercooled axial compressor, combustor and a turbine-expander. For the model

it is assumed that the gas turbine has a fixed geometry and that the model has the same

geometry as in the calibration case. The performance of the turbine compressor, combustor

and expander are calibrated with the data provided in [24] which are obtained from vendors

and are specifically for the operation on syngas. In order to correct for differences in the gas

composition, the firing temperature is adjusted to maintain the same blade metal tempera-

ture as in the reference case [65].

TIT = TITR +
644.23

1.8
(yH2O,CO2 R − yH2O,CO2) (4.17)

TIT is the turbine inlet temperature in degrees Celsius and ∆yH2O,CO2 is the mole

fraction of water and carbon dioxide at the combustor outlet. Equation 4.17 corrects the

firing temperature based on the amount of water and carbon dioxide content in the syngas.

Water and carbon dioxide have high heat capacities which impact the heat transfer in the

expander. The pressure ratio is corrected by Equation 4.18 [65].

p = k · ṁ
√
TIT

M
(4.18)
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p is the pressure, k is a constant and obtained from the calibration, ṁ is the mass flow,

M is the average molecular weight and TIT is the turbine inlet temperature in Kelvin. For

the turbine operation it is important to determine the limit of operation. This limit is either

set by the shaft work or the air inlet flow which change with ambient pressure and tempera-

ture. Under ISO condition the generator terminal can generate a maximum electrical power

output of 232 MW. The maximum mass flow through the turbine compressor at Montana

at the average air condition is 2, 897, 000 kg
h

.

The heat recovery steam generator unit produces HP, IP, and LP steam. High pres-

sure steam boiler feed water is pressurized to 136 bar and heated to 538 ◦C. A reheat cycle

together with the IP coils produce steam at 28 bar and 535 ◦C before it enters the lower

pressure steam sections. The steam leaving the LP steam turbine is condensed at 35 ◦C

partly by a water cooled condenser and partly by an air-cooled condenser.

4.1.4 Techno-Economic Analysis

The design of large scale plants with the size of several hundreds of megawatts like

the herein studied IGCC plants underlay limitations in the equipment capacity. Thus, it

is necessary to split equipment that reaches a critical capacity into several trains. In this

study, single train design is used with exception where capacity limitations require a second

train. Redundancies are not considered in the techno-economic analysis with the exception

that Pumps are always spared: either 2 x 100 % in case of single operating train or 3 x 50 %

in case of two 50 % operating trains. The design capacities of the IGCC subsystems in this

study are assumed as follows: two ASUs (2 x 50 %), two trains of coal preparation (2 x

50 %), two trains of TRIGTM gasification systems (2 x 50 %), two trains of syngas cleanup

systems (2 x 50 %), two trains of SelexolTM or CO2-PSA (2 x 50 %), one train of Claus unit

or sulfuric acid unit (1 x 100 %), two gas turbine/HRSG tandems (2 x 50 %), one steam
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turbine (1 x 100 %).

Gas turbines constitute one of the largest and most expensive equipment in an IGCC

power plant and are typically purchased off the shelf. Other equipment like the gasifier will

be adjusted in size to provide enough syngas to operate the gas turbine at full load condi-

tions.

The plant costs are based on total plant costs (TPC) estimated for the year 2011.

The TPC includes: cost of process equipment, on-site facilities and infrastructure that sup-

port the plant, direct and indirect labor and engineering services, procurement and con-

struction (EPC). EPC includes the detailed equipment design, contractor permitting and

project/construction management costs. In order to obtain cost estimates for the investi-

gated IGCC concepts, comparable process equipment is scaled to the required capacity using

Equation 4.19.

SC = RC ·
(
SP

RP

)u
· (1 + AER)SY−RY ·

(
TS

TR

)0.9

(4.19)

SC represents the scaled cost, RC represents the reference cost, SP is the scaled

parameter and RP is the reference parameter used to scale the equipment. u is the scaling

exponent, AER the annual escalation rate, SY the scaled year and RY the reference year.

TS is the number of trains/purchased number of equipment of the scaled plant and TR is

the number of trains/purchased number of equipment in the reference case. The exponent

0.9 accounts for the cost reduction when more than one of the same pieces of equipment is

purchased and installed. The expected accuracy of this methodology for cost estimation is

expected to be in the range of −15 % to +30 %.

A summary of the parameters used in this study is provided in Table 4.6. Values

have been derived from [5, 24, 65, 68, 69, 70]. Transport cost, storage cost and monitoring

cost (TS&M) for CO2 sequestration are not included in the TPC but will be accounted for
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separately.

Operating and maintenance costs are expenses associated with the daily operation of

the power plant and include: operating labor, maintenance material and labor, administra-

tive and support labor, consumables, fuel, waste disposal and byproduct sales. Operating

and maintenance cost can by separated into fix and variable costs. Fix costs are comprised

of annual operating labor, maintenance labor, administrative and support labor as well as

property tax and insurance. For the operation of the plant 2 skilled operators, 10 regular

operators, 1 foreman and 3 technicians are needed who are assumed to be paid an average

hourly salary of 39.70 $
h
. The operating labor burden is estimated at 30 % and the overhead

charge rate is assumed to be 25 % at a plant capacity factor of 1.0. The maintenance labor

is approximated as 35 % of the total maintenance cost which is determined on basis of indi-

vidual cost relationships to each of the initial unit cost. Administrative and support labor

are expressed as 25 % of operating and maintenance labor. Property tax and insurance costs

are considered to be 2 % of the TPC.

Variable operating and maintenance costs are impacted by the plant’s availability.

Variable costs include: maintenance cost as well as consumables like fuel, water, catalysts,

sorbents but also byproducts (byproducts generate credit). Catalysts, sorbents and other

process solutions require an initial fill before the plant can operate which has to be considered

in the cost analysis. Consumables are evaluated on their consumption rate which varies for

different types of catalysts and sorbets. Furthermore, costs associated with their disposal

after reaching their end of life are accounted for. Base values for major operating costs are

provided in Table 4.7.

Costs for CO2 transport, storage and monitoring are treated separately. For CO2

storage in an average saline formation, the cost of CO2 transport, storage and monitoring

are 22.00 $
t

[71].

The global economic assumptions for the financing structure are an income tax rate of
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Table 4.7: Operation Cost Basis

Compound Unit Cost in $ per Unit Year

Feed
Coal US ton 19.63 2011

Water gal 1.67 2011
Product (Credit)

Sulfur US ton 99.00 2011
Sulfuric Acid US ton 95.70 2011

Catalyst
Desulfurization, ZnO US ton 25,230 2011

Sour Shift, Mo/Co-based m3 17,620 2007
LT Sweet Shift, CuO/ZnO/Promoter m3 16,900 2016

HT Sweet Shift, Fe/Cr/Cu m3 6,690 2015
IT Sweet Shift, CuO/ZnO/Cr m3 12,120 2016

Reforming, Ni/Ca-Al2O3 m3 17,520 2014
Sulfuric Acid Plant, V2O5 ft3 84.32 2011

Claus Catalyst ft3 203.20 2011
Catalytic CO2 Combustor ft3 3,770 2011
Carbon Capture Sorbent lb 1.67 2011

Trace Contaminant Sorbent kg 14.75 2011
Activated Carbon Bed lb 1.63 2011

SelexolTM Solution gal 36.79 2011
MU & WT Chemicals lb 0.27 2011

Waste Disposal
Activated Carbon Bed lb 0.65 2011

Slag US ton 25.11 2011
Desulfurization, ZnO US ton 25.11 2011

Sulfuric Acid Plant, V2O5 ft3 20.37 2002
Carbon Capture Sorbent lb 0.65 2011

Data from vendors and recalculated from [5, 24, 65, 68]

36 % comprised of an effective federal tax of 34 % and 6 % state tax. Capital depreciation

has a declining balance of 150 % over the course of 20 years. Investment tax credits are

not considered in the financial analysis as well as tax holidays are assumed to be 0 years.

Debt financing is of non-recourse type which secures debt is limited to the real assets of the

project. Debt is repaid over a period of 15 years with no grace period and/or debt reserve

funds. Expenditure period for coal power plants is typically 5 years and an operational

period of 30 years is assumed which results in an economic analysis period of 35 years.

Capital cost escalation during expenditure is assumed to be 3.6 %. The total capital of
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overnight capital during the 5-year expenditure period is distributed as follows: 10 %, 30 %,

25 %, 20 % and 15 %. 100 % of the total overnight capital is depreciated. Cost-of-electricity

(COE), operating and maintenance costs as well as fuel costs are assumed to have an annual

inflation rate of 3.0 %.

Treating an IGCC project as a high-risk project will require an equity of 55 %. With a

current dollar cost of 5.5 % (debt) and 12 % (equity), this results in a weighted capital cost

of 8.13 % after tax. According to [24], this financing structure can be approximated with a

capital charge factor (CCF) of 0.1243.

The first year COE can be approximated using the following Equation 4.20

COE =
(CCF )(TOC) +OCfix + (CF )(OCvar)

(CF )(MWH)
(4.20)

COE is the cost of electricity in the first year, CCF is the capital charge factor, TOC

is the total overnight capital, OCfix total fixed annual operating cost, OCvar total variable

annual operating cost, CF the capacity factor of the plant and MWH annual net-megawatt-

hours generated at 100 % capacity factor.

Measures for the additional expenses of carbon capture are expressed in Cost of CO2

Capture and Avoided Cost.

Cost of Capture =
COEwith CC − COEwithout CC

CO2Captured
(4.21)

AvoidedCost =
COEwith CC − COEwithout CC

CO2Emissionswithout CC − CO2Emissionswith CC

(4.22)

The difference between these equations lies in the origin of the carbon emissions. Car-
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bon capture requires energy input and thus increases the carbon emissions per unit output of

the plant with carbon capture. As a result, Avoided Cost is more commonly found as basis

for comparing carbon capture since it accounts for the effect of increased emissions. Refer-

ence costs for the calculation of the Cost of Capture and Avoided Cost are taken from [24, 25].

4.2 Development of a Dual-Stage SelexolTM Scenario

The SelexolTM case is the base case scenario and will function as a state-of-the-art

reference case for the warm gas cleanup scenario.

Unique processes in this case are the SelexolTM acid gas removal unit and the Claus

unit for production of elemental sulfur. Modeling approaches of these units will be briefly

discussed below.

4.2.1 Acid Gas Removal

This study uses a state-of-the-art dual-stage SelexolTM process for the removal of acid

gas. The flow diagram and fundamental operating principles have been discussed in Section

2.1.2. Since the syngas pressure is very high, the solvent used in the SelexolTM process works

on the principle of physical absorption (Henry’s Law) which has a much higher capacity

than chemical solvents at these pressures. As a result, the absorption of gases is highly

dependent on the gas temperature. The lower the temperature, the higher the capacity of

the solvent. The gas inlet temperature in this study is chosen to be 35 ◦C at a pressure of

30.5 bar. In the first column H2S is removed selectively and regenerated along with some

CO2 and sent to the Claus unit. The second column removes the remaining CO2 which is
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flashed off the solvent in three stages. The first stage is recycled to the absorber column

and the following two stages produce pure CO2 for sequestration. With the multi-stage

flash design, CO2 compression work can be reduced to make the process more efficient. In

general, the SelexolTM process is capable of removing 99.77 % of the H2S and 97.5 % of the

CO2 [24] but with the high CO2 to H2S ratio in the PRB coal derived syngas it is necessary

to slip a significant amount of CO2 to maintain a high enough H2S concentration in the

acid gas stream. An advantage of the SelexolTM process is that only very little amounts of

hydrogen are dissolved in the syngas. The exact amount of hydrogen loss during acid gas

removal depends on the operating condition. In this study, the design resulted in a hydrogen

recovery rate of 99.4 %. The environmental target for sulfur dioxide emissions from coal

power plants are 0.0128
lbSO2

MMBtu
which corresponds to a sulfur concentration of 30 ppm in the

syngas. The performance of the SelexolTM process was calibrated with the data available in

[24].

4.2.2 Claus Unit

The Claus process produces elemental sulfur as a salable byproduct from hydrogen

sulfide. In the Claus process, a third of the hydrogen sulfide is first converted to sulfur

dioxide which is then converted to elemental sulfur by the Claus reaction.

H2S +
3

2
O2 −−⇀↽−− H2O + SO2 (4.23)

2 H2S + SO2 −−⇀↽−− 2 H2O + 3 S (4.24)

Elemental sulfur exists in the gas phase as S2, S6 and S8 with S2 predominant at higher

temperatures and S8 predominant at lower temperatures. The Claus unit can operate on
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air or pure oxygen. In this work, 95 % pure oxygen is used as oxidant. Main reason for

using pure oxygen is that the tail gas of the Claus unit can be recycled to the SelexolTM unit

without introducing nitrogen into the syngas. Another advantage of using oxygen instead of

air is that it reduces the cost of the Claus unit and since an ASU is needed regardless in this

setup, burning oxygen is more economical. However, using oxygen has no significant impact

on the sulfur recovery efficiency. A flow diagram of the 3-stage Claus unit implemented into

the simulation is shown in Figure 4.2.

COMBUSTOR

OXYGEN

ACID GAS

STEAM

BFW

CONDENSER

SULFUR PRODUCT

BFW STEAM

REHEATER REHEATER

CONDENSER CONDENSER

CLAUS REACTOR CLAUS REACTOR CLAUS REACTOR

TAIL GAS

SULFUR PRODUCT SULFUR PRODUCT

BFWSTEAMBFW STEAM

STEAM STEAM

Figure 4.2: Flow sheet of the three stage Claus unit.

In the combustor, one third of the acid gas is combusted with oxygen according to

Equation 4.23. The reaction is highly exothermic and takes place at around 1370 ◦C. Some

of the released heat is used to raise intermediate pressure steam. The SO2 rich stream is

mixed with the bypassed acid gas stream and reacts in the first Claus reactor according to

reaction 4.24. In the following condenser, sulfur is condensed while raising more steam. The

Claus reaction is assumed to reach equilibrium condition (due to sufficient residence time)

89



and the gas leaving the condenser is reheated and further converted in a second and third

Claus reactor to maximize the sulfur yield. The remaining tail gas is sent to the tail gas

treatment unit.

Tail gas treatment is required to meet the stringent environmental regulations if vented

to the atmosphere. The Claus process can recover about 95 % of the sulfur. With tail gas

treatment, sulfur recovery rates of up to 99.8 % can be achieved. Tail gas from the Claus

unit contains various sulfur species like COS, CS4, H2S, SO2 and elemental sulfur. In ad-

dition, there might be H2, CO and CO2 present in the tail gas. In order to remove these

compounds, they have to be catalytically converted to H2S. H2S can be captured with a

solvent or condensing water. In this case, the “clean” tail gas, which contains H2S, can be

recycled back to the acid gas removal unit.

4.2.3 Simulation Results

This section contains the evaluation of the IGCC plant design using the SelexolTM

process for carbon capture. A block flow diagram of the overall IGCC design is provided

in Figure 4.3 showing the major process streams. The corresponding stream summary with

information about stream temperature, pressure, flow rate, vapor fraction and composition

of the streams indicated in the flow sheet is given in Table 4.8.

The net power generated by this plant is 451, 634 kW which requires a coal input of

262, 678 kg
hr

. Significant amounts of heat (32, 463 kWt) in the form of intermediate pressure

steam are required to reduce the moisture content in the coal from initially 25.77 wt−%

to 18 wt−%. Coal drying is a substantial parasitic loss, however, it is necessary to enable

milling and feeding. Furthermore, drying the coal before it enters the gasifier is more effi-

cient as lower quality heat can be used compared to the heat available inside the gasifier.
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The thermal input to the gasifier in the form of coal based on the higher heating value

is 1, 451, 388 kWt which is converted at 982 ◦C to syngas with a higher heating value of

10, 744 kJ
kg

. This amounts to 85.2 % of the chemical energy bound in the coal being contained

in the gaseous chemical compounds formed (based on HHV). After the raw gas cooling, the

syngas temperature is lowered to 343 ◦C for bulk particulate removal by filters. Further

cooling and scrubbing removes fine particulates as well as water soluble contaminants such

as chlorides. The gas leaves the scrubber at its dew point. Wet scrubbing is advantageous

to dry cleanup when syngas shifting is needed. It is a comparatively simple process to re-

move fine particulates and other contaminates while pre-humidifying the syngas for shifting.

Before the syngas can enter the first shift reactor, the steam to carbon monoxide ratio is

adjusted to S/CO=2.80 to avoid carbon deposition. In order to prevent pore condensation

of water inside the catalyst pellets, the inlet temperature is set to 15 ◦C superheat. Details

regarding the setup of the shift reactors will be discussed in Section 4.4. After shifting 98.7 %

of the initial carbon monoxide is converted to carbon dioxide, the stream leaving the sec-

ond shift reactor has a dew point temperature of 184 ◦C. Cooling the stream close to room

temperature results in large amounts of high pressure water vapor being condensed and not

available for expansion in the gas turbine anymore. Furthermore, cooling the syngas down

to almost room temperature requires large amounts of cooling water. Raw water withdrawal

is already problematic in many areas and will gain importance in the future with respect to

a growing world population and changes in climate. In the dual-stage SelexolTM unit, the

hydrogen sulfide concentration is reduced to about 8 ppm while about 5 mol−% of carbon

dioxide remains in the decarbonized syngas. High purity carbon dioxide is obtained in two

pressure stages which is then dehumidified, to meet the pipeline specifications, and further

compressed to 152.7 bar. In order to minimize the compression work, 3-stage intercooled

compressors are used; however, the work associated with CO2 compression remains substan-

tial. In addition to the penalty of 28, 732 kW of electrical power input for CO2 compression

and 16, 421 kW for the SelexolTM unit, removing the high pressure carbon dioxide from the
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syngas lowers the mass flow through the expander of the gas turbine and thus the power

output. These are the major reasons why carbon dioxide removal has such a strong impact

on the plant efficiency.

The U.S. Department of Energy targets a carbon removal efficiency of 90 % [3]. How-

ever, this target was not achievable in this case due to the high methane content in the syngas

produced by the TRIGTM gasifier. About 9.2 mol−% of the total carbon in the syngas is

in the form of methane. Methane passes through the shift reactors and the SelexolTM unit

unreacted and is converted to carbon dioxide in the gas turbine combustor. Although 98.7 %

of the CO was shifted to CO2, only 83.4 % of the total carbon could be removed from the

syngas. An additional factor for this low carbon removal rate is the low CO2-yield achieved

in the SelexolTM process, which leaves about 5 % of CO2 in the decarbonized syngas. Similar

carbon capture for high methane content syngas has been found in [24]. In order to have a

fair comparison between this case and following cases, a carbon removal rate of 83.4 % will

be used as benchmark for the warm gas cleanup cases.

Before the decarbonized syngas is fed into the gas turbine, it is humidified and pre-

heated. Addition of water vapor helps to control NOx emissions and is more effective than

using nitrogen on a mole per mole basis. The extent of humidification however, is limited by

the amount of low temperature heat available for the humidifier and syngas humidification

alone is not sufficient to control the combustion process and supplementary nitrogen injection

into the gas turbine is needed. The two advanced F class gas turbines generate 424, 753 kW

of power at the generator terminals. The heat in the flue gas is recovered in a HRSG and

utilized in a steam Rankine cycle. The multi-stage steam turbine generates an additional

192, 173 kW of power at the terminals. The steam leaving the steam turbine has a mass va-

por fraction of 0.91. Condensation of the remaining steam is achieved by combined dry and

wet cooling. The total amount of cooling duty for steam condensation is 265, 216 kWt. This

amount is significantly less than cooling duties in conventional PC power plants since only

31.2 % of the generated power is generated by the Rankine cycle. The total duty of the cool-
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ing tower is 338, 995 kWt which evaporates about 7.0 m3

min
. The total net water withdrawal

of the plant accumulates to 14.45 m3

min
. The overall plant efficiency is 31.11 HHV −% which

is in good agreement with other results found in literature for IGCC plants with SelexolTM

carbon capture technology [5, 24, 33, 41, 45, 46, 48, 72]. A summary of the performance

data of the SelexolTM process based IGCC with carbon capture can be found in Table 4.9.

95



Table 4.9: Performance Summary of the Cold Gas Cleanup SelexolTM Case

Gross Power Generation Unit

Gas Turbine kW 424,753
Steam Turbine kW 192,173

Total kW 616,926

Auxiliary Load Unit
Coal Handling kW 511

Coal Milling kW 731
Coal Dryer Circulation Blower kW 2,564

Ash Handling & Dewatering kW 633
Air Separation Unit Auxiliaries kW 1,016

Air Separation Unit Main Compressor kW 54,543
Oxygen Compressor kW 7,436

Nitrogen Compressor kW 29,008
Syngas Recycle Compressor kW 1,553

Tail Gas Recycle Compressor kW 2,175
Carbon Dioxide Compressor kW 28,732

Boiler Feed Water & Demin. Pumps kW 5,445
Vacuum Condensate Pump kW 356

Process Condensate & SWS System kW 52
Humidifier & BFW Circulation Pumps kW 216

Cooling Water Circulation Pumps kW 2,830
Cooling Tower Fans kW 1,556

Air Cooled Condenser Fans kW 2,040
Scrubber Pumps kW 611

SelexolTM Unit kW 16,421
Gas Turbine Auxiliaries kW 996

Steam Turbine Auxiliaries kW 99
Claus & Tail Gas Treating Auxiliaries kW 251

Miscellaneous Balance of Plant kW 3,006
Transformer Losses kW 2,512

Total kW 165,292
Net Power Generation Unit

Net Power Output kW 451,634
Plant Performance Unit

Net Efficiency %-HHV 31.11
Net Heat Rate kJ/kWh 11572.0

Consumables Unit

As-Received Coal kg/h 262,678
Thermal Input kW-HHV 1,451,388

Raw Water Usage m3/min 14.45
Carbon Capture Unit

Carbon Recovery % 83.40
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4.3 Development of a PSA Warm Gas Cleanup Sce-

nario

Processes unique to this case are the warm gas sulfur removal unit, the sulfuric acid

plant and the warm gas carbon dioxide removal PSA. Modeling approaches of these units

will be briefly discussed below, followed by the simulation results.

4.3.1 Sulfur Removal

For warm gas desulfurization, a circulating bed adsorption process developed by RTI

is used. RTI, who is industrializing this process, has completed large scale pre-commercial

testing with over 3500 hours of total syngas operation at the Polk County IGCC. RTI’s test

facility uses a 20 % split stream of the raw gas produced at the Polk County IGCC which

is equivalent to a 50 MW plant scale. The syngas, cleaned in the test facility, is shifted

in sweet-shift reactors and 90 % of carbon is removed in a downstream aMDEA R© process.

The sulfur dioxide produced in the regeneration loop of RTI’s desulfurization unit is used

to produce sulfuric acid. The technology is now ready for demonstration and deployment at

full commercial scale.

RTI’s desulfurization process consists of an adsorber and regenerator which are illus-

trated in Figure 4.4.

In the adsorber, the raw syngas is mixed with the regenerated zinc oxide sorbent which

is entrained in the gas flow and carried through the riser. This enables sulfur components

like H2S and COS to react with the sorbent to form ZnS. The riser typically operates in a

temperature range from 315− 535 ◦C. A great advantage of this process is the simultaneous

removal of H2S and COS. Most commercial processes can only remove one or the other and

a conversion reactor is needed before the sulfur can be removed. The chemical reactions of
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Figure 4.4: Process diagram of the warm gas sulfur removal unit.

H2S and COS with zinc oxide are described in equations 4.25 and 4.26.

ZnO + H2S −−⇀↽−− ZnS + H2O (4.25)

ZnO + COS −−⇀↽−− ZnS + CO2 (4.26)

The performance of sulfur removal from the syngas by equations 4.25 and 4.26 is esti-

mated based upon the equilibrium data of the process generated by RTI [73].
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Figure 4.5: Warm gas sulfur removal equilibrium concentrations of hydrogen sulfide as func-
tion of temperature and syngas water content.

The used sorbent is separated from the clean syngas via a cyclone and accumulated

in a standpipe. Some of the used sorbent is recycled into the adsorber. The other portion

is regenerated in a regeneration loop. In the regeneration loop, a mixture of oxygen and

nitrogen is used to oxidize the ZnS at 650− 815 ◦C.

ZnS +
3

2
O2 −−⇀↽−− ZnO + SO2 (4.27)

After separation of the regenerated sorbent, the sorbent is collected in a second stand-

pipe and ready for reuse. The sulfur dioxide rich off gas can be used in a direct sulfur

recovery process, sulfuric acid unit or modified Claus unit. The overall process can operate

at pressures between 7− 82 bar and achieves sulfur removal rates of greater than 99.9 % [31].
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4.3.2 Sulfuric Acid Unit

Contrary to the SelexolTM scenario, the warm gas cleanup scenario uses a sulfuric acid

unit instead of a Claus unit. The RTI process described above for desulfurization regenerates

the sulfur in the form of SO2 (SelexolTM recovers H2S) which is more suitable for the synthesis

of sulfuric acid than elemental sulfur.

In a sulfuric acid unit, the sulfur dioxide is catalytically converted to sulfur trioxide

over a vanadium oxide based catalyst using air.

SO2 +
1

2
O2 −−⇀↽−− SO3 (4.28)

This reaction is strongly exothermic. In order to have the conversion efficiency ap-

proaching 99 %, the reactor is split into several layers with intercooling. Before the last

stage, some of the sulfur trioxide rich gas is fed into a pre-absorber to remove sulfur trioxide

from participating in the equilibrium resulting in a higher sulfur dioxide conversion. The

approximately 400− 430 ◦C hot sulfur trioxide stream is then introduced into the main ab-

sorber where the gas is scrubbed with sulfuric acid.

SO3 + H2SO4 −−⇀↽−− H2S2O7 (4.29)

Absorbing sulfur trioxide directly into water is not possible due to the highly exothermic

character of the reaction. Thus, water is added later to form sulfuric acid under more

controllable conditions.
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H2S2O7 + H2O −−⇀↽−− 2 H2SO4 (4.30)

The tail gas leaves the sulfuric acid unit through the stack and the raw sulfuric acid

can be sold as it is or further purified as required. A flow sheet of the described sulfuric acid

unit is shown in Figure 4.6

Catalytic 
Oxidation

Sulfur Dioxide

Air

Absorber Absorber

Catalytic 
Oxidation

Catalytic 
Oxidation

Catalytic 
Oxidation

Cooler

Acid Tank

Acid Tank

Water

Water

Sulfuric Acid to Purification

Stack

Figure 4.6: Flow sheet of the sulfuric acid unit.

4.3.3 CO2 Pressure Swing Adsorption

The warm gas carbon dioxide removal technology simulated in this study is based upon

a pressure swing technology developed by TDA Research, Inc. [64, 74]. Performance data

used in this study were provided from TDA and were collected under realistic operating

conditions at their demonstration site. TDA’s sorbent selectively removes carbon dioxide
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from syngas via physical adsorption without forming covalent bonds. The sorbent consists of

mesoporous carbon modified with surface functional groups. The heat of adsorption, 4.9 kcal
mol

,

is similar to the heat of absorption in the SelexolTM process, ≈ 4.0 kcal
mol

[74]. This reduces

the energy requirement for regeneration substantially compared to amine solvents and other

chemical sorbents. In order to maximize regeneration efficiency, a combination of tempera-

ture swing, pressure swing and concentration swing is used. Especially, the regeneration at

low pressure has a significant impact on the regeneration behavior and the required amount

of purge steam. Since the adsorption is carried out in a fixed bed (batch process), several

adsorption vessels are needed to enable continuous operation. Each adsorber will have to go

through several operation and regeneration stages. If the number of adsorbers is equal to the

number of process stages, a continuous operation is possible with one adsorber operation at

each process stage. Also the time period for each step plays an important role. If a step pro-

cess is short, two or more processes can be executed during the same operational stage. For

continuous operation TDA developed an 8 bed/8 stage cycle which in total involves 10 steps.

1. Carbon Dioxide Adsorption (ADS

2. Pressure Equalization to approx. 29.0 bar (EQ1D)

3. Pressure Equalization to approx. 23.4 bar (EQ2D)

4. Pressure Equalization to approx. 17.9 bar (EQ3D)

5. Blowdown to approx. 9.9 bar (CoDEP)

6. Regeneration at approx. 9.7 bar (Purge)

7. Pressure Equalization to approx. 17.2 bar (EQ3R)

8. Pressure Equalization to approx. 22.8 bar (EQ2R)
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9. Pressure Equalization to approx. 28.3 bar (EQ1R)

10. Pressure Equalization to approx. 33.2 bar (PRESS)

An illustration of the sequencing of the single steps is given in Figure 4.7.

Figure 4.7: Process stages of TDA’s pre-combustion carbon dioxide capture system using
solid sorbents [75].

An illustration of the bed cycling is provided in Figure 4.8. It shows the interplay

between the 8 different adsorbers during various stage of operation. All steps in each stage

are engineered to be completed at the same time and smooth transition into the next stage

of operation.

The data provided in Figure 4.7 and Figure 4.8 are as of 22nd August 2017 and might

be subject to modification as TDA is constantly working to improve its process. Several

test campaigns for proof-of-concept demonstrations have been completed at facilities at the

Wabash River IGCC and the National Carbon Capture Center in Wilsonville, AL. Through-

out the demonstration, the sorbent reliably removed carbon dioxide from the syngas while

the sorbent was able to maintain its activity and capacity. TDA’s sorbent based PSA tech-

nology is able to reduce the carbon dioxide content in the syngas from around 27.7 % to

less than 0.6 %. Furthermore, large scale sorbent production has been accomplished as well

as long-term testing with over 20,000 cycles. Pilot scale testing and commercial demonstra-

tion readiness are believed to be achieved in 2018 which makes this technology a promising

candidate for carbon removal in near future.
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Figure 4.8: Flow sheet of TDA’s pre-combustion carbon dioxide capture system using solid
sorbents [75].

4.3.4 Simulation Results

The integration of the warm gas clean-up PSA into the IGCC has effects upon pro-

cesses downstream of the first water-gas-shift reactor. The high temperature sulfur removal

unit operates best in the range between 315− 535 ◦C. By placing the sulfur removal unit

between the two shift reactors (after the high temperature shift reactor), the exothermic

water-gas-shift reaction can be used to heat the syngas to a temperature of about 393 ◦C

without external heat input. This temperature is sufficient to operate RTI’s desulfurization

technology in its designed temperature range. After desulfurization, the syngas is cooled and

fed into the second shift reactor. The second shift reactor is operated at a lower temperature

to maximize CO-shifting. In this scenario, the operation temperature of the second shift

reactor is kept at 204 ◦C to have identical conditions as in the cold gas clean-up scenario.

However, the catalyst used in the second shift reactor is a sweet shift catalyst (sulfur has
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been removed) based on Cu/ZnO/Al2O3 which is more active at lower temperatures than

the Fe/Cr-based sweet shift catalysts. The sulfur captured in the process described above

is oxidized using vitiated air and further converted to sulfuric acid in a sulfuric acid unit.

The shifted syngas is cooled to 199 ◦C before it passes through the mercury removal unit

and enters the CO2-PSA. The dew point temperature of the syngas at this point is 181.6 ◦C.

This allows the syngas to carry the added shift steam and water vapor from the scrubber

all the way to the gas turbine and makes the syngas humidification unit redundant. On a

dry basis both cases, the SelexolTM case as well as the warm gas PSA case, have an almost

identical syngas composition entering the CO2 removal unit. Inside the CO2 removal unit,

CO2 is adsorbed onto the adsorbent material. Regeneration of the bed material is achieved

by purging the vessel with medium pressure steam. Because the carbon removal yield of the

PSA process is much higher than the SelexolTM process, some of the syngas is bypassed to

obtain an overall carbon capture of 83.4 % to maintain consistency between the two cases.

The raw CO2 leaving the PSA needs to be conditioned before it can be injected into a

pipeline and stored underground. Water is condensed out by cooling the raw CO2 down to

20 ◦C. Together with the condensate, NH3 and HCN will be removed from the CO2 stream.

However, the stream still contains some syngas components like H2,CO and CH4, which are

introduced during the transitioning from syngas depressurization (at 9.9 bar) to steam purge

operation. These combustible components are oxidized in a combustor using oxygen from

the ASU. The generated heat is used to preheat the CO2 stream feeding into the combus-

tor and to raise high pressure steam for the Rankine cycle. Oxygen as oxidant is preferred

over air in this case, because an air separation plant is needed nevertheless and introducing

nitrogen into the carbon dioxide product stream should be avoided. Using oxygen increases

the adiabatic flame temperature and provides heat at a higher quality which allows raising

high pressure steam.

The entire raw CO2 conditioning section is fundamentally different to the SelexolTM

case which produces a very pure raw CO2 stream that only requires compression and dehy-
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dration. The CO2 outlet pressures of the SelexolTM process are 1.2 bar and 10.3 bar with

a stream mass flow ratio of 1.15:1. The outlet pressure of the PSA unit is 9.7 bar, which

means that over 34 % of the total CO2 compression power in the SelexolTM case is needed

to raise the pressure to the same outlet pressure of the PSA case. The specific compression

energy per kg carbon dioxide in the SelexolTM case is 262.94 kJ
kgCO2

whereas the compres-

sion energy per kg carbon dioxide in the PSA case is only 204.45 kJ
kgCO2

. Carbon dioxide

compression is one of the largest parasitic losses in the entire plant and plays a key role

in increasing the plant efficiency. Comparing the relative parasitic power consumption of

CO2 compression, the SelexolTM case consumes about 4.66 % of the generated power versus

only 3.69 % for the PSA scenario. The SelexolTM unit itself has a specific auxiliary load

of 150.28 kJ
kgCO2

. However, the SelexolTM process operates in two stages which allows for si-

multaneous syngas decarbonization and desulfurization. Thus, for the comparison with the

PSA cleanup technology, the auxiliary load of RTI’s desulfurization unit has to be included

in this analysis. The specific auxiliary load of RTI’s desulfurization unit is 15.90 kJ
kgCO2

. The

PSA unit has essentially no electrical power consumption as it operates upon the principle

of pressure swing, temperature swing and concentration swing. Nevertheless, it requires an

energy input in the form of medium pressure steam. The steam supplied to the PSA has

a temperature of 382 ◦C and 10.34 bar. The condenser in the bottoming Rankine cycle op-

erates at 32 ◦C and 0.05 bar. In order to convert the steam to energy, the same conversion

efficiency as used in the steam turbines in the simulation has been assumed. The resulting

energy input for the PSA in terms of lost electrical output is then 264.23 kJ
kgCO2

. Together

with the auxiliary load of the desulfurization unit, this totals in 280.13 kJ
kgCO2

for the PSA

unit. The SelexolTM unit also requires steam input. Steam to the SelexolTM unit is supplied

at 342 ◦C and 7.3 bar. Converting this to electrical power, another 94.00 kJ
kgCO2

of energy are

utilized in the SelexolTM process. For desulfurization, decarbonization and compression, the

specific auxiliary load for the SelexolTM and PSA cases are 507.22 kJ
kgCO2

and 484.58 kJ
kgCO2

.

Although the power requirement for the PSA unit is only 4.5 % lower per unit of captured
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carbon dioxide, the overall efficiency of the PSA case is 34.20 % and thus 9.9 % higher than

the SelexolTM case. Another reason for this substantial increase in efficiency is the decrease

in compression power in the air separation unit. Due to the lower nitrogen requirement of

the gas turbine, less air has to be compressed and that is why the main air compression

power dropped from 54, 543 kW to 36, 595 kW considering gas turbine air inlet flow limita-

tions. Similar to the main air compressor, the nitrogen compression power decreased from

28, 732 kW to 10, 500 kW. The power input for the oxygen compressor, however, rose at

the same time from 7, 436 kW to 12, 921 kW. The oxygen demand inside the plant stayed

almost constant even though an additional oxygen consumer in the PSA case scenario was

created. This amount of oxygen is so small that it is offset by the reduced oxygen demand

of the sulfuric acid unit versus the Claus unit. The increased oxygen compression power is

caused by the shift in the production ratio of oxygen to nitrogen. If there is no need for high

pressure nitrogen, it is more economical to produce the oxygen at ambient pressure. Later,

this low pressure oxygen needs to be compressed to the gasifier inlet pressure at a much

higher pressure ratio which drives up the power requirement of the oxygen compression.

Nevertheless, this increase in compression power is small compared to the savings in air and

nitrogen compression power. Translating this reduction of power to a per unit of captured

carbon basis, the energy savings in the ASU are 263.53 kJ
kgCO2

. This effect of the warm gas

cleanup upon the ASU further boosts the energy savings of the CO2-PSA technology. In ad-

dition, the significant amount of syngas humidification required in the SelexolTM case leads

to a large parasitic loss and is not needed in the warm gas cleanup case. With 216 kW the

auxiliary load is low but its utilization of 56.2 MWt of power in the form of heat, which

reduces the steam generation, is significant. Further differences in the auxiliary loads of the

sulfuric acid unit and the Claus unit can be identified. Both units operate near ambient

pressure; the reason why the electricity is generated in the PSA case is that the SelexolTM

unit uses the pressure differential to recover the sulfur species from the solvent, whereas the

RTI desulfurization unit recovers the sulfur at high pressure and uses the pressure differential
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to generate electricity through expansion of the sulfur dioxide rich stream.

The power output of a gas turbine can be limited by its shaft work or by its air in-

let flow. Shaft work limitation limits the power generation to an absolute maximum value

which is determined by the turbine/generator shaft. Air inlet flow limitation means that

the air mass flow that can be compressed by the gas turbine compressor limits the power

output. Gas turbines operate at a constant suction volume. At lower temperatures and

lower altitude, the air density is higher and more mass is compressed. Thus, it is more likely

to be limited by the shaft work. At higher temperatures and or elevation, less air can be

compressed. As a result, air inlet flow limitation is more likely. Both, the SelexolTM and

the PSA cases are limited by the compressor air flow, which determines the scale of the

other plant equipment. With respect to the economic analysis, it is important to scale the

plant with the gas turbine. Gas turbines are non-customized off-the-shelf items. Since they

represent the largest single item cost of the plant, the rest of the plant is scaled to full load

gas turbine operation.

The total gross power generation of the warm gas cleanup case is 584, 936 kW scaled

to full load gas turbine operation with 401, 657 kW (68.7 %) generated by the gas tur-

bine generator and 183, 279 kW (31.3 %) generated by the steam turbine generator. The

gross electricity generation in the warm gas cleanup case is significantly less than that for

the SelexolTM case with a total gross power of 616, 926 kW (424, 753 kW (68.8 %) by GT,

192, 173 kW (31.2 %) by ST). One reason for this is the increased efficiency of the warm gas

cleanup scenario. Higher efficiency leads to a reduced coal mass flow. The coal mass flow

of the warm gas cleanup scenario is reduced to 253, 356 kg
h

, which is a reduction of 3.4 %

compared to the SelexolTM case. This reduction is directly proportional to the thermal input

and leads to a reduction in the power output. However, comparing the SelexolTM and warm

gas cleanup cases on basis of constant coal feed rate a reduction in the total gross power

output is observed, as well.

The power output of the warm gas cleanup scenario with a coal feed rate of 262, 678 kg
hr
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is 606, 458 kW, which is about 98.3 % of the SelexolTM case. The reason for this is the higher

water content of the syngas in the warm gas cleanup scenario. The syngas composition leav-

ing the CO2-PSA and the SelexolTM unit are identical within a margin of 0.5 %− points

on a dry basis. On a wet basis, the PSA case contains 49.9 mol−% of water, whereas

the syngas leaving the SelexolTM unit is essentially free of water. After humidification, the

water content in the syngas in the SelexolTM case rises to 21.7 mol−%. The amount of

required nitrogen diluent in the SelexolTM case was established in [24]. For the warm gas

cleanup scenario, the nitrogen diluent was adjusted to achieve the same level of NOx emis-

sions. Water has a higher specific heat capacity and is much more efficient in suppression

NOx formation than nitrogen on a mole per mole basis. This leads to the lower nitrogen

requirement in the warm gas clean up scenario and ultimately results in a smaller GT fuel

mass flow rate in the warm gas cleanup scenario. The major diluent in the cold gas clean

up scenario is nitrogen (45.0 mol−%) with 11.9 mol−% water. In the warm gas cleanup

scenario, the syngas injected into the gas turbine has a nitrogen content of 12.5 mol−% and

a water content of 42.7 mol−%. This also impacts the heating value of the syngas, which

is 7, 990 kJ
kg

in the Selexol case and 11, 444 kJ
kg

in the warm gas cleanup case. The higher fuel

mass flow required in the SelexolTM case (including diluent) increases the mass flow through

the turbine expander and subsequently the power output. Additionally, the higher water

content in the syngas leads to a reduction of the turbine firing temperature of 23 ◦C in the

CO2-PSA case which is equivalent to a reduction of the gas turbine power output by 3.1 MW

and the steam turbine power output by 3.9 MW on a constant coal flow basis just because

of the reduced firing temperature.

Although the gross power generation in the warm gas cleanup scenario decreased, an

increase in the net power generation can be observed. The net power generation of the

SelexolTM case is 451, 634 kW. The warm gas cleanup scenario scaled to full turbine load

reaches a net generation of 478, 819 kW. The net power generated in the warm gas cleanup

scenario at constant coal feed rate is 496, 436 kW. This increase in the net power generation
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is mainly due to the reduction of the auxiliary load from 165, 292 kW to 106, 118 kW (fully

loaded GT)/110, 022 kW (constant coal flow rate), due primarily to the reduction of com-

pression work associated with the ASU and CO2 compression as discussed above.

The water consumption in the warm gas cleanup scenario rose from 14.45 m3

min
to

14.64 m3

min
if scaled to full turbine load or 15.18 m3

min
if compared on a constant coal feed

rate basis. The following discussion is based on a constant feed flow rate. Although the

majority of the power in an IGCC power plant is generated by the gas turbine, a significant

amount of power is still generated in the Rankine cycle. Comparing the power output of

the Rankine cycle of the two cases, it can be seen that the power output in the warm gas

cleanup case was reduced by 2150 kW at a constant coal feed rate. This ultimately leads to a

reduction of the steam condenser cooling load (from 264, 685 kWt to 247, 417 kWt) required

by the Rankine cycle and a reduction in the water usage. However, this trend is not reflected

in the total water consumption of the plant. The two main outlets for water are the cooling

tower and the HRSG exhaust. The cooling tower duty was reduced from 338, 316 kWt to

262, 562 kWt, which is due to the reduced cooling load of the Rankine cycle, reduction of

cooling load during gas compression in the ASU and CO2 compression as well as elimination

of syngas cooling before and within the SelexolTM process. Evaporative water loss through

the cooling tower was lowered from 7.0 m3

min
to 5.4 m3

min
. Together with the evaporative losses

in the cooling tower, the cooling tower blowdown is reduced by 0.5 m3

min
. However, the HRSG

exhaust in the warm gas cleanup scenario exhibits a much higher water concentration than

the cold gas cleanup case where the major diluent is nitrogen. The stack in the cold gas

cleanup case emits liquid water equivalents of 5.4 m3 per minute. The warm gas cleanup

scenario emits a water equivalent of 8.2 m3 of liquid water per minute. A detailed summary

of all major streams containing water entering and leaving the plant is given in Table 4.10.

Comparison of the water usage within the plant on a constant coal flow rate is easier

when comparing single items. However, comparison of the total water consumption should

be done on a normalized basis with respect to the final product, electricity (net power).
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Table 4.10: Water Usage of CO2-PSA Warm Gas Cleanup Base Case at Constant Coal Flow
Rate

Unit Cold Gas Cleanup Warm Gas Cleanup

Coal Flow Rate kg/h 262,678 262,678
Water Inlet

Coal Moisture m3/min 1.132 1.132
Combustion Product m3/min 1.326 1.326
Raw Water Makeup m3/min 14.449 15.178

Air ASU m3/min 0.041 0.040
Air GT m3/min 0.193 0.200

Air H2SO4 Unit m3/min 0.000 0.001
Total m3/min 17.141 17.877

Water Outlet

HRSG Stack m3/min 5.424 8.218
Steam Cycle Vent m3/min 0.203 0.114

Waste Water Blowdown m3/min 0.011 0.011
Demin Blowdown m3/min 1.968 2.071

Cooling Tower Makeup m3/min 9.360 7.249
Ash Handling m3/min 0.173 0.173

Product Stream H2SO4 Unit m3/min 0.000 0.026
H2SO4 Unit Stack m3/min 0.000 0.015

CO2 Dryer Vent m3/min 0.004 0.005
ASU Dryer Vent m3/min 0.021 0.018

Total m3/min 17.164 17.900
Water Balance Unit

Balance Difference % 0.133 0.128

The warm gas cleanup case consumes more water but also generates more electricity. These

effects can be levelized by using the specific water consumption of the plant. The cold gas

cleanup case has a specific water consumption rate per net generated power of 1.9197
m3

water

MWhNet
.

On a normalized basis, the warm gas cleanup scenario has a specific water consumption of

1.8345
m3

water

MWhNet
which is 4.44 % lower than the cold gas cleanup case.

A flow sheet of the warm gas cleanup scenario is provided in Figure 4.9. The corre-

sponding stream summary for the fully loaded turbine case is shown in Table 4.11 and a

stream summary of the case with constant coal feed rate is provided in the appendix Table

A.1. A total plant performance summary comparing the warm gas cleanup case with fully

loaded turbine and constant coal feed flow rate is given in Table 4.12.
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Table 4.12: Performance Summary of the of the CO2-PSA Warm Gas Cleanup Base Case

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 401,657 416,436
Steam Turbine kW 183,279 190,023

Total kW 584,936 606,458
Auxiliary Load Unit

Coal Handling kW 493 511
Coal Milling kW 706 731

Coal Dryer Circulation Blower kW 2,474 2,565
Ash Handling & Dewatering kW 609 631

Air Separation Unit Auxiliaries kW 339 352
Air Separation Unit Main Compressor kW 36,595 37,942

Oxygen Compressor kW 12,921 13,396
Nitrogen Compressor kW 10,500 10,886

Syngas Recycle Compressor kW 1,498 1,553
Carbon Dioxide Purification & Compressor kW 21,586 22,381

Boiler Feed Water & Demin. Pumps kW 5,387 5,585
Vacuum Condensate Pump kW 342 355

Process Condensate & SWS System kW 80 83
BFW Circulation Pumps kW 88 92

Cooling Water Circulation Pumps kW 2,116 2,194
Cooling Tower Fans kW 1,163 1,206

Air Cooled Condenser Fans kW 1,841 1,909
Scrubber Pumps kW 590 611

Desulfurization Unit kW 1,679 1,741
Gas Turbine Auxiliaries kW 942 977

Steam Turbine Auxiliaries kW 94 97
Sulfuric Acid Plant kW (1,207) (1,251)

Miscellaneous Balance of Plant kW 2,899 3,006
Transformer Losses kW 2,382 2,470

Total kW 106,118 110,022
Net Power Generation Unit

Net Power Output kW 478,819 496,436
Plant Performance Unit

Net Efficiency %-HHV 34.20 34.20
Net Heat Rate kJ/kWh 10525.0 10527.6

Consumables Unit

As-Received Coal kg/h 253,356 262,678
Thermal Input kW-HHV 1,399,878 1,451,385

Raw Water Usage m3/min 14.64 15.18
Carbon Capture Unit

Carbon Recovery % 83.40 83.40
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4.4 Optimization of the Water-Gas-Shift Section

In the optimization of carbon capture and thus, plant efficiency, the water-gas-shift re-

action plays a key role. The water-gas-shift reaction, as describes in Equation 4.14, is mildly

exothermic at standard conditions and favors the formation of carbon dioxide at lower tem-

peratures. However, kinetics are proceeding faster at higher temperatures and reactant

partial pressures but increasing shift steam injection into the syngas lowers the output of

the steam turbine and can lead to an overall decrease in the plant efficiency. Another major

concern is the formation of solid carbon inside the shift reactor. Solid carbon formation can

lead to deactivation of the catalyst or even clogging of the catalyst bed in the worst case.

In order to optimize the water-gas-shift section and ensure its safe operation, two tools have

been developed: an equilibrium code for carbon formation and a chemical kinetic model of

the shift reactor.

4.4.1 Whisker Carbon Equilibrium

Predicting whether a gas mixture will form solid carbon under certain conditions of

temperature, pressure and chemical composition is not an exact science and requires ex-

perimental validation. However, taking thermodynamic equilibrium into consideration, it is

possible to identify safe regions where the formation of solid carbon is impossible.

From a thermodynamic equilibrium stand point, carbon monoxide decomposes to solid

carbon if the temperature is too low. Methane on the other hand cracks if the temperature

is too high. Based on this information, it is impossible to predict whether the gas mix-

ture is stable, unless it is in equilibrium with other components of the gas phase. Major

components in syngas are methane, carbon monoxide, carbon dioxide, hydrogen and water.

For simplicity, these compounds will be the only compounds considered for determining the
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equilibrium. Based upon these compounds there are three heterogeneous reactions involving

solid carbon.

CH4 −−⇀↽−− 2 H2 + C (4.31)

CO2 + C −−⇀↽−− 2 CO (4.32)

H2O + C −−⇀↽−− CO + H2 (4.33)

The reaction 4.31 is known as reverse hydrogasification. Equation 4.32 is the Boudouard

reaction and reaction 4.33 is the water gas reaction. The respective equilibrium constants

can be formulated as follows:

K1 =
p2

H2

pCH4

(4.34)

K2 =
p2

CO

pCO2

(4.35)

K3 =
pH2pCO

pH2O

(4.36)

The partial pressures are expressed in atmospheres and the activity of solids is unity.

Gas phase reactions and equilibria can be obtained by various combinations of the above

stated reaction equations and equilibrium constants. The water-gas-shift reaction for ex-

ample can be expressed as a combination of reaction 4.32 and 4.33. Expressions for the

equilibrium constants for graphite are given in [76],

K1 = e15.6525− 19069.9
T (4.37)

K2 = e23.8898− 37243.6
T (4.38)
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K3 = e19.8794− 29286.6
T (4.39)

where the equilibrium constants K are in psia and the temperature T is in Rankine.

In order to account for the possibility of formation of amorphous carbon, the following

modifications are used [76]:

K ′1 = K1/a1 (4.40)

K ′2 = K2 · a2 (4.41)

K ′3 = K3 · a3 (4.42)

where,

a1 = 1.0 + e
400.3−T

78.2 (4.43)

a2 = 1.0 + e
570.3−T

117 (4.44)

a3 =
√
a1 · a2 (4.45)

the temperature T is in Rankine and a is dimensionless. For determining the equi-

librium curve for a certain temperature consider a binary sub-system, the ratio involving

the partial pressures according to the equilibrium constant (Equations 4.34-4.36) can be

determined by the equilibrium constant (Equations 4.37-4.45). Since the equilibrium curve

is the point where carbon deposition is just about to occur, the following equation can be

formulated:
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pH2 + pCH4 = pHC (4.46)

pHC is the binary hydrogen and carbon which requires an initial guess. Combining

Equations 4.46 and 4.34 results in a quadratic equation. The solution of the positive root

(negative root has no physical meaning) is of the form:

pH2 = −K1

2
+

√
K2

1

4
+K1pHC (4.47)

pCH4 is then calculated from the difference using the result from 4.47 and the initial

guess from pHC. The same approach is taken for the binary oxygen-carbon. The results

of both binaries are used to determine the partial pressure of water using the equilibrium

constant K3. After all partial pressures are obtained from the initial guess, the system

pressure is normalized to the real pressure and iterated until the error is small enough. This

method is used for several points until enough points are obtained to draw an equilibrium

line. Details on the algorithm and iteration scheme can be found in [76]. The results can be

displayed in a ternary diagram as seen in Figure 4.10.

The area above the equilibrium is the unstable gas region where carbon deposition can

occur. Below the equilibrium line, the gas mixture is thermodynamically stable and carbon

deposition is impossible. For the operation of water-gas-shift reactors, as well as reformers,

this area constitutes safe reaction conditions. For the water-gas-shift reactors and reformers

in this work, the solid carbon equilibrium criterion will be used for determining the steam

requirement. Thereby, it is important to maintain a small safety margin and not operate

the reactors exactly on the equilibrium curve.
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Figure 4.10: Ternary equilibrium curves for whisker carbon formation at 300 ◦C and 600 ◦C.
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4.4.2 Shift Reactor Model

A chemical kinetic shift reactor model has been developed in order to determine reactor

size and pressure drop of the catalyst bed. Low temperatures slow down the reaction kinetics

and lead to a significant increase of catalyst material and consequently to a higher pressure

drop. With carbon capture approaching 90 %, almost all the CO has to be shifted to CO2.

Thermodynamic equilibrium favors CO2 at low temperatures which makes it important to

evaluate the catalyst volume and pressure drop across the catalyst bed.

Assumptions for the shift reactor model are:

I) Peng-Robinson Equation of State

II) Shift Reaction is the only Reaction to Occur

III) Equal Catalyst Distribution

IV) Plug Flow through Reactor and Catalyst Bed

V) Isothermal Catalyst Pellets

Real gas behavior is approximated with the Peng-Robinson equation of state which is

well suited for hydrocarbon gas systems and petrochemical applications. The shift reaction

is the only reaction considered in this analysis since COS and HCN are only present in trace

amounts. Since the catalyst pellet dimension is small versus the rector dimension it can

be assumed that the catalyst is equally distributed inside the reactor. Industrial scale shift

reactors have large diameters and high flow velocity which can be approximated by plug flow

conditions. The catalyst pellet is assumed to be isothermal since the pellets are small. The

validity of assumption s IV and V will be further discussed at the end of this section.

The model is a finite volume model which requires molar flow, temperature and pressure
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as input, as well as the reactor dimensions. Gas properties are obtained from ASPEN

Properties R© using the Peng-Robinson equation of state. The volumetric flow rate V̇ for

every volume element q is calculated by

V̇q =
M q

∑i
0 ṅq

ρq
(4.48)

where M is the average molecular weight of the gas mixture, ṅ is the molar flow rate

and ρ the gas density of the mixture. The gas velocity v and superficial gas velocity u are

determined by

vq =
V̇q

(D
2

)2 ·πεbed

(4.49)

and

uq =
V̇q

(D
2

)2 · π
(4.50)

with D the inner reactor diameter, π the circle constant and εbed the catalyst bed

void fraction. The calculation of the pressure drop is accomplished by applying the Ergun

equation.

∆pq =
150µq(1− εbed)2uq

ε3
bedd

2
p

∆x+
1.75(1− εbed)ρqu

2
q

ε3
beddp

∆x (4.51)

where µ is the dynamic viscosity, ∆x the height of the reactor volume element and dp is
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the catalyst pellet’s diameter. For a cylindrical catalyst pellet, the diameter is approximated

with the equivalent diameter

dp =
3

√
3

4
R2

pellet ·L (4.52)

Rpellet is the pellet radius and L is the length of the cylindrical pellet. The pressure of

the following volume element is given by

pq+1 = pq + ∆pq (4.53)

An additional pressure drop is associated with the inlet and outlet of the reactor. The

pressure drop at the reactor inlet ∆pinlet is approximated as sudden expansion. Equation

4.54 approximates the pressure drop of the inlet within an error margin of 5 % for turbulent

flow and 33 % for laminar flow [77]. The gas velocity in pipes is typically around 5− 46 m
s

[9] and thus almost always turbulent.

∆pinlet =

(
1− Cpipe

Creactor

)2
ρ

2
u2

pipe (4.54)

Cpipe is the cross-sectional area of the pipe which is determined by the volume flow

and the gas velocity. Creactor is the cross sectional area of the reactor, ρ the density of the

gas mixture and upipe the gas velocity in the pipe. The gas velocity, upipe, is limited to 46 m
s

in industrial applications to avoid noise, vibrations and damaging wear and tears of pipes

and fittings [9]. The outlet pressure drop is approximated with a sudden contraction and is

calculated by the following equation [77].
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∆poutlet = ζ
ρ

2
u2

pipe (4.55)

ζ is the friction coefficient and is estimated with 0.5 in this study [77]. The total

pressure drop composes of the inlet pressure drop, pressure drop across the catalyst bed and

the outlet pressure drop.

In case of an adiabatic reactor, the reaction kinetics have to be known to determine

the temperature increase, due to the exothermic character of the water-gas-shift reaction.

The difference in enthalpy of formation between reactants and products leads to an increase

of sensible heat in the stream. Kinetic rate expressions are often given in the form of power

laws. The generalized power law for the water-gas-shift reaction can be described as follows

r = k0 e
−EA
Rg T pmCO p

n
H2O p

o
CO2

ppH2
·
(

1− 1

K
· pCO2 pH2

pCO pH2O

)
(4.56)

k0 is the reaction constant, EA the activation energy, Rg the universal gas constant, T

the temperature, pj the partial pressure of component j. The exponents m, n, o and p are

constants and K is the equilibrium constant of the water-gas-shift reaction. According to

Moe [78], the equilibrium constant can be calculated using the following equation, which is

fairly accurate in the range from 200− 550 ◦C.

K = e(
4577.8
T+Tm

−4.33) (4.57)

The temperature in this equation is in Kelvin. The equilibrium is only considered to

be a function of temperature. The influence of pressure on the equilibrium constant due to
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non-ideality is typically very small and is irrelevant over pressure ranges less than several

hundreds of bars. The relation developed by Moe has been modified by the term Tm which

accounts for the temperature approach for middle of run condition which makes K a pseudo

“equilibrium” constant.

The rate equation has two temperature dependent driving factors. A thermal potential

factor F = e
−EA
Rg T which depends on temperature in a Arrhenius fashion and a chemical

potential factor G =
(

1− 1
K
· pCO2

pH2

pCO pH2O

)
which is related to temperature in an exponential

manner. In order to optimize the reaction temperature with respect to its two driving forces

a new dimensionless quantity Ro for rate optimization can be defined.

Ro =

F ′(T )
F (T )

G′(T )
G(T )

=

EA e

−EA
Rg T

Rg T 2

−347,657.8 e
4577.8
T+Tm

(T+Tm)2

pCO2
pH2

pCO pH2O

(4.58)

where F ′(T ) is the derivative of F with respect to T and G′(T ) is the derivative of G

with respect to T .

The interpretation of Ro is

Ro > 1 F and G drive the reaction in the same direction, impact of T on F is

stronger than on G and an increase in T accelerates the reaction rate

Ro = 1 F and G drive the reaction in the same direction, impact of T on F is

equal to G and an increase in T accelerates the reaction rate

1 > Ro > 0 F and G drive the reaction in the same direction, impact of T on F

is weaker than on G and an increase in T accelerates the reaction rate
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0 > Ro > -1 F and G drive the reaction in the opposite direction, impact of T

on F is weaker than on G and an increase in T decelerates the reaction rate

Ro = -1 F and G drive the reaction in the opposite direction, impact of T on F

is equal to G, the reaction rate is at its optimum.

Ro < -1 F and G drive the reaction in the opposite direction, impact of T on F

is stronger than on G and an increase in T accelerates the reaction rate

Typically, kinetic rate expressions are determined under conditions without external

and/or internal transport limitations, also known as intrinsic rate. This is achieved by

grinding the catalyst pellet into small particles in order to expose the internal surface area

entirely to the gas flow. Intrinsic rate equations have the advantage that they can be applied

to many different types of problems. On the other hand, when designing a reactor, diffusion

inside the catalyst pellet needs to be considered.

Considering one-dimensional mass transfer inside the catalyst, e.g., a slab or inner

region of a flat cylinder, the mass balance is governed by species diffusion and chemical

reaction as illustrated in Figure 4.11.

where ṅCO is the flux of carbon monoxide at the top and the bottom of the volume

element and rv
CO is the volumetric reaction rate. In order to balance the species

Rate of Input CO− Rate of Output CO− Rate of Consumption CO = 0 (4.59)
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Figure 4.11: Finite volume element of a catalyst pellet.

∆x∆y ṅCO|z −∆x∆y ṅCO|z+∆z − r
g
COρpellet∆x∆y∆z = 0 (4.60)

rg
CO is the gravimetric reaction rate which is more commonly found in literate than the

volumetric reaction rate and ρpellet is the density of the catalyst pellet. Applying Fick’s Law

4.61 and the Taylor expansion 4.62

ṅCO = −Deff
dcCO

dz
(4.61)

ṅCO|z+∆z = ṅCO|z +
dṅCO

dz
∆z (4.62)

to Equation 4.60, results in Equation 4.63
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− d

dz

(
−Deff

dcCO
dz

)
− rg

CO ρpellet = 0 (4.63)

cCO is the carbon monoxide concentration and Deff is the effective diffusivity in the

catalyst pellet and is the only transport mechanism inside the pellet. Realizing that the

effective diffusivity is independent from the z-direction, the equation can be simplified and

the differential equation of the catalyst pellet is given by

Deff
d2cCO

dz2
− rg

CO ρpellet = 0 (4.64)

The boundary conditions are:

cCO|z=L = cCOsurface
(4.65)

dcCO

dz

∣∣∣∣
z=0

= 0 (4.66)

The concentration at distance L (characteristic length) is the surface concentration.

Due to axis symmetry the change of concentration in the middle of the slab or flat cylinder

(z=0) is zero.

If the pore size of the catalyst pellet is very small, molecules will increasingly interact

with the walls. If diffusion is governed by wall interaction and not by molecule-molecule

interaction, a regime of pure Knudsen diffusion is reached. In the transition between bulk

diffusion and Knudsen diffusion both mechanisms have to be considered. The effective

diffusivity is determined by [79]
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Deff = min

{
εpellet

τpellet

(
1

Di,Mix

+
1

DK,i

)−1
}
i=CO,CO2,H2O,H2

(4.67)

εpellet is the porosity of the catalyst pellet, τpellet is the tortuosity of the catalyst pellet,

Di,Mix is the diffusivity of component i in the gas mixture and DK,i is the Knudsen diffusivity

of component i. Deff is evaluated for all in the reaction participating components i, in every

volume element of the reactor and the slowest diffusivity is used in the calculation as it

constitutes the rate limiting step. In the case of diffusion limitation of a reactant; the supply

of reactants limits the reaction rate. In the case of product diffusion limitation; the removal

of product species limits the reaction as under steady state condition the reactant cannot be

supplied at a higher rate as the products are removed. Knudsen diffusion can be calculated

by [80]

DK,i =
dpore

3

√
8RgT

πMi

(4.68)

dpore is the pore diameter of the catalyst pellet, Rg the universal gas constant and Mi

is the molecular weight of component i.

The Knudsen number is a good measure to estimate the importance of Knudsen diffu-

sion.

Kn =
kB T√

2 π d2
k p dpore

(4.69)

kB is the Boltzmann constant, dk the kinetic diameter of the molecule and dpore is the pore

diameter. If the Knudsen number is much greater than unity, laws of kinetic gas theory
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apply. For Kn, values much smaller than unity continuum theories can be applied. In this

work Knudsen diffusion is considered for conditions of Kn > 0.01.

The diffusivity of a particular component i in a gas mixture can be estimated by [81]

Di,Mix =
1− yi∑
j,j 6=i

yj
Di,j

(4.70)

where y is the mole fraction of component i or j and Di,j the binary diffusivity of

components i and j. Binary diffusivity, in cm2

s
is estimated using the Fuller equation [82].

Di,j =
0.00143T 1.75

pM
1
2
i,j

[
(
∑

v)
1
3
i + (

∑
v)

1
3
j

]2 (4.71)

The temperature T is in Kelvin and the pressure p is in bar. The average molecular

weight is in g
mol

and is calculated as follows:

M i,j = 2

[(
1

Mi

)
+

(
1

Mj

)]−1

(4.72)

The diffusion volumes (
∑

v)i are given in Table 4.13.

Table 4.13: Diffusion Volumes of the Fuller Equation [82]

Component Diffusion Volume

Carbon monoxide 18.0
Carbon dioxide 26.9
Water 13.1
Hydrogen 6.1
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Inserting Equation 4.56 into 4.64 and converting the partial pressure into concentrations

using the ideal gas law the following equation is obtained.

Deff
d2cCO

dz2
−k0 e

−EA
Rg T R(m+n+o+p)

g T (m+n+o+p) cmCO c
n
H2O c

o
CO2

cpH2

(
1− 1

K
· cCO2 cH2

cCO cH2O

)
ρpellet = 0

(4.73)

Under isothermal, isobaric conditions, the concentration of carbon containing species

involved in the water-gas-shift reaction remains constant, as well as the concentration of hy-

drogen containing species. Furthermore, the concentration difference between carbon monox-

ide and water remains constant due to equimolar product consumption.

cC = cCO + cCO2 (4.74)

cH = cH2O + cH2 (4.75)

cD = cCO − cH2O (4.76)

Thus, the differential equation can be expressed as function of the carbon monoxide

concentration only.

Deff
d2cCO

dz2
− k0 e

−EA
Rg T R(m+n+o+p)

g T (m+n+o+p) cmCO (cCO − cD)n (cC − cCO)o

(cH − (cCO − cD))p
(

1− 1

K
· (cC − cCO) (cH − (cCO − cD))

cCO (cCO − cD)

)
ρpellet = 0

(4.77)

In order to simplify the integration of the differential equation, a part of the expression

of the reaction rate can be regressed over the range of the bulk concentration of each of
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the individual cells in the reactor domain and expressed in the form of an exponential

relation. This relation can be represented by the factor a and the exponent b. The regression

is necessary for every single volume element of the reactor model since the reaction rate

is not only dependent on the carbon monoxide concentration but also on parameters like

temperature and pressure. Thus, a matrix of differential equations of the from

Deff
d2cCO

dz2
− k0 e

−EA
Rg T acbCO ρpellet = Deff

d2cCO

dz2
− k cbCO ρpellet = 0 (4.78)

is obtained. Non-dimensionalization of the equation above with c∗ = cCO/cCOsurface
and

z∗ = z/L leads to,

d2c∗

dz∗2
−
k cb−1

COsurface
ρpellet L

2

Deff

c∗b = 0 (4.79)

After transformation of the boundary conditions the following new boundary conditions

are obtained,

c∗|z∗=1 = 1 (4.80)

dc∗

dz∗

∣∣∣∣
z∗=0

= 0 (4.81)

The dimensionless quantity in Equation 4.79 is commonly known as Thiele Modulus

and will be referred to as Φb.
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Φ2
b =

k cb−1
COsurface

ρpellet L
2

Deff

(4.82)

The Thiele Modulus is a measure of the ratio between surface reaction rate and diffusion

rate inside the catalyst pellet. If the Thiele Modulus is large, internal diffusion is usually

limiting the reaction. If the Thiele Modulus is small, the reaction kinetics are usually the

rate limiting factor. By using the generalized Thiele Modulus for irreversible reactions (no

rate constant for reversible reaction included in the kinetic expression) of the form

Φ2
g =

V 2

S2

b+ 1

2

k cb−1
COsurface

ρpellet

Deff

(4.83)

the value of 1/Φg for large Thiele Moduli coincides for different reaction orders and

all reaction orders can be approximates with the analytical results for first order reaction

kinetics [83] (note: the Thiele Modulus keeps the real reaction order). V is the volume of

the catalyst pellet and S is the surface area of the catalyst pellet.

The first order differential equation is then:

d2c∗

dz∗2
− Φ2

g c
∗ = 0 (4.84)

The solution for this differential equation with the boundary conditions 4.80 and 4.81

is [79]:

cCO = cCOsurface

cosh
[
Φg

(
1− z

L

])
cosh [Φg]

(4.85)
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In order to get the real reaction rate of the catalyst pellet with internal diffusion

limitation, the reaction rate needs to be integrated over the catalyst volume. Since the

carbon monoxide concentration changes from the surface of the pellet to the center of the

pellet, the reaction rate is a function of the location. By defining the effectiveness factor of

the catalyst this factor can be used in every volume element to determine the true reaction

rate.

η =
rapperent

rintrinsic

=
1

V

∫ V
0
r(cCO)dV

r(cCOsurface
)

(4.86)

After integration, the following relation for a slab geometry is obtained [79].

η =
tanh(Φg)

Φg

(4.87)

With the appropriate Thiele Modulus, expression 4.87 can be used to approximate any

catalyst pellet shape [79]. The catalyst effectiveness is calculated for every volume element.

A measure for the limitation of the reaction rate through internal mass transfer is the

Weisz-Prater criterion which relates the apparent reaction rate to the diffusion rate [84].

Ψ = ηΦ2
g =
−rg

intrinsic ρpellet V
2

Deff csurface S2

b+ 1

2
< 0.15 (4.88)

If Ψ is smaller than 0.15 intra-particle diffusion limitations can be neglected.

In order to determine the reaction rate, the surface concentrations of the species have

to be determined under consideration of external mass transport phenomena. For steady

state operation the molar flux from the bulk flow to the surface of the catalyst pellet has to
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equal the reaction rate. Since the molar flux is area specific, the reaction rate of the catalyst

is normalized to the external surface area of the catalyst pellet.

ra
apparent = rg

apparentac (4.89)

with ac the specific external surface area of the catalyst pellet.

ac =
Spellet

ρpelletVpellet

(4.90)

Thus, under steady state conditions and after applying Fick’s Law the following equa-

tion has to hold true.

ra
CO,apparent = ṅCO = β (cCO,bulk − cCO,surface) (4.91)

where β is the mass transfer coefficient. The mass transfer coefficient can be determined

via a correlation, e.g. using the Colburn j factor. The relationship between the Colburn

factor and various dimensionless numbers is:

JM =
Sh

Sc
1
3 Re

=

(
β dp
Di,Mix

)
(

ν
Di,Mix

) 1
3
(
u ρ dp
µ

) (4.92)

u is the superficial velocity, ρ is the bulk density of the mixture and µ is the dynamic

viscosity of the gas mixture. The Dwidevi-Upadhyay correlation relates the Colburn factor
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to the Reynolds number and is valid for fixed beds with Reynolds numbers greater 10. The

accuracy of the Dwidevi-Upadhyay correlation is 17.95 % [85].

εbedJM =
0.765

Re0.82 +
0.365

Re0.386 (4.93)

Thus, the concentration gradient from the bulk to the catalyst pellet can be calculated.

Reactant species will experience a concentration decrease from the bulk medium to the

catalyst surface and product species will increase from the bulk medium to the catalyst

surface. A measure for the significance of external mass transport limitation is the Carberry

number Ca.

Ca =
rg

apparent |b|
ac β cbulk

< 0.05 (4.94)

The Carberry number relates the reaction rate to the external mass transfer rate and

if Ca is smaller than 0.05 external mass transport limitations can be neglected [86].

After determining the actual reaction rate under consideration of external and internal

mass transport the change in carbon monoxide concentration per volume element can be

calculated by

∆cr
CO,q = rg

actual,q ρreactor τq
Factual

Freference

(4.95)

with ∆cr
CO,q the concentration change in volume element q per reactor volume, ρreactor

the catalyst density per reactor volume and τq being the residence time in the reactor volume

element q. F is a pressure correction factor that accounts for differences between the pressure
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at which the power law kinetics were experimentally established and the actual operating

pressure of the reactor. Power law kinetic rate expressions tend to over-predict the reaction

rates at high pressure operation if measured at atmospheric pressure. A correction factor

that can be applied up to a pressure of 55 atm is given in Equation 4.96 [87]:

F = p0.5− p
500 (4.96)

p is the pressure in atmospheres. For the reference case, this would be the pressure

at which the reaction kinetics were measured and for the actual case this is the operating

pressure of the reactor.

Due to the equimolarity of the water-gas-shift reaction, the subsequent volume element

on a per reactor volume basis has the following new concentrations:

cr
CO,q+1 = cr

CO,q −∆cr
CO,q (4.97)

cr
H2O,q+1 = cr

H2O,q −∆cr
CO,q (4.98)

cr
CO2,q+1 = cr

CO2,q
+ ∆cr

CO,q (4.99)

cr
H2,q+1 = cr

H2,q
+ ∆cr

CO,q (4.100)

The released energy per volume element Q̇q is calculated based on the amount of shifted

carbon monoxide and is described in Equation 4.101.

Q̇q = ∆hq · rg
actual,q ρreactor Vq

Factual

Freference

(4.101)
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with V the volume of element q and ∆hq the reaction enthalpy at cell condition q.

The reaction enthalpy, as function of temperature, can be approximated over a range from

150− 600 ◦C by the function presented in Equation 4.102.

∆h = −0.0000133486 ·T 3 − 0.0280557823 ·T 2 + 9.2234616980 ·T + 41310.0882555674

1000

(4.102)

The temperature input is in Kelvin and the enthalpy output is in kJ
mol

.

In case of an adiabatic reactor the energy release from the chemical reaction per cell is

used to increase the temperature from one element to the next element. The temperature

increase per cell which is determined by Equation 4.103 is related to the molar flow and the

heat capacity of the gas mixture.

∆Tq =
Q̇q

cp,q · Ṅq

(4.103)

with cp the specific heat capacity of the gas mixture and Ṅ the total molar flow. In

case of an ideal isothermal reactor ∆Tq = 0 and Q̇q has to be met by a cooling load. For an

isoflux (constant heat flux) reactor Q̇q is lowered by the cooling flux before the temperature

change is determined.

For the modeling of a real isothermal reactor the energy release per volume element is

given by

Q̇q = ∆hq · rg
actual,q ρreactor Vq

Factual

Freference

+ αexchanger Aexchanger (Tq − Tcoolant) (4.104)

Aexchanger is the surface area of the heat exchanger and αexchanger is the heat transfer
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coefficient on the outside of the tubes. In this model only the outside heat transfer coefficient

of the heat exchanger is considered since it constitutes largest resistance. The resistance of

the tube is small due to its relatively thin wall thickness and high thermal conductivity

(manufactured from metal) and the heat transfer coefficient on the inside of the tube is very

large as a result of boiling/steam generation.

The heat transfer coefficient αexchanger is approximated with a reactor wall correlation

developed by Li and Finlayson [88]. Heat transfer correlations for horizontal tubes submerged

in packed beds were not available. However, depending on the reactor design, reactor wall

heat transfer coefficients are a good approximation for isothermal reactors that use U-shaped

tubes which are installed parallel to the flow direction.

αexchanger = 0.17

(
u ρ dp

µ

)0.79
λ

dp

(4.105)

After determining Q̇q and ∆Tq for the reactor type of interest, the temperature of the

subsequent volume element is given by

Tq+1 = Tq + ∆Tq (4.106)

Important for the validity of the model are the correctness of initial assumptions.

Especially errors caused by the assumptions of plug flow or isothermal catalyst pellets can

have a significant impact on the simulation results. Pure plug flow requires two criteria that

have to be met: uniform velocity profile and no axial dispersion. Certain real catalyst bed

operating conditions approximate plug flow.

Non-uniform velocity distribution is a result of wall effects inside the reactor. Chu and

Ng [89] showed that wall effects can be neglected if
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D

dp

> 25 (4.107)

and a uniform velocity distribution inside the reactor is obtained.

In order to eliminate axial dispersion, the following criterion has to be considered during

the reactor design [90]:

Lbed

dp

>
20 b

Pedisp

ln
1

1−X
(4.108)

where Pedisp is the dispersion Peclet number or Bodenstein number, Bo, which is more

commonly found in European literature and X is the conversion. The dispersion Peclet

number is defined as

Pedisp =
uLbed

Dax

(4.109)

The axial dispersion Dax is determined by the Gunn correlation which has shown to

be accurate for low and high Reynolds numbers and various particle sizes [91, 92].

Dax =
max {Di,Mix}i=CO,CO2,H2O,H2

τbed

+
1

2

u dp

εbed

(4.110)

The axial diffusivity consists of a momentum and diffusion term whereby the maximum

diffusion rate among the species i is selected. The tortuosity of the catalyst bed, τbed can be
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approximated by [93].

τbed = 1.23
(1− εbed)

4
3

εbed

(
[36π V 2]

1
3

S

)2 (4.111)

The temperature difference between the bulk medium and the catalyst pellet’s surface

can be described by

∆Tinterphase =
∆hq · rg

actual,q ρreactor Vq
Factual

Freference

ρbed Vq ac αpellet

(4.112)

where αpellet is the heat transfer coefficient between the catalyst pellet and the bulk

fluid. Although internal heat transfer is not explicitly modeled, criteria for the importance

of intra- as well as extra-particular heat transfer can be analyzed by similar dimensionless

quantities as for mass transfer to evaluate the assumption of the isothermal catalyst pellets.

For this purpose, Mears developed two moduli: Γ for intra-particle heat transfer limitation

and Ω for extra-particle heat transfer limitation [84, 86, 94].

Γ =

∣∣∣∣−∆hEA r
g
apparent ρpellet V

2

Rg T 2 λpellet S2

∣∣∣∣ < 0.10 (4.113)

Ω =

∣∣∣∣−∆hEA r
g
apparent

Rg T 2 αpellet ac

∣∣∣∣ < 0.05 (4.114)

where λpellet is the thermal conductivity of the catalyst pellet. Γ and Ω assume Arrhe-

nius type temperature dependence of the reaction rate identical to the kinetic rate expression.

If Γ is smaller than 0.10 the particle can be assumed as isothermal. If Ω is smaller than 0.05
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the temperature difference between the bulk medium and the catalyst surface is negligible.

A comparison shows that the interphase heat transfer becomes limiting before the in-

traparticle heat transfer providing Biot numbers of smaller than 10.

Bi =
αpellet V

λpelletS
< 10 (4.115)

this condition is typically met in reactors and heat transfer limitations only have to be

considered for fast, highly exothermic reactions [94]. The Biot number itself is not a good

measure for the applicability of an isothermal catalyst pellet. The Biot number does relate

the external heat transfer rate to the internal heat transfer rate and provides a measure

of the uniformity of the temperature in a body, however, the dependence of the reaction

kinetics on the temperature play an important role as well. This dependence is not captured

in the Biot number but by the Mears moduli Γ and Ω.

To determine the value of the heat transfer coefficient αpellet from the Colburn factor

JH, the following correlation is used [95].

JH =


0.61 Re−0.41 χ Re > 50

0.91 Re−0.51 χ Re < 50

(4.116)

where χ is a shape factor and is 0.91 for cylindrically shaped pellets. Equation 4.116

is needed and cannot be inferred from Equation 4.93 since the fully dimensionless analogy

between heat and mass transfer is only valid in the fully turbulent regime with Re> 10,000

[96]. Thus, JM 6= JH for most cases since the characteristic length of the flow through the

catalyst bed (space between the catalyst pellets) is very small. The relation between the

Colburn factor and the heat transfer coefficient is
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JH =
Nu

Pr
1
3 Re

=

(
αpellet V

λS (1−ε)

)
( cpµ
λ

) 1
3

(
v ρ V

µS (1−ε)

) (4.117)

4.4.3 Catalyst Selection

In the SelexolTM case, the shift reactors are located upstream of the sulfur removal

unit. Thus, a sulfur tolerant sour shift catalyst is required. The catalyst used in this study

is a sulfided molybdenum based catalyst supported on alumina. The intrinsic rate equation

was established at an operating pressure of 5 bar with 1 %− vol of H2S in the feed gas.

Molybdenum based sour shift catalysts require a certain amount of sulfur in the feed gas to

maintain their sulfided state which is the active component of the catalyst. Typically, the

reaction kinetics improve with higher sulfur content. The intrinsic rate equation of the sour

shift catalyst was determined in [97] and is shown below.

r = 3.616E− 5
mol kPa0 84

gcat s
e
−22.05 kJ

mol
RT p0.70

CO p0.14
H2O p

0
CO2

p0
H2
·
(

1− 1

K
· pCO2 pH2

pCO pH2O

)
(4.118)

Sour shift catalysts are used for high temperature shifting as well as low temperature

shifting, however, the activity of sour shift catalyst suffers significantly at low temperatures.

The catalyst investigated in [97] is a commercially available catalyst but no physical data on

the catalyst are available. A summary of the properties of the physical sour shift catalyst

used in this study is provided in table 4.14.

The solid density is based upon the composition of the sour shift catalyst disclosed in

BASF’s patent [101] and the bed void volume has been calculated based on the bed bulk

density disclosed in the same document which is given as 1050 kg
m3 . Catalyst pore data are
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Table 4.14: Physical Catalyst Properties - Sour Shift Catalyst

Specification Unit Value Source

Pellet Radius m 0.0015 [98]
Pellet Height m 0.0065 [98]

Solid Density kg
m3 4753

Bed Void Volume - 0.45
Porosity - 0.60 [99]

Tortuosity - 3 [65]
Pore Diameter nm 50

Thermal Conductivity W
m K

1.7 [100]

difficult to obtain and the pore diameter changes with aging of the catalyst. For this simula-

tion a medium pore diameter of 50 nm is chosen based on literature values which range from

14− 79 nm [99, 102]. The thermal conductivity is estimated with a value from a copper

based catalyst due to the limited availability of data. However, shift catalysts are typically

supported on an alumina support which makes the conductivity of the pellet insensitive to

the actual catalytic compound.

Sweet shifting is divided into adiabatic high temperature shifting, low temperature

shifting, medium temperature shifting and isothermal shifting. For high temperature shift-

ing, temperature resistant Fe/Cr-based catalysts are used. In this study, the following in-

trinsic rate equation of a commercially available high temperature shift catalyst was used

[103].

r = 300
mol kPa1 33

gcat s
e
−102 kJ

mol
RT p1.37

CO p0.23
H2O p

−0.16
CO2

p−0.11
H2

·
(

1− 1

K
· pCO2 pH2

pCO pH2O

)
(4.119)

Critical for the operation of iron based shift catalysts is the formation of Fischer-

Tropsch liquids. In order to avoid formation of Fischer-Tropsch liquids, the following criterion

is applied [104].
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RFT =
yCO + yH2

yCO + yH2O

· P

26 bar
< 1.9 (4.120)

The gas analysis y in this equation is expressed in vol-%. Physical properties and

other specifications from the supplier of the catalyst described above are not available and

the following values from literature have been assumed.

Table 4.15: Physical Catalyst Properties - High Temperature Sweet Shift Catalyst

Specification Unit Value Source

Pellet Radius m 0.0027 [105]
Pellet Height m 0.0036 [105]

Solid Density kg
m3 4650 [106]

Bed Void Volume - 0.36
Porosity - 0.59 [106]

Tortuosity - 3 [65]
Pore Diameter nm 50

Thermal Conductivity W
m K

1.7 [100]

The bed void volume is calculated based on the bed bulk density provided in [105]

which is given as 1220 kg
m3 .

For the low temperature sweet shift catalyst, the commercially available SHIFTMAX

240 catalyst from Süd Chemie is used. The low temperature shift catalyst is based on

Cu/Zn supported on alumina. Critical for low temperature sweet shift reactors is the for-

mation of methanol; especially at temperatures below 200 ◦C, the equilibrium concentration

of methanol becomes important. Thermodynamic equilibrium concentrations of methanol

produced from the syngas leaving the TRIGTM gasifier are shown in Figure 4.12.

The plot, Figure 4.12, shows that with increasing steam to carbon ratio, the formation

of methanol can be suppressed. However, for very low temperatures, e.g. 175− 200 ◦C, the

dew point of the gas mixture is reached before the methanol formation can be pushed below
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Figure 4.12: Methanol equilibrium concentrations derived from TRIGTM syngas for various
temperatures as function of steam to carbon ratio. 175 ◦C( ), 200 ◦C ( ), 225 ◦C ( ),
250 ◦C( ), 275 ◦C ( ).

0.1 %. Due to operation concerns the syngas entering the reactor should contain enough

super heat to avoid pore condensation. In this study a 15 ◦C super heat approach has been

chosen. The SHIFTMAX 240 catalyst is identical in performance to the SHIFTMAX 230

catalyst but contains a promoter to suppress the formation of methanol by 95 % [107]. As a

result of this, the formation of methanol with the SHIFTMAX 240 catalyst is insignificant

and can be neglected.

Kinetic rate equations of the SHIFTMAX 240 catalyst were not available. However,

since SHIFTMAX 240 and SHFITMAX 230 have identical performance [107], the intrinsic

rate equation of the SHIFTMAX 230 catalyst is used instead. The intrinsic rate equation is

given in Equation 4.121 [108].

r = 0.008009
mol kPa2

gcat s
e
−47.7 kJ

mol
RT p1

CO p
1
H2O p

0
CO2

p0
H2
·
(

1− 1

K
· pCO2 pH2

pCO pH2O

)
(4.121)

The physical properties of the SHIFTMAX 240 catalyst used in this investigation are
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in the range of typical shift catalyst properties and are summarized in Table 4.16.

Table 4.16: Physical Catalyst Properties - Low Temperature Sweet Shift Catalyst

Specification Unit Value Source

Pellet Radius m 0.0024 [107]
Pellet Height m 0.0032 [107]

Solid Density kg
m3 4133 [65]

Bed Void Volume - 0.40 [65]
Porosity - 0.25 [65]

Tortuosity - 3 [65]
Pore Diameter nm 50 [109]

Thermal Conductivity W
m K

1.7 [100]

The pore diameter is an estimated value between fresh catalyst and used catalyst [109].

4.4.4 Analysis of the Water-Gas-Shift Section

The plant optimization with respect to the water-gas-shift reactors is conducted in the

following section. First a detailed analysis of the SelexolTM and warm gas cleanup scenario

is carried out, followed by two optimization scenarios.

Analysis of the SelexolTM Scenario

For all simulations including the above presented SelexolTM case and CO2-PSA case,

the sizing and determination of the steam requirement have been executed using the approach

described in Section 4.4.1 and Section 4.4.2.

The SelexolTM case uses a dual-stage SelexolTM process downstream of the water-gas-

shift reactors which removes the sour gases, hydrogen sulfide and carbon dioxide. The water-

gas-shift reactors serve two purposes: shifting of CO to CO2 and converting sulfur species to
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hydrogen sulfide. Since the shift reactors operate in the presence of sulfur species, a sour shift

catalyst is required that can withstand poisoning by sulfur. Furthermore, it has to support

the hydrolysis reaction of sulfur components like COS. The sour shift catalyst introduced in

Section 4.4.3 consisting of molybdenum sulfide has these features. Important for the design of

the shift reactor section is the steam to carbon monoxide ratio and the operating temperature.

A certain minimum amount of steam is required to avoid carbon deposition onto the catalyst.

The operating temperature has an effect on the thermodynamic equilibrium, as well as the

kinetics. The temperature has to be low enough to drive the reaction towards carbon dioxide

but has to be high enough to drive the reaction at a reasonable rate. A slow reaction

rate increases the required catalyst volume, vessel size and pressure drop, which ultimately

increases capital and operating cost. CO-shifting is typically done in two or three stages in

adiabatic reactor with intercooling. Isothermal reactors are more expensive than adiabatic

reactors, but intercoolers can be eliminated. However isothermal reactors are only applicable

for sweet shift applications due to their complicated catalyst loading process (sour shift

requires more frequent replacement of the catalyst bed than sweet shifting). Most commonly,

the first reactor is operated at high temperatures for bulk shifting at high reaction rates,

followed by medium or low temperature reactors for yield optimization.

The temperature profile along the 1st shift reactor of the SelexolTM case is shown in

Figure 4.13.

The humidified syngas enters the 1st shift reactor safely above the dew point with a

temperature of 224 ◦C. Inside the reactor, the temperature monotonically increases until

it reaches a value of 395 ◦C after passing through 80 % of the catalyst bed. After passing

the 80 %-mark, there is no further increase in temperature and the profile remains constant.

Since the water-gas-shift reaction is exothermic and the reactor walls are assumed to be adi-

abatic, this indicates that the reaction came to halt and equilibrium is established. For the

design of the reactor, a system sizing factor of 1.25 is chosen to accommodate the reaction.

As criterion for equilibrium a reaction rate of smaller than 0.1 mol
m3 s

is chosen. Employing
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Figure 4.13: Temperature profile of the 1st shift reactor of the SelexolTM cold gas cleanup
scenario using a sour shift catalyst with a system sizing factor of 1.25.

a sizing factor guarantees the completion of the reaction and leaves a buffer for possible

contamination of the catalyst due to unexpected irregularities during operation. Catalyst

poisoning is most critical for the first reactor which will act like a contaminant trap for

the following reactors. Typically, this is realized in the form of a guard bed at the inlet

of the reactor which can be replaced more easily. For the reactor design, an equilibrium

approach temperature of 13.9 ◦C was used in order to account for middle of run condition.

On closer examination of the temperature profile, it can be seen that the temperature slop

right after the inlet slightly increases until it reaches a reactor length of 0.2. After that, the

temperature’s slope remains almost constant before it starts leveling off very quickly at a

reactor length of 0.35. From the middle of the reactor to the outlet, the temperature remains

constant at a value of 395 ◦C. As it can be inferred from Equations 4.119 and 4.121, the re-

action rate is influenced by the temperature as well as the species concentrations of reactants

and products. The over proportional increase in reactor temperature at reactor inlet hints

at a stronger influence of the reaction temperature upon the reaction rate than the species

concentration for the first section of the reactor. However, after a certain time (distance
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in plug flow reactor), the concentration of reactants becomes so low that the reaction slows

down.

The species profiles for water, hydrogen, carbon dioxide and carbon monoxide along

the axis of the reactor are shown in Figure 4.14.
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Figure 4.14: Species profiles of the 1st shift reactor of the SelexolTM cold gas cleanup scenario
using a sour shift catalyst with a system sizing factor of 1.25.

The ordinate shows the flow rate of water, hydrogen, carbon dioxide and carbon monox-

ide in mol
s

. Along the axis reactants, water and carbon monoxide, decrease and products,

hydrogen and carbon dioxide, increase. Due to the equimolar nature of the water-gas-shift

reaction, the absolute slopes of reactants and products are identical at a given location inside

the reactor. From the species profiles, it is evident that after the syngas has passed through

the first 80 % of the reactor, equilibrium is essentially established and no further change in

the molar flow rates is observed. At the reactor inlet, the slopes of the species molar flows

are almost linear but have a little curvature similar to the temperature profile. Then at a

reactor length of 0.35, the slopes decrease until the molar flows stay constant. Main driver of

the reaction rate next to the reaction temperature is the partial pressure of carbon monoxide.
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In Equation 4.118, the exponent applied to the carbon monoxide partial pressure is 0.80.

This is much higher than any of the other exponents which indicates a stronger influence of

the carbon monoxide partial pressure on the reaction rate than any other component.

The inlet mole-fraction of carbon monoxide is 0.190. At the outlet, the mole-fraction is

reduced to 0.021. This corresponds to a CO-conversion of 89.1 %. Since the carbon dioxide

yield of the SelexolTM process is not very high and the decarbonized syngas will contain

about 5 mol−% of CO2, it is necessary to nearly completely shift CO to CO2 in order

to maximize carbon capture. However, further shifting is not possible without intercooling

since the thermodynamic equilibrium is dictated by the temperature.

A plot of catalyst effectiveness, intrinsic and apparent reaction rate is shown in Figure

4.15.
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Figure 4.15: Catalyst effectiveness ( ), intrinsic reaction rate ( ) and apparent reaction
rate ( ) of the 1st shift reactor of the SelexolTM cold gas cleanup scenario using a sour
shift catalyst with a system sizing factor of 1.25.

The catalyst effectiveness is represented by the dotted line and refers to the scale on the

left ordinate. Apparent and intrinsic reaction rates are shown as solid and dashed lines and
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refer to the scale on the right ordinate. The intrinsic reaction rate is the maximum reaction

rate without pore diffusion limitations. It is the rate at which the reaction would occur if all

the internal surface would be exposed to the gas. At the beginning, the intrinsic reaction rate

starts at a moderate value of 21 mol
m3 s

and increases. Until a reactor length of 0.2, the reaction

rate rapidly increases until it reaches its maximum value of 30 mol
m3 s

. It drops to essentially

0 mol
m3 s

after reaching the 80 %-mark of the reactor. The apparent reaction rate has a similar

trend, however, starting at a reaction rate of 20 mol
m3 s

. The following increase in reaction rate

is smaller than that for the intrinsic reaction rate. At the maximum value, the apparent

reaction rate differs from the maximum intrinsic reaction rate by 4 mol
m3 s

. Furthermore, the

maximum of the apparent reaction rate is slightly shifted to the left side. Subsequent to

passing the maximum reaction rate, the value drops and the reaction comes to halt at a

reactor length of 0.80. The reaction rate increase of the apparent and intrinsic reaction

rate in the first section of the reactor follows an exponential growth. This acceleration

in the kinetics is due to the increase in temperature which dominates the reaction rate

at the reactor inlet while the CO concentration is sufficiently high. Along the axis of the

reactor, the CO concentration is decreasing until the concentration is so low that it leads to a

slowdown of the reaction rate. Additionally, the temperature increase influences the chemical

equilibrium and the chemical potential difference, another important driver of the reaction.

At higher temperatures, the equilibrium shifts to the reactant side for exothermic reactions.

This reduces the chemical potential difference and ultimately slows the reaction down. The

difference in the reaction rates between the apparent and intrinsic reaction rates is due to

pore diffusion inside the catalyst pellet. Diffusion limits the internal surface penetration

with reactants and slows down the process of product removal from the reaction site. An

increase in temperature has only a small impact on the effective diffusivity which leads to the

conclusion that the observed increase in apparent reaction rate is mostly due to the increase

in intrinsic reaction rate. This means that when increasing the temperature, more reaction

will occur closer to the pore entrance. Thus, less reactants can diffuse all the way into the
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pore, which reduces the active reaction surface significantly and widens the gap between the

apparent and intrinsic reaction rate.

A measure of this phenomenon is the catalyst effectiveness, which is the ratio between

the intrinsic and apparent reaction rate. At the reactor inlet, the catalyst effectiveness lies

just above 93 %. Accordingly, to the above described phenomenon, the catalyst effectiveness

decreases down to 80 % before it recovers and rises all the way to 100.0 %. This rapid increase

and full utilization of the catalyst is due to the establishment of chemical equilibrium. In

this situation, the chemical reaction rate is infinitesimally slow but the diffusion into the

pore is at its maximum rate. Reactants can diffuse all the way into the pore before they can

react and can fully utilize the internal surface area.

The catalyst bed for this reactor has a total volume of 145.4 m3, which results in a

pressure drop of 1.17 bar. Together with the pressure drop for reactor inlet and reactor

outlet, the total pressure drop of the 1st shift reactor is 1.24 bar. The shift reactor section

is operated in two trains each reactor with a diameter of 3.66 m.

Important measures for the performance of a reactor are the Weisz-Prater modulus

and the Carberry number. Both parameters are plotted in Figure 4.16.

The Prater-Weisz modulus (solid line) relates the reaction rate to the pore diffusion

rate and is plotted versus the left ordinate. The initial value of the modulus is 0.22 which

initially increases exponentially, followed by a short linear section and levels off to reach a

maximum value of 0.64 at a reactor length of 0.4. After that the modulus decreased rapidly

and asymptotically approaches a value of zero. The exponential increase at the beginning

can be traced back to the exponential temperature dependence of the reaction rate and

shows that the increase in reaction rate is faster than the increase in diffusion rate due to

an increase in temperature at the reactor inlet section. The linear section of the Weisz-

Prater modulus coincides with the maximum intrinsic reaction rate. Here the increase in

temperature is the strongest but the reaction rate is beginning to slow down which brings

the reactant consumption rate to the same order as the diffusion rate. Later, the reaction
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Figure 4.16: Prater-Weisz modulus ( ) and Carberry number ( ) of the 1st shift reactor
of the SelexolTM cold gas cleanup scenario using a sour shift catalyst with a system sizing
factor of 1.25.

rate slows down further because of the low reactant concentration, however, the tempera-

ture keeps increasing and so does the diffusion rate.This leads to a further increase of the

modulus until the decrease of the reaction rate is so strong that it dominates the behavior

of the Weisz-Prater modulus. According to Equation 4.88 the effect of internal diffusion is

not limiting if the value of the Weisz-Prater modulus is smaller than 0.15. As it can be seen

from Figure 4.16 the internal diffusion limitation is present in the reactor up to a normalized

length of 0.63.

The Carberry number (dashed line) is a measure for the limitation of external mass

transport limitation and relates the reaction rate to the external mass transport rate. The

shape of the Carberry number curve is similar to the Weisz-Prater modulus since the same

physical principles apply as the ones described above. However, there is a slight left shift of

the maximum compared to the Weisz-Prater modulus. This is because the relevant reaction

rate for the Weisz-Prater modulus is the intrinsic reaction rate but for an external mass

transport limitation criterion the apparent reaction rate is of interest. The initial value of
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the Carberry number at reactor inlet is 0.003 and the maximum value is 0.008. Both values

are below the threshold of 0.05 (Equation 4.94) and, thus external mass transport does not

limit the reaction kinetics.

To evaluate the limitations of heat transfer upon the reaction kinetics the Mears moduli

for internal and external heat transfer are plotted in Figure 4.17.
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Figure 4.17: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 1st shift reactor of the SelexolTM cold gas cleanup
scenario using a sour shift catalyst with a system sizing factor of 1.25.

The Mears modulus Γ (solid line) is plotted versus the left ordinate and is a measure for

the importance of internal heat transfer. The initial value of the Mears modulus for internal

heat transfer is 0.0018. The initial increase is slow and the maximum value is 0.0020 which

is reached at a reactor length of 0.09. After the maximum, the modulus asymptotically ap-

proaches 0. The internal heat transfer is most critical before the maximum reaction rate is

reached and is already declining when the reaction rate arrives at its highest value. Reason

for this behavior is the reaction enthalpy that decreases with increasing temperature and

Arrhenius number that relates the activation energy to the thermal potential. Applying the
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criterion from Equation 4.113 shows that internal heat transfer does not play an important

role in this scenario and the model assumption of an isothermal catalyst particle is justified.

The Mears modulus Ω (dashed line) is an indicator for the relevance of extra particle

heat transfer limitation and is plotted versus the right ordinate in Figure 4.17. The modulus

Ω starts with its highest value of 0.009 and a low negative slope. The slope decreases towards

the middle of the reactor and Ω levels off asymptotically as it approaches a value of zero.

The mechanisms that impact the reaction rate, e.g. activation energy, thermal potential and

enthalpy of reaction are identical to the Γ modulus, however, in Ω they are related to the

heat transfer coefficient instead of the conductivity. The shape of the two moduli is generally

very similar. Nevertheless, Ω has a local maximum and Γ does not. In the calculation of Ω

the conductivity is assumed to be constant, while in the calculation of Γ the heat transfer

coefficient is a function of the location in the reactor. Since the gas in the reactor is heating

up and expands, the volume flow is increased leading to a higher Colburn factor and higher

heat transfer coefficients which leads to the elimination of the maximum and a decrease of

the Γ modulus from the inlet of the reactor. As the highest value of Γ lies below the critical

value of 0.05 external heat transfer is not limiting the reaction.

Another useful measure in reactor engineering is the proposed rate optimization num-

ber, Ro, that compares the influence of temperature on the thermal driving force and the

chemical driving force. The rate optimization number is plotted in Figure 4.18.

The rate optimization number starts with a very high negative value of -460 and in-

creases almost logarithmically up to a value of -0.0001. Thereby, it intersects with the -1

value at around 0.45. This shows that for most of the time the chemical reaction is oper-

ated far away from its optimum rate. Values below -1 show that the reaction rate could

proceed much faster if more thermal energy would be available. Values above -1 show that

the reaction kinetics could be accelerated if the chemical driving force would be increased by

lowering the temperature. A wide range of Ro values indicates that large amounts of catalyst

could potentially be saved by optimizing the reactor design. This is a very different finding
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Figure 4.18: Rate optimization number of the 1st shift reactor of the SelexolTM cold gas
cleanup scenario using a sour shift catalyst with a system sizing factor of 1.25.

compared to the catalyst effectiveness. In this reactor the catalyst effectiveness is quite high

with values greater than 80 %. However, the catalyst effectiveness only evaluates how much

of the catalyst is actually being used. If improving the reaction kinetics according to the Ro

number, it is very likely that the catalyst effectiveness will go down while the total amount

of catalyst needed to accommodate the reaction will be reduced. The impact of optimizing

the reactor design with the Ro number and details on the Ro number will be discussed at a

later point in section 4.4.5.

The inlet temperature of the 2nd shift reactor is set to be 15 ◦C above the dew point tem-

perature. This is 204 ◦C and the lowest acceptable inlet temperature. Lower temperatures

are desirable with respect to the thermodynamic equilibrium but also lead to a slowdown

of the reaction kinetics. Thus, low temperatures in the water-gas-shift reaction can result

in unreasonable catalyst bed sizes and pressure drops, which have to be evaluated in this

analysis. The system sizing factor for the 2nd shift reactor was set to 1.1 to ensure completion

of the reaction. Poisoning is not as much of a concern for the reason that potential trace
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contaminants will be trapped in the first reactor.

The temperature profile of the 2nd shift reactor is shown in Figure 4.19.
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Figure 4.19: Temperature profile of the 2nd shift reactor of the SelexolTM cold gas cleanup
scenario using a sour shift catalyst with a system sizing factor of 1.1.

The temperature range of the low temperature shift reactor is much smaller than in

the high temperature shift reactor. The temperature increases from 204 ◦C at the inlet to

222 ◦C at the outlet. Identically to the 1st shift reactor, a 13.9 ◦C equilibrium temperature

approach is used. Although both reactors feature the same reaction, the temperature pro-

file within the reactors is very different. The temperature increase at reactor inlet for the

high temperature shift reactor is 2.22
◦C
m3 and accelerates in the first section, whereas the

temperature increase at the reactor inlet for the second reactor is 0.31
◦C
m3 and stagnates

from the very beginning. After a normalized reactor length of 0.25, the reaction starts to

slow down significantly and levels off at around 0.90. This indicates that the heat provided

by the reaction is not enough to accelerate the reaction kinetics. The CO concentration at

the reactor inlet is already so low that it starts to impact the reaction rate from the very

beginning and the slope of the temperature profile decreases along the reactor axis until it
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eventually reaches a value of zero meaning the temperature reaches a constant value.

When the syngas enters the 2nd shift reactor, 89.1 % of the CO is already converted to

CO2. After the 2nd shift reactor, the CO conversion is increased to 98.7 %. The progression

of CO conversion along the reactor axis can be seen in Figure 4.20 together with the other

species profiles of the 2nd shift reactor.
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Figure 4.20: Species profiles of the 2nd shift reactor of the SelexolTM cold gas cleanup scenario
using a sour shift catalyst with a system sizing factor of 1.1.

As described before, the reactant and product species lines run parallel to each other

and the absolute slopes of the reactant and product curves are identical due to equimolar

shifting. Carbon monoxide values at reactor inlet are more than an order of magnitude lower

than the other species participating on the water-gas-shift reaction. The reactants, water

and carbon monoxide, experience the strongest decrease at the reactor inlet and slowly level

off. Inverse behavior is found for the product species, hydrogen and carbon dioxide. The

highest slope is at the reactor inlet and it levels off as the reaction approaches equilibrium.

This very slow change in species concentration is because of the fact that the chemical po-

tential difference is already very small at the reactor inlet due to low CO concentration.
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Figure 4.21 shows the catalyst effectiveness, apparent and intrinsic reaction rates.
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Figure 4.21: Catalyst effectiveness ( ), intrinsic ration rate ( ) and apparent reaction
rate ( ) of the 2nd shift reactor of the SelexolTM cold gas cleanup scenario using a sour
shift catalyst with a system sizing factor of 1.1.

As indicated before, the reaction kinetics of the low temperature shift reactor are much

slower than those in the high temperature reactor. The maximum apparent reaction rate of

the second reactor at 2.80 mol
m3 s

, is 89 % lower than the maximum reaction rate of the first

reactor. Differences in the intrinsic reaction rate are smaller and around 90 %. The intrinsic

reaction rate has an initial value of 3.12 mol
m3 s

and decreases to a value of 0.06 mol
m3 s

towards

the reactor outlet. A reaction rate of 0.1 mol
m3 s

is considered as equilibrium. Applying a sizing

factor of 1.1 allows the reaction to proceed beyond this limit. The slope of the intrinsic

rate decreases linearly until a reactor length of 0.25 and starts leveling off after passing the

0.25 mark. The almost linear behavior is due to the exothermic nature of the water-gas-shift

reaction, which leads to a temperature increase and an acceleration in the kinetics. However,

this effect is competing with the reduction in reaction rate as a result of the lowering CO

concentration. At the beginning, both effects are apparent but as the reaction proceeds, the

159



impact of the lower CO concentration begins dominating the reaction rate. This can be also

seen in the apparent reaction rate. As the reaction approaches equilibrium, the difference

between the intrinsic and apparent reaction rate vanishes because internal mass transport

becomes less of a limitation.

The catalyst effectiveness of the low temperature shift reactor is overall higher than

the high temperature shift reactor. At inlet conditions, the effectiveness is 90 %, and drops

to 88 % and then rises to 98 %. The higher overall effectiveness compared to the 1st shift

reactor is due to the slower reaction rate, which allows species transport farther into the

pore and a higher utilization of the internal surface area. The minimum effectiveness value

is located at a reactor length of 0.33, this is where the ratio of apparent reaction rate to

intrinsic reaction rate is the smallest.

The catalyst bed in the 2nd shift reactor occupies a volume of 168.6 m3. The pressure

drop associated with this bed is 1.11 bar. Although the bed volume is the larger, the pressure

drop of the low temperature shift reactor is smaller. The reactor’s lower inlet temperature

reduces the volume flow through the bed, which is correlated to the pressure drop resulting

in a lower pressure drop. Considering reactor inlet and outlet pressure drops a total pressure

drop of 1.20 bar is obtained. The shift reactor section is operated in two trains each of the

two low temperature shift reactors with a diameter of 3.66 m.

The dimensionless quantities describing internal and external mass transport phenom-

ena of the catalyst particle are plotted in Figure 4.22.

The Weisz-Prater Modulus at the reactor inlet has a value of 0.31 and reaches a max-

imum value of 0.38 at a reactor length of 0.33 where the minimum catalyst effectiveness is

reached. The curvature of the curve is positive until a reactor length of 0.68 and decreases

to a value of 0.05 at reactor outlet. This means that even at slow reaction rates severe

limitations due to internal mass transport exist within the catalyst pellet. At the reactor

inlet the Weisz-Prater modulus of the second shift reactor is even greater than at the inlet of

the first reactor which has a much higher reaction rate. This is due to the reduced diffusion
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Figure 4.22: Prater-Weisz modulus ( ) and Carberry number ( ) of the 2nd shift reactor
of the SelexolTM cold gas cleanup scenario using a sour shift catalyst with a system sizing
factor of 1.1.

rate (note: the diffusivity increases, although the temperature is lower; the composition of

the gas mixture in the second reactor is different leading to a smaller concentration gradient

causing the diffusion rate to drop).

The Carberry number is initially 0.003 and reaches a maximum value of 0.004 when

the minimum catalyst effectiveness is reached. Overall the shape of the curve is very similar

to the first shift reactor but the Carberry number is in general lower than in the first reactor.

This means that the reaction rate in the second reactor decrease more than the heat transfer

coefficient in the second reactor due to the lower volume flow. Nevertheless, in both reactors

the external mass transfer resistance is so small that it can be neglected.

The dimensionless quantities for internal and external heat transport are shown in

Figure 4.23.

Also for the second shift reactor the assumption of an isothermal catalyst particle is

justified. The Mears modulus Γ is smaller than 0.1 at all locations. The initial value is
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Figure 4.23: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 2nd shift reactor of the SelexolTM cold gas cleanup
scenario using a sour shift catalyst with a system sizing factor of 1.1.

0.0003 and decays to a value of 5x10−6 at reactor outlet. These values are much smaller

than for the first shift reaction due to the slower reaction kinetics while the conductivity is

considered to be the same.

The Mears modulus Ω has an initial value of 0.001 and decreases to 2x10−5. This means

that external heat transfer in the second reactor is not important for the reaction kinetic.

Compared to the first reactor the modulus for external heat transfer is smaller which is also

due to the reaction rate and heat transfer coefficient. The external heat transfer coefficient in

the second reactor is actually higher compared to the first shift reactor due to the differences

in density, viscosity and heat capacity although the actual gas velocity in the catalyst bed

is lower because of the lower inlet temperature.

In Figure 4.24, the rate optimization number for the second shift reactor is shown.

The range in which the reactor operates is much smaller than the first reactor and

goes from -7.5 to -0.04 which means that it operates closer to its optimum reaction rate.
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Figure 4.24: Rate optimization number of the 2nd shift reactor of the SelexolTM cold gas
cleanup scenario using a sour shift catalyst with a system sizing factor of 1.1.

At a reactor length of approximately 0.5 the reactor operates at is optimum reaction rate.

Below a reactor length of 0.5 the reactor temperature is too low and above a reactor length

of 0.5 the reactor temperature is too high to achieve the optimum reaction rate. However,

since the reactor is operated adiabatically the reactor inlet temperature is determined by the

conversion target. If internal cooling can be achieved an improvement of the reaction rate is

feasible while maintaining the same conversion.

Critical for the operation of the water-gas-shift reactors is the equilibrium evaluation

between carbon, hydrogen and oxygen species in order to avoid carbon deposition onto the

catalyst. Figures 4.25 and 4.26 show the equilibrium curves for the high temperature and

low temperature water-gas-shift reactors at inlet and outlet conditions for the formation of

graphite and amorphous graphite.

The ternary diagrams are based upon atomic balances and can depict any composi-
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Figure 4.25: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 1st water-gas-shift reactor of the SelexolTM cold gas cleanup case.

tion of the syngas. The solid line shows the equilibrium curve for graphite, the dashed line

for amorphous graphite. Black lines represent the reactor inlet conditions and gray lines

represent the outlet conditions. The triangle and circle show the reactor inlet and outlet

composition. Gas compositions above the equilibrium composition are unstable and can

lead to carbon deposition. In this case, the formation of graphite is more critical than the

formation of amorphous graphite and will function as the design limit. With the addition

of water (67 % H, 33 % O), the atomic composition of the syngas can be changed. Adding

water moves the final composition closer to the state of water. This way the initial gas

composition can be moved across the critical equilibrium line. In this study, a 1 % surplus

(with respect to total molar flow) of water is added to ensure that the inlet gas composition
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is not too close to the critical equilibrium composition. The carbon equilibrium is mostly

dependent upon temperature. Solid carbon is favored at lower temperatures, CO2 and CO

are favored at higher temperatures. Thus, in most cases the inlet condition of the second

shift reactor represents the limiting case.

The equilibrium curves for the low temperature water-gas-shift reactor is shown in

Figure 4.26.

Figure 4.26: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 2nd water-gas-shift reactor of the SelexolTM cold gas cleanup case.

Since the second water-gas-shift reactor has a much smaller temperature difference

between inlet and outlet, the equilibrium curves for both states almost coincide. Inlet and

outlet gas compositions are almost the same since no chemical components are added inside

the reactor during the reaction. For the syngas composition obtained from the TRIGTM
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gasifier, a steam to carbon monoxide ratio of 2.80 ensures safe operation of the first and

second shift reactor.

The analysis of this case shows that the DoE target of 90 % carbon capture cannot be

achieved in this case. One reason is the high methane content in the syngas, which cannot be

converted by shift reactors. Secondly, the shift reactors are already converting 98.7 % of the

CO to CO2. Further shifting would result in significant additional cost because this would

require a third reactor with an enormous amount of catalyst. Ultimately this would lead to

a huge pressure drop as well. Alternatively, the amount of steam added could be increased.

However, this would impair the plant efficiency. Lastly, the SelexolTM process does not have

the necessary CO2 capture yield to achieve carbon capture greater 83.4 %. Thus, it is not

possible to improve the carbon capture with an optimization of the water-gas-shift section

in the SelexolTM case. Nevertheless, it is possible to improve the plant efficiency, however,

only at the expense of the carbon capture.

Analysis of the Warm Gas Cleanup Scenario

The high temperature shift reactor of the warm gas cleanup scenario is almost identical

to the cold gas cleanup case and will not be discussed in detail. The temperature profile

and temperature increase are the same for both reactors. The same is true for the intrinsic

reaction rate, apparent reaction rate, catalyst effectiveness, mass transfer quantities, heat

transfer quantities and rate optimization number, which show exactly the same behavior as

discussed in the first part of Section 4.4.4. Small differences between the cold gas cleanup

and warm gas cleanup cases are present in the species profiles of the high temperature water-

gas-shift reactor. Due to the smaller coal flow, the total molar flow of syngas entering the

shift reactor is smaller. However, this does not affect the general shape of the profiles. It

only leads to a shift to lower molar flows. For completion, the results of the analysis of high
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temperature shift reactor of the warm gas cleanup scenario are given in appendices C.1 -

C.6. The analysis of the equilibrium is provided in B.1. As a result of the reduced molar

flow, the required catalyst volume is reduced to 140.5 m3. The pressure drop remains the

same, 1.24 bar. It is assumed that only the diameter of the reactor is resized which leads to

the same internal velocities and pressure drop.

The low temperature shift reactor in the warm gas cleanup scenario differs from the

low temperature shift reactor in the SelexolTM case. In the warm gas cleanup case, sulfur

is removed from the syngas after the first shift reactor and the reactor uses the alumina

supported Cu/Zn alloy sweet shift low-temperature catalyst described in Section 4.4.3. The

reactor inlet temperature is identical to the low temperature shift reactor in the cold gas

cleanup scenario. On the way through the reactor, the syngas is heated from 204 ◦C to

222 ◦C. The profile of the temperature inside the reactor is shown in Figure 4.27.
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Figure 4.27: Temperature profile of the 2nd shift reactor of the CO2-PSA warm gas cleanup
base scenario using a low temperature, sweet shift catalyst with a system sizing factor of 1.1.

The temperature increase is the strongest at reactor inlet and the slope levels off as
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it approaches the reactor exit. In general, the trend is very similar to the low temperature

reactor of the SelexolTM case. Small differences can be identified in the initial slope at reac-

tor inlet and the bending of the curve. The bending in the warm gas cleanup case is more

gradual and wider compared to the cold gas case. This is due to the lower activation energy

of the sweet shift catalyst and its higher dependency on the CO partial pressure. Also for

the low temperature sweet shift catalyst, a 13.9 ◦C equilibrium temperature approach and

a system sizing factor of 1.1 is used. The linear increase at reactor inlet and the subsequent

bending of the curve have the same origin as discussed for the low temperature shift reactor

in the cold gas cleanup scenario.

The species profiles of the species participating in the water-gas-shift reaction are il-

lustrated in Figure 4.28.
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Figure 4.28: Species profiles of the 2nd shift reactor of the CO2-PSA warm gas cleanup base
scenario using a low temperature, sweet shift catalyst with a system sizing factor of 1.1.

Changes in the species flows are only small in the second shift reactor. The species flow

profiles are almost identical to the low temperature shift reactor in the cold gas cleanup case.

The decay of reactant species and the increase in product species concentrations are more
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gradual than those in the cold gas clean up case but the final gas composition is essentially

the same. The total CO conversion after the second shift reactor in the warm gas cleanup

case is 98.7 %, which matches the performance of the cold gas cleanup case. In total, the

syngas molar flow is smaller due to the higher efficiency of the warm gas cleanup scenario

and limitations in the gas turbine inlet air flow. However, this does not affect the reactor

performance, and it only affects the reactor size.

The evaluation of the reaction rates and the catalyst effectiveness are shown in Figure

4.29.
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Figure 4.29: Catalyst effectiveness ( ), intrinsic ration rate ( ) and apparent reaction
rate ( ) of the 2nd shift reactor of the CO2-PSA warm gas cleanup base scenario using a
low temperature, sweet shift catalyst with a system sizing factor of 1.1.

The reaction kinetics of the sweet shift catalyst are much faster than the reaction ki-

netics of the sour shift catalyst. The intrinsic reaction rate has its maximum value of 33 mol
m3 s

at the reactor inlet and then decays quickly until it zeros out when the reactor outlet is

reached. The decay at the beginning is relatively linear and eventually starts bending at a

reactor location of 0.20. The same behavior is observed for the intrinsic rate, however, its
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maximum value starts at 10 mol
m3 s

. The almost linear decay of the reaction rate at the begin-

ning shows that the influence of temperature is countered by the reduction in CO in the first

section of the reactor. The rates of the sweet shift catalyst are 10.6 times (intrinsic) and 3.4

times (apparent) larger than that for the sour shift catalyst. The improved kinetics are the

major reason why sweet shift catalyst are preferred over sour shift catalyst. However, sweet

shift catalysts are very prone to sulfur poisoning and can be only used after desulfurization

of the syngas. The catalyst effectiveness of the sweet shift catalyst is lower than the sour

shift catalyst. One reason is that the characteristic length of the sweet shift catalyst pellet

is longer, but the observed effect is mostly due to the higher reaction rate that moves the

reaction closer to the pore inlet and less of the internal surface area is effectively used. The

catalyst effectiveness remains relatively constant in the first half of the reactor and then

increases as the reaction approaches equilibrium. Since the effectiveness factor is the result

of the ratio between apparent and intrinsic reaction rate, the constant course in the first

reactor half can be explained with the linear behavior of both reaction rates. Later, the

intrinsic and apparent reaction rates level off and cause the effectiveness factor to increase.

On a physical basis, this can be explained with accessibility of the internal surface area by

diffusion as described above.

The total pressure drop of the sweet shift reactor is 1.51 bar, whereby 1.42 bar of the

total pressure drop are caused by the fluid dynamics inside the catalyst bed, which occupies

a volume of 59.0 m3. This is a significant reduction compared to the sour shift catalyst and

can potentially lead to a cost reduction of the power plant. The sweet shift reactors have a

diameter of 3.15 m.

Plots of the Weisz-Prater modulus, Ca number, Mears modulus for internal heat trans-

fer, Mears modulus for external heat transfer and the Ro number are shown in appendix C.7

- C.9. The maximum values of the Weisz-Prater modulus and the Ca number are 3.7 and

0.01 which indicates limitations by internal diffusion but no limitations due to external mass

transfer. Maximum values for the Mears moduli for internal and external heat transfer are:
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0.003 and 0.004. This justifies the assumption of an isothermal catalyst particle and shows

that the impact of external heat transfer is extremely small.

The equilibrium graph, Figure 4.30, of the low temperature sweet shift reactor is iden-

tical to the sour shift reactor since the steam to carbon monoxide ratio of 2.80 is used and

the reactor inlet temperatures are the same.

Figure 4.30: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 2nd water-gas-shift reactor of the CO2-PSA warm gas cleanup base case.

However, because the warm gas cleanup case uses a carbon capture technology with a

higher yield, the interpretation is a different one. Sending all the syngas through the CO2-
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PSA would result in a carbon capture of 88.6 % at a plant efficiency of 33.9 %. As a result

of this, a certain fraction of the syngas is bypassed in order to compare the two technologies

upon the same basis. A higher carbon capture would increase the steam requirement for

sorbent regeneration and add a penalty to the plant performance.

An alternative option to bypassing some of the syngas around the CO2-PSA is to limit

conversion of the shift reactors. Adjusting the conversion accordingly to the CO2 yield of

the CO2-PSA can potentially reduce the steam requirements and boost the plant efficiency.

Another advantage of shifting only the minimal required amount of CO is an increase in the

heating value of the syngas. Chemical energy has a higher value than thermal energy. If

CO is shifted in the shift reactor, its released energy has to be captured in the form of heat,

which can be utilized in the Rankine cycle. However, if CO is combusted directly in the

gas turbine the energy yield is higher leading to an increased efficiency. This option will be

explored in the following section.

4.4.5 Optimization of the Water-Gas-Shift Section

Important for adjusting the CO conversion of the shift unit is the outlet temperature

of the last shift reactor. Thermodynamic equilibrium predicts lower CO conversion at higher

temperatures. Raising the inlet temperature of the shift reactor will ultimately increase the

outlet temperature and simultaneously change the steam requirement necessary to avoid car-

bon deposition. As shown in Figure 4.10, the carbon equilibrium line is strongly dependent

upon temperature. Gas compositions with a very high H:O ratio can lead to an increase

of the steam requirement. However, for most compositions, a higher operating temperature

leads to a decrease in steam requirement. The atomic composition of the syngas before the

addition of shift steam is H:C:O = 0.44:0.22:0.34. The composition has a well-balanced H:O

ratio and finds itself in the central part of the diagram. This opens the possibility of reducing
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the shift steam requirement and increasing the overall plant performance.

Optimization I – 2 Adiabatic High Temperature Shift Reactors.

The first optimization uses a very similar plant configuration as the un-optimized warm

gas cleanup base scenario. Instead of preheating and humidifying the syngas simultaneously

by using just steam, an additional heat exchanger is necessary to raise the temperature to

315 ◦C before it enters the first shift reactor. The heat input for this additional heat is

provided by the high pressure boiler feed water. Subsequent to the syngas preheater, shift

steam is added. After shifting the syngas is desulfurized and cooled to the same inlet temper-

ature as the first reactor before it enters the second shift reactor. As result of this increased

temperature, the second reactor uses the Fe/Cr based high temperature shift catalyst. A

flow sheet of the plant design is shown in Figure 4.31. A summary of the major streams

indicated in the flow sheet are provided in Table 4.17. Additionally, a stream summary with

constant coal mass flow is provided in the appendix Table A.2.

Setting both reactor inlet temperatures to the same value is most effective. The smaller

the temperature rise in the last reactor, the higher the inlet temperature can be while main-

taining the same CO conversion. If the inlet temperature for the first reactor is lower, the

higher the conversion in the first reactor will be. This leads to less conversion in the second

reactor and a smaller temperature increase. As a result, both reactor inlet temperatures

have to be the same to maximize conversion in the first reactor and minimize the steam

requirement. For this setup, a temperature of 315 ◦C was determined to deliver the right

amount CO2 to achieve the same carbon capture as in the SelexolTM case, 83.4 %. Concur-

rently with the temperature determination, the steam requirement was iteratively calculated

by using the whisker carbon equilibrium algorithm. By using a reactor inlet temperature of

315 ◦C, the steam to carbon monoxide ratio is reduced from 2.80 to 2.16 while still operating
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the reactors in the stable gas regime.

The whisker carbon equilibrium curves of the first shift reactor can be seen in Figure

4.32.

Figure 4.32: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 1st water-gas-shift reactor of the warm gas clean up case.

The solid black line represents the equilibrium line of graphite for reactor inlet con-

ditions, which is 315 ◦C. The outlet temperature of the first shift reactor is 493 ◦C and is

represented by the gray line. The dashed lines show the equilibrium curves for amorphous

carbon but those are not relevant in this analysis. Compared to the equilibrium curve of the

second shift reactor of the previous cases (Figures 4.26 and 4.30), it is visible how the equi-
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librium curve has been shifted upwards. Due to the significantly higher outlet temperature

of the first shift reactor, the equilibrium curve at outlet condition lies even higher than the

inlet condition.

The equilibrium curves of the second shift reactor are shown in Figure 4.33.

Figure 4.33: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 2nd water-gas-shift reactor of the warm gas clean up case.

The outlet temperature of the second shift reactor is 347 ◦C, which is much closer to

inlet condition than the outlet temperature of the first shift reactor. Thus, the equilibrium

curves are much closer to each other. The reactor inlet curves for the first shift and second
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shift reactor are almost identical as well since both have the same inlet temperature. Just

the lower syngas pressure causes small deviations in the equilibrium line. This shows that

both reactors operate close to the minimum steam to carbon monoxide ratio. The steam

to carbon monoxide ratio in this context is always referred to the point before the syngas

enters the first shift reactor. Looking at the steam to carbon monoxide ratio before the

second shift reactor, the true steam to carbon monoxide ratio is 5.74. However, nothing

changes with respect to the atomic composition or the gases’ stability as it can be seen

in Figure 4.33. Often found in literature is the steam to carbon ratio, but this also does

not include hydrogen, which plays an important role in the stability of a gas. Thus, it is

important to always analyze gas mixtures based on the entire equilibrium and not just on a

ratio of steam to carbon monoxide or steam to carbon.

The impact of raising the operating temperature of the water-gas-shift on the reactor

design and its internals will be covered in the following section. The design specification

of the water-gas-shift reactors operating at higher temperature is the same as it is for the

previously discussed water-gas-shift reactors. Likewise, a system sizing factor of 1.25 is

used for the first reactor to be less compromised by poisoning. Furthermore, an equilibrium

approach temperature of 13.9 ◦C is applied again.

The temperature profile of the first shift reactor is shown in Figure 4.34.

Within the first half of the reactor, the temperature increases from 315 ◦C to 393 ◦C.

In the second half of the reactor, the temperature remains constant after passing through

80 % of the reactor. The slope of the temperature rise increases slightly at reactor inlet

until a reactor length of 0.08 is reached. Then, the slope starts to level off slowly and the

temperature remains constant after reaching a reactor length of 0.8. As described earlier,

the increase in the slope is an indication for an increase in the reaction kinetics. The

reaction kinetics are influenced by the temperature exponentially. Later, the lowering CO

partial pressure and the decreasing chemical potential induce a slowdown of the reaction
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Figure 4.34: Temperature profile of the 1st shift reactor of the Optimization I CO2-PSA
warm gas cleanup scenario using a high temperature, sour shift catalyst with a system sizing
factor of 1.25.

rate. Compared to the other cases, the temperature increase in the Optimization I case

with 78 ◦C versus 151 ◦C is much smaller. This suggests that the CO conversion in the first

shift reactor of the optimization scenario is much smaller, too. The higher inlet temperature

and the lower steam partial pressure in the optimization scenario entail a lower chemical

potential difference at reactor inlet compared to the other cases, which affects the kinetics,

heat generation density and thermodynamic equilibrium all the way to the reactor outlet.

The CO conversion in the first reactor is 75.4 % and thus 13.7 %− points lower than

in the previous cases. This can be inferred from the species profiles shown in Figure 4.35.

The species profiles of the products have a very similar shape as the temperature pro-

file; reaction reactants follow an inverse behavior. Considering that heat can be seen as an

additional reaction product – exothermic reaction – this behavior is a logical consequence.

Subsequently, the explanation of the change in slope of the temperature profile can be trans-

ferred one to one. In the very first section of the reactor, the temperature increase accelerates

the reaction and a faster change in species is the consequence. A buildup of product species
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Figure 4.35: Species profiles of the 1st shift reactor of the Optimization I CO2-PSA warm
gas cleanup scenario using a high temperature, sour shift catalyst with a system sizing factor
of 1.25.

and a decay of reactant species following this initially fast conversion slows down the reac-

tion, reactant consumption and product generation, until equilibrium is established. Due to

the lower water input in the optimized scenario, the water content in the syngas drops below

the hydrogen content after reaching equilibrium and it no longer represents the dominant

species in the syngas. This also affects the heating value of the syngas but will be further

discussed after analyzing the second shift reactor.

Qualitative conclusions on the reaction rate could be already drawn from the tem-

perature and species profiles. A quantitative analysis of the reaction rate and catalyst

effectiveness is provided in Figure 4.36.

The trends in Figure 4.36 are very similar to the high temperature shift reactors previ-

ously discussed. As anticipated from the temperature and species profiles, the reaction rate

increases first, reaches a maximum and decays to zero. As discussed before, the acceleration

of the reaction kinetics is driven by the temperature increase, which is incorporated into the

rate equation exponentially. Further downstream, the influence of the reactant and product
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Figure 4.36: Catalyst effectiveness ( ), intrinsic reaction rate ( ) and apparent reaction
rate ( ) of the 1st shift reactor of the Optimization I CO2-PSA warm gas cleanup scenario
using a high temperature, sour shift catalyst with a system sizing factor of 1.25.

partial pressures, as well as the chemical potential difference, impede the reaction. A com-

parison of the absolute reaction rates of apparent and intrinsic rates show that the initial and

maximum reaction rates are much larger for the optimized shift reactor. The apparent rates

are 2.4 times (initial) and 2.0 times (maximum) larger than those for the other cases. For

the intrinsic rates the reaction rates are 2.8 times (initial) and 2.3 times (maximum) larger

than those in the previous cases. As a logical consequence of these higher reaction rates,

the reaction takes place close to the pore mouth and the catalyst effectiveness is lower than

previously observed. The general course of the effectiveness curve from the warm gas cleanup

base case is preserved in the Optimization I case since in the first shift reactor enough CO

is present to generate a steep temperature increase that can accelerate the reaction kinetics

faster than they are being slowed down by the decreasing CO partial pressure. At reactor

inlet, the catalyst effectiveness is 80 % and drops to 67 % as reaction kinetics accelerate.

The left-shift in the location of the maximum reaction rate of the apparent reaction rate

compared to the intrinsic reaction rate is due to internal pore transport phenomena. The
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average species concentration of CO inside the pore is smaller than in the bulk phase. Thus,

the effective CO concentration for the intrinsic reaction rate is lower and leads to a faster

decay in the reaction rate, which ultimately leads to this left-shift of the maximum value of

the intrinsic reaction rate.

The required catalyst volume at these reaction rates is 67.3 m3. Pressure drop caused

by the bed is determined to be 1.19 bar resulting in a total pressure drop of 1.25 bar. The

two high temperature sour shift reactors have a diameter of 3.51 m.

The dimensional analyses of heat transport, mass transport and reaction rate are pre-

sented in appendix C.10-C.12. Due to the increase in reaction rate, the internal mass diffusion

limitation inside the catalyst particle increases significantly which has direct implications for

the catalyst effectiveness as discussed above. Similarly, the external mass transfer number

Ca increases also. However, the influence of the external mass transport remains negligi-

bly small. The higher heat generation density of the faster reaction kinetics, also leads to

an increase in the Mears moduli for internal and external heat transfer. Both moduli are

sufficiently small to justify the model assumption of an isothermal catalyst particle. A com-

parison of the rate optimization number shows that the intersection with the -1 line in the

Optimization I scenario is shifted to the left and that the range of the Ro number is larger

than in the base case scenario indicating that with higher reactor inlet temperature cooling

becomes more important in order to maximizes the reaction kinetics.

After the first shift reactor, the syngas is cooled down to 315 ◦C before it enters the

second shift reactor. The temperature profile of the second shift reactor is given in Figure

4.37.

From inlet to outlet, the temperature increases from 315 ◦C to 347 ◦C. This is an in-

crease by 32 ◦C. After the initial temperature increase, the slope levels off. The system sizing

factor of the second reactor is 1.1 to ensure that equilibrium is essentially reached. A system

sizing factor of 1.1 is sufficient for the second shift reactor since potential catalyst inhibitors

will be trapped in the first reactor. Thus, in the last section of the reactor, equilibrium
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Figure 4.37: Temperature profile of the 2nd shift reactor of the Optimization I CO2-PSA
warm gas cleanup scenario using a high temperature, sweet shift catalyst with a system
sizing factor of 1.1.

is established and the temperature remains constant. Due to the low CO concentration in

the syngas leaving the first shift reactor, the energy released per unit volume is not enough

to accelerate the reaction as in the first reactor. Thus, a steady decay of the slope of the

temperature curve is observed, which is governed by the low CO partial pressure.

The total conversion after the second shift reactor is 90.0 %. This is sufficient to cap-

ture 83.4 % of the carbon dioxide for sequestration. A large amount of CO is shifted in the

first reactor and only 4.6 % of the total CO entering the shift section is converted in the

second shift reactor. The species profile of the second shift reactor is shown in Figure 4.38.

The reactant species decrease slowly, and product species increase inversely to the

reactant decay rate. Equimolar shifting leads to a parallel profile among product and reactant

species. In comparison to the lower temperature shift reactors with higher steam to carbon

monoxide ratios, the reduction of water in this case is clearly visible. The higher heating value

of the syngas leaving the second shift reactor is 7, 580 kJ
kg

for the Optimization I case. For the

cold gas cleanup SelexolTM case and warm gas cleanup base cases with low temperature shift
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Figure 4.38: Species profiles of the 2nd shift reactor of the Optimization I CO2-PSA warm
gas cleanup scenario using a high temperature, sweet shift catalyst with a system sizing
factor of 1.1.

reactor, the syngas exiting the shift reactor has a higher heating value of 6, 987 kJ
kg

. After

decarbonization, the heating value will be upgraded but the consequence of a higher heating

value is a higher nitrogen requirement for dilution of the syngas before being injected into

the gas turbine.

As mentioned before, the inlet temperature of the second reactor in the Optimization

I scenario is 315 ◦C which requires the use of a high temperature Fe/Cr catalyst. It is

important to eliminate the possibility of byproduct formation, in particular Fischer-Tropsch

liquids when using Fe based catalysts. The RFT -values at reactor inlet and outlet conditions

are 1.44 and 1.68 respectively. These values are safely below the critical value of 1.9 [104].

The catalyst effectiveness and reaction rates are shown in Figure 4.39.

The maximum value of the apparent reaction rate is 8 mol
m3 s

and the intrinsic rate has a

maximum of 11 mol
m3 s

. The values are much higher than those for the low temperature shift

reactor in the SelexolTM. Compared to the low temperature sweet shift reactor, the intrinsic

reaction rate is much smaller, but the apparent reaction rate is more similar. Although the
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Figure 4.39: Catalyst effectiveness ( ), intrinsic ration rate ( ) and apparent reaction
rate ( ) of the 2nd shift reactor of the Optimization I CO2-PSA warm gas cleanup scenario
using a high temperature, sweet shift catalyst with a system sizing factor of 1.1.

shift reactor in the Optimization I scenario is operated at higher temperature, which helps

with the kinetics, the activity of the high temperature reactor is not as high as for the low

temperature shift catalyst and there is no advantage over the low temperature sweet shift

reactor with respect to kinetics. The low temperature sweet shift catalyst is in general more

reactive but cannot be used at high temperatures and thus, an iron based catalyst has to

be used. If the apparent reaction rates are equal, there will be no gains in terms of catalyst

bed and vessel size. However, iron based catalysts are less expensive than copper based

low temperature catalysts. Even though the apparent reaction rate is comparable to the

low temperature shift catalyst, the catalyst effectiveness of the iron based catalyst is much

higher. This is a result of improved species diffusion at higher temperatures.

The pressure drop of the catalyst bed is 1.13 bar totaling to an overall pressure drop of

the reactor of 1.20 bar. The catalyst requirement of the second shift reactor is 89.3 m3 (diam-

eter of 3.66 m). This is a significant reduction from the low temperature sour shift catalyst

in the SelexolTM case (168.6 m3). Relative to the low temperature sweet shift reactor, the
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high temperature sweet shift reactor has a 34 % higher catalyst requirement, although the

apparent reaction rates differ by only 16 %. THe origin of this is the higher CO conversion

of the high temperature sweet shift reactor on an absolute mole basis.

The dimensional analyses of heat transport, mass transport and reaction rate of the

second shift reactor are presented in appendices C.13-C.15. The second shift reactor uses

a high temperature shift catalyst with lower intrinsic reaction rate leading to less internal

diffusion limitation compared to the copper based low temperature shift catalyst. However,

since the apparent reaction rates are comparable, the external diffusion limitations are in a

similar range. While the internal mass transport remains considerable, the external mass

transport is not significant. Internal heat transport in the high temperature shift reactor

plays a bigger role than in the low temperature shift reactor, although, the apparent reaction

rates are comparable. However, the HT shift catalyst pellet is larger and the catalyst has a

higher activation energy. This makes it harder to compare the influence of reaction kinetics

on heat transport phenomena when using two different catalysts. For the same reason the

external heat transfer modulus of the HT shift reactor is higher than in the low temperature

sweet shift case. Nevertheless, heat transport limitations are negligibly small and isother-

mal catalyst pellets are a valid assumption. For the rate optimization number, the same

behavior as for the first shift reactor is observed implying that cooling of the reactor, es-

pecially in the second reactor half would lead to an considerable increase in the reaction rate.

The impact of the optimization described above on the water-gas-shift section has far-

reaching implications regarding the plant performance. While maintaining the same carbon

capture as in the warm gas cleanup base case, the net efficiency of the plant is increased by

1.34 %− points to 35.54 %− HHV. The net electricity generated rises from 478, 819 kW to

497, 689 kW. Simultaneously the water usage is reduced by over 5.0 % to 13.94 m3

min
. The

normalized water usage of the warm gas cleanup scenario with optimized water-gas-shift

section is 1.6806
m3

water

MWhNet
. Comparing the water usage on a normalized basis, it becomes clear
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that the real water savings are over 9.15 % compared to the warm gas cleanup base case and

14.23 % compared to the SelexolTM case. Reason for the increase in efficiency, net power and

a reduction of the water usage can be found in the syngas composition and the shift section.

For this purpose, the following discussion will be based upon a constant coal flow rate.

The net power generated at constant coal flow rate is 515, 810 kW, which is composed of

the gross power, 420, 417 kW from the gas turbine and 218, 337 kW from the steam turbine,

and the auxiliary load of 122, 944 kW. Comparing these numbers to the warm gas cleanup

base case, an increase in every category can be observed. The gas turbine of the base case

generates 416, 436 kW, the steam turbine generates 190, 023 kW and the auxiliaries consume

110, 022 kW. The strongest increase in absolute values is for the steam turbine. The main

reason is the reduction in steam usage of the water-gas-shift section and more HP steam

generation. The increased operating temperature of the reactors allows a reduction in the

steam to carbon monoxide ratio while still operating the reactors in a stable gas regime. This

steam can now be used for electricity generation and increases the power output of the steam

turbine. Increasing the inlet temperature of the shift reactor also leads to an increase in the

outlet temperate and enables more HP steam generation which further increases the power

output of the steam turbine. Additionally, the higher firing temperature of the gas turbine

(less steam in the syngas) increases the steam generation. This higher firing temperature

also implies a higher power output of the gas turbine. Furthermore, the higher power output

of the gas turbine is related to the higher HHV of the syngas leaving the shift reactors. This

increase is mainly due to the lower water content of the syngas but also less conversion of

CO to CO2 plays a role. In order to maintain the same level of NOx emissions, the syngas

needs to be diluted. Steam is very effective in the reduction of NOx emissions and requires

less dilution than with nitrogen. Since the syngas has a lower steam content than in the base

case, a higher fraction of nitrogen needs to be injected into the syngas before it enters the

gas turbine combustor. This leads to a higher mass flow through the gas turbine expander

and thus to a higher power generation at the terminals. The higher nitrogen requirement
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has direct implications on the auxiliary load of the plant. Between the base case and the

optimized case, the only major difference in the auxiliary load lies in the ASU. As a result of

the higher nitrogen requirement, more air and nitrogen have to be compressed. The oxygen

compression power on the other side reduces. Nitrogen is produced at elevated pressure;

increasing the nitrogen production rate results in the co-production of more high pressure

oxygen. Less oxygen from the lower pressure stage is now needed, which reduces the overall

compression power of oxygen.

Furthermore, it is observed that the water usage of the optimized scenario decreases. At

a constant coal flow basis, the raw water consumption decreases from 15.18 m3

min
to 14.45 m3

min
.

There are two major sources for water loss in the plant: cooling tower losses and gas tur-

bine exhaust moisture. With the increase of power generation from the steam cycle, more

cooling for the Rankine cycle is required which increases the losses in the cooling tower. An

indication for the higher cooling water demand of the Optimization I case is an increase in

power consumption of the cooling water circulation pumps whereas this does not occur in

the present case. Due to the reduction of required shift steam, less water leaves the plant

through the stack and this reduction is so significant that it more than offsets the increase

in water demand in the cooling tower.

A summary of the plant performance of the gas turbine air flow limited case and the constant

coal flow case is provided in Table 4.18.
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Table 4.18: Performance Summary of Optimization I CO2-PSA Warm Gas Cleanup Case

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 405,647 420,417
Steam Turbine kW 210,666 218,337

Total kW 616,313 638,754
Auxiliary Load Unit

Coal Handling kW 493 511
Coal Milling kW 706 731

Coal Dryer Circulation Blower kW 2,475 2,565
Ash Handling & Dewatering kW 609 631

Air Separation Unit Auxiliaries kW 597 618
Air Separation Unit Main Compressor kW 43,086 44,655

Oxygen Compressor kW 10,671 11,060
Nitrogen Compressor kW 17,537 18,175

Syngas Recycle Compressor kW 1,498 1,553
Carbon Dioxide Purification & Compressor kW 21,690 22,480

Boiler Feed Water & Demin. Pumps kW 5,436 5,634
Vacuum Condensate Pump kW 340 353

Process Condensate & SWS System kW 72 75
BFW Circulation Pumps kW 81 84

Cooling Water Circulation Pumps kW 2,346 2,432
Cooling Tower Fans kW 1,290 1,337

Air Cooled Condenser Fans kW 2,160 2,239
Scrubber Pumps kW 590 611

Desulfurization Unit kW 1,673 1,734
Gas Turbine Auxiliaries kW 951 986

Steam Turbine Auxiliaries kW 108 112
Sulfuric Acid Plant kW (1,195) (1,239)

Miscellaneous Balance of Plant kW 2,900 3,006
Transformer Losses kW 2,510 2,601

Total kW 118,625 122,944
Net Power Generation Unit

Net Power Output kW 497,689 515,810
Plant Performance Unit

Net Efficiency %-HHV 35.54 35.53
Net Heat Rate kJ/kWh 10129.7 10132.2

Consumables Unit

As-Received Coal kg/h 253,450 262,678
Thermal Input kW-HHV 1,400,395 1,451,385

Raw Water Usage m3/min 13.94 14.45
Carbon Capture Unit

Carbon Recovery % 83.43 83.43

189



Optimization II – 3 Adiabatic High Temperature Shift Reactors.

The Optimization II scenario seeks to reduce the temperature increase in the second

reactor to further raise its inlet temperature. For this purpose a third shift reactor is in-

troduced. The implementation of the third reactor and its heat integration is similar to

the 2 shift reactor design. The biggest challenge is to provide enough heat to preheat the

syngas entering the first reactor. High pressure boiler feed water preheats the syngas before

shift steam is introduced to meet the steam to carbon monoxide ratio and further heat the

syngas to the right inlet temperature. For the operation of three shift reactors, the ideal

inlet temperature is 335 ◦C. For the first shift reactor HP and IP steam generators are used

to control the inlet temperature of the second shift reactor. Another IP steam generator is

placed after the second shift reactor to control the inlet temperature of the third shift reac-

tor. The desulfurizer in this scenario is placed before the first shift reactor since the inlet

temperature of the first shift reactor is high enough that after heating the syngas to 316 ◦C

the operating temperature of the warm gas desulfurization unit is already reached and the

rest heat to heat the syngas to 335 ◦C can be provided by the desulfurization process. This

also has the advantage that at lower operating temperature more sulfur can be removed from

the syngas (see Figure 4.5).

The temperature profiles of the three shift reactors are shown in Figure 4.40.

The outlet temperatures of the first, second and third reactors are 491 ◦C, 367 ◦C and

341 ◦C. The shape of the temperature profile of the first reactor distinguishes from the

second and third reactor. The high CO inlet concentration leads to an over proportional

increase in temperature and accelerates the kinetics in the first section of the reactor before

it starts to slow down as it approaches equilibrium. The second and third reactors share

the same general behavior of the temperature profile. However, the temperature difference

between inlet and outlet is dissimilar. In both cases, the CO concentration in the syngas is

so low that the heat release is minor compared to the decrease in CO partial pressure. As a
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Figure 4.40: Temperature profiles of the 3 shift reactors in the Optimization II CO2-PSA
warm gas cleanup scenario using a high temperature, sweet shift catalyst (1st shift reactor),
high temperature, sweet shift catalyst (2nd shift reactor) and high temperature, sweet shift
catalyst (3rd shift reactor) with system sizing factors of 1.25 (1st shift reactor), 1.1 (2nd shift
reactor) and 1.1 (3rd shift reactor).

result, a steady decay of the reaction temperature’s slope is observed.

The concentration profiles for the three reactors are given in Figure 4.41.

In all reactors, an equimolar decrease in reactants and increase in products can be

observed. The largest changes in species flows are seen in the first reactor with a conversion

of 72.6 %. After the second reactor, an overall conversion of 87.4 % is reached and after the

third reactor 90.1 % of the initial CO is converted. The curve shapes of the species profiles

of all three reactors follow the shape of the temperature profile of the respective reactor and

the same conclusions are valid. A detailed discussion on the species profiles can be found in

previous sections which are equally true for the Optimization II case.

The plots of catalyst effectiveness and reaction rate are provided in Figure 4.42.

For all reactors, the catalyst effectiveness rises to approximately 100 %, which indicates

that the reaction proceeds at very low speed and the gas composition is close to equilibrium.

For the first reactor, this value is reached earlier as a higher system sizing factor is used.

The first shift reactor has a maximum apparent reaction rate of 187 mol
m3 s

and a maximum
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Figure 4.41: Species profile of the 3 shift reactors in the Optimization II CO2-PSA warm gas
cleanup scenario using a high temperature, sweet shift catalyst (1st shift reactor), high tem-
perature, sweet shift catalyst (2nd shift reactor) and high temperature, sweet shift catalyst
(3rd shift reactor) with system sizing factors of 1.25 (1st shift reactor), 1.1 (2nd shift reactor)
and 1.1 (3rd shift reactor).
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Figure 4.42: Catalyst effectiveness ( ), intrinsic ration rate ( ) and apparent reaction
rate ( ) of the 3 shift reactors in the Optimization II CO2-PSA warm gas cleanup scenario
using a high temperature, sweet shift catalyst (1st shift reactor), high temperature, sweet
shift catalyst (2nd shift reactor) and high temperature, sweet shift catalyst (3rd shift reactor)
with system sizing factors of 1.25 (1st shift reactor), 1.1 (2nd shift reactor) and 1.1 (3rd shift
reactor).
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intrinsic reaction rate of 1337 mol
m3 s

. Because of the usage of a sweet shift catalyst and the

higher inlet temperature, these rates are significantly higher than in the Optimization I case.

Furthermore, the difference between the two rates is larger because the reaction rate is more

temperature dependent than the diffusivity resulting in a lower catalyst effectiveness. In the

second reactor the reaction rate decreases monotonically. The CO concentration after the

first shift reactor is not high enough to lead to an increase in reaction rate in the second

reactor. However, a change in curvature indicates that the influence of temperature at the

inlet is still present. The maximum apparent and intrinsic reaction rates are: 15 mol
m3 s

and

24 mol
m3 s

. Before the syngas enters the third shift reactor, the CO concentration is so low

that the maximum apparent and intrinsic reaction rates are 2.1 mol
m3 s

and 3.0 mol
m3 s

following

an exponential decay. Due to the slow reaction rates a much higher catalyst effectiveness is

reached in the third shift reactor.

The catalyst requirement for the first, second and third reactor are 13.3 m3, 49.8 m3

and 62.1 m3 (with diameters 2.79 m, 3.30 m and 3.56 m). The respective pressure drops

associated with the shift reactors are 1.00 bar, 1.23 bar and 1.01 bar. This represents a re-

duction of catalyst material of 60.1 % compared to the SelexolTM case and a reduction of

38.7 % compared to the warm gas cleanup base case. All reactors in this scenario use an

iron based catalyst and require evaluation of the Fischer-Tropsch liquid formation. In the

first reactor the RFT values are 0.89 at the inlet and 1.49 at the reactor outlet. The second

reactor has RFT values of 1.46 and 1.71 at inlet and outlet. The third shift reactor with RFT

values of 1.70 and 1.71 which means that Fischer-Tropsch liquids are not a concern during

regular operation.

Heat and mass transport quantities as well as the rate optimization number are shown

in appendices C.16 to C.24. Because of the extremely high reaction rate in the first reac-

tor, external mass and heat transport have an influence on the chemical conversion of CO.

The external transfer coefficients can be increased by lowering the cross-sectional area and

increasing the gas velocity, but the associated pressure drop would become too large. The
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strongest limitations result from the internal diffusion limitation which limits the apparent

reaction rate and leads to an extremely low catalyst effectiveness as seen in Figure 4.40.

However, the internal heat transfer modulus is still below its critical value of 0.1 which en-

sures the validity of an isothermal catalyst particle approach. In reactors 2 and 3 the reaction

rates are slow enough to neglect external transport phenomena. The rate optimization num-

ber shows that with increasing conversion, cooling becomes the driving force to increase the

reaction rate and that the optimum reaction rate in the reactors 1 to 3 shifts to the reactor

inlet. For the third reactor the optimum reaction rate is reached at the very beginning and

cooling throughout the reactor is needed to accelerate the kinetics.

For the determination of the shift steam requirement, the whisker carbon equilibrium

code was used. The resulting steam to carbon monoxide ratio used in the simulation is 2.09.

The corresponding ternary C-O-H diagrams are provided in the appendix Figures B.2, B.3

and B.4.

The performance of the Optimization II case further improved over the Optimization

I case. The net power generated in the Optimization II case is 499, 548 kW, an increase by

0.37 % compared to the first optimization and 4.33 % compared to the warm gas cleanup

base case. At the same time, the efficiency increased to 35.63 %. This represents an increase

of 0.09 %− points compared to the Optimization I case and 1.43 %− points compared to

the base case solely achieved through the optimization of the water-gas-shift reaction. An

increase by this amount has significant influence on the operation of the plant. Increasing

the efficiency does not just affect the operating costs. In an IGCC, the efficiency has an

important impact on the capital cost as it leads to a scale down of the equipment upstream

of the gas turbine. Comparing the efficiency of the optimized warm gas cleanup case with the

SelexolTM case, the warm gas cleanup case surpasses the SelexolTM case by 4.52 %− points.

The gross power generated in this case is 619, 450 kW, 408, 370 kW from the gas turbine

and 211, 079 kW from the Rankine cycle. Using a constant coal flow as basis, the gross

power generated is 641, 335 kW, whereby 422, 798 kW are generated in the gas turbine and
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218, 537 kW in the steam turbine. These numbers are larger than those for the other warm

gas cleanup cases. The explanation for this behavior is identical to the first optimization

scenario. The second optimization is an amplification of the effects observed in the Opti-

mization I case. The higher operating temperature of the shift reactors reduces the steam

requirement, which leads to an increase of the heating value of the syngas. As a consequence,

more nitrogen is needed for dilution which increases the mass flow through the gas turbine

expander. The higher firing temperature in the gas turbine increases the power generation

of the gas turbine and increases the steam production. Furthermore, the increase in power

output of the Rankine cycle is coupled with lower steam consumption in the shift section of

the plant. More steam in the steam turbine, ultimately leads to an increase in power genera-

tion. Due to the higher nitrogen consumption, however, the auxiliary power consumption of

the ASU increases. Details can be found in previous sections. Ultimately, it would be most

efficient to operate the shift reactor at isothermal conditions which would further reduce the

steam requirement.

The water usage was also further reduced to 13.84 m3

min
. On an absolute basis, this

reduction is not much but on a normalized basis, the true water use reduction becomes more

obvious. The normalized water consumption of this case is 1.6623
m3

water

MWhNet
which is a reduc-

tion by another 1.1 % versus the Optimization I case. Compared to the SelexolTM case, this

is a reduction of 13.4 %.

A performance summary of the Optimization II case can be found in table 4.19. An

overall flow sheet with stream summary at gas turbine compressor air flow limitation can be

found in Figure 4.43 and Table 4.20. The stream summary at constant coal flow is provided

in the appendix, Table A.3.
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Table 4.19: Performance Summary of Optimization II CO2-PSA Warm Gas Cleanup Case

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 408,370 422,798
Steam Turbine kW 211,079 218,537

Total kW 619,450 641,335
Auxiliary Load Unit

Coal Handling kW 494 511
Coal Milling kW 707 731

Coal Dryer Circulation Blower kW 2,478 2,565
Ash Handling & Dewatering kW 610 631

Air Separation Unit Auxiliaries kW 623 645
Air Separation Unit Main Compressor kW 43,793 45,340

Oxygen Compressor kW 10,452 10,822
Nitrogen Compressor kW 18,273 18,918

Syngas Recycle Compressor kW 1,500 1,553
Carbon Dioxide Purification & Compressor kW 21,728 22,496

Boiler Feed Water & Demin. Pumps kW 5,375 5,565
Vacuum Condensate Pump kW 339 351

Process Condensate & SWS System kW 71 73
BFW Circulation Pumps kW 81 84

Cooling Water Circulation Pumps kW 2,361 2,444
Cooling Tower Fans kW 1,298 1,344

Air Cooled Condenser Fans kW 2,175 2,251
Scrubber Pumps kW 590 611

Desulfurization Unit kW 1,683 1,743
Gas Turbine Auxiliaries kW 958 992

Steam Turbine Auxiliaries kW 108 112
Sulfuric Acid Plant kW (1,220) (1,263)

Miscellaneous Balance of Plant kW 2,903 3,006
Transformer Losses kW 2,522 2,612

Total kW 119,902 124,138
Net Power Generation Unit

Net Power Output kW 499,548 517,197
Plant Performance Unit

Net Efficiency %-HHV 35.63 35.63
Net Heat Rate kJ/kWh 10102.5 10105.0

Consumables Unit

As-Received Coal kg/h 253,714 262,678
Thermal Input kW-HHV 1,401,857 1,451,385

Raw Water Usage m3/min 13.84 14.33
Carbon Capture Unit

Carbon Recovery % 83.49 83.49
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Isothermal Shift I – IP Steam Generation.

Isothermal shift reactors are reactors with integrated heat exchanger. The heat ex-

changer is embedded in the catalyst bed and removes the reaction heat while raising steam

on the tube side of the exchanger. Different heat exchanger designs have been developed for

the employment in isothermal reactors, e.g. U-shaped tube heat exchangers and coil-wound

heat exchangers.

Figure 4.44: Design of isothermal shift reactors [110, 111].

Because of the complicated design of the tubes, the loading and unloading process of

the catalyst becomes challenging. Therefore, most vendors offer this technology only for

sweet shifting application where the replacement of the catalyst is not as frequent as in sour

shift applications.
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Although the reactor is commonly called an isothermal shift reactor, the temperature

profile of the syngas inside the reactor is not truly isothermal. The boiler feed water is

introduced at its saturation temperature and provides a constant temperature heat sink.

However, the heat transport trough the tube is determined by the temperature gradient

and heat transfer coefficient (at constant exchanger geometry) and will not reach thermal

equilibrium in the short time the syngas is in contact with the heat exchanger surface. Thus,

a rate based temperature change of the syngas will occur governed by the heat transfer rate

and the heat generation rate.

The motivation of employing an isothermal shift reactor comes from the results of the

Optimization I and Optimization II cases which indicate a further reduction of shift steam

requirement if the reaction is conducted at isothermal conditions. Under ideal isothermal

conditions a reactor outlet temperature of 340 ◦C would be required to achieve the desired

carbon capture without the formation of whisker carbon. Current offerings of isothermal

shift reactors are based on IP steam generation (typical operation range of isothermal shift

reactors is 250− 300 ◦C). In this study IP steam is generated at 237 ◦C which is used as

coolant in the isothermal shift reactor. Since the temperature gradient between the desired

outlet temperature and the coolant is large (resulting in efficient cooling), the syngas can be

introduced into the reactor at the same temperature as the desired outlet temperature. In

the case of smaller temperature gradients between the outlet temperature and the coolant

temperature (resulting in lower heat flux) sometimes lower inlet temperatures are chosen to

reduce the reactor size. In order to raise the syngas temperature to 340 ◦C, the syngas is

preheated with HP boiler feed water, shift steam addition and by the reactions occurring in

the sulfur removal unit. Because of the higher operating temperature in this case compared

to conventional isothermal shift reactors a less reactive high temperature sweet shift catalyst

based on Fe/Cr has to be used.

The heat exchanger employed in the isothermal reactor has a specific surface area of

5.7 m2

m3
reactor

with a volume fraction of 7.1 %. The isothermal reactor is designed with an adia-
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batic section before the heat exchanger coils, which includes a guard bed which accounts for

5 % of the total catalyst volume, and an adiabatic section after the heat exchanger where

only catalyst is present. The adiabatic section at the reactor outlet is needed to elevate

the minimum temperature inside the reactor. Reactor cooling moves the gas mixture faster

way from equilibrium than the kinetics approach equilibrium and thus a higher minimum

temperature can be achieved by using an adiabatic outlet section where the gas mixture can

equilibrate, although, there will be a small temperature increase in this section.

The temperature and cooling profiles of the isothermal shift reactor are plotted in Fig-

ure 4.45.
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Figure 4.45: Temperature profile ( ) and cooling load ( ) of the isothermal IP shift
reactor of the Isothermal Shift I scenario using a sweet shift catalyst, IP steam generation
and a system sizing factor of 1.1.

At the adiabatic inlet the temperature profile has a negative curvature which changes

as soon as the heat exchanger coils/cooling starts. However, the temperature still keeps

increasing but it quickly reaches its maximum and starts decreasing. After the cooling

section the temperature remains almost constant since most of the reactants have already
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reacted and a state close to equilibrium is reached at the end of the adiabatic outlet section.

The cooling load is mostly determined by the temperature difference between the syngas

and the IP boiler feed water which is constant throughout the tube (IP boiler feed water

is only partially evaporated and recirculated to minimize build-up of minerals inside the

tube). Nevertheless, also the heat transfer coefficient contributes to the higher heat flux at

higher temperatures. Thus, the cooling load follows the temperature profile but influences

the temperature profile at the same time by constantly removing heat from the syngas.

In the adiabatic inlet section, the chemical reaction proceeds fast and leads to a steep

increase in temperature. After cooling comes into effect, the temperature increase can be

reduced and after a reactor length of 0.09 the cooling load matches the heat released by

the chemical reaction and a maximum temperature of 483 ◦C is reached. After that, the

kinetics are too slow, because of the lower reactant concentration, and the syngas starts

cooling down. While cooling down, the syngas moves away from its chemical equilibrium

and the reaction kinetics are too slow to counter this process. Hence, the gas mixture is

not in equilibrium. In order to reach the desired carbon monoxide conversion, the syngas

temperature would drop significantly below the stable gas temperature since a much lower

temperature would be needed compared to a gas mixture that is in equilibrium. As a result,

an adiabatic outlet section is used to equilibrate the gas mixture and increase the lowest

reactor temperature. The temperature increase in the adiabatic section is approximately

4 ◦C. With a required equilibrium outlet temperature of 340 ◦C, this means that after the

cooling section a temperature of 336 ◦C is needed. This is not much different than the inlet

temperature in the Optimization II case and ultimately results in no savings in shift steam.

Thus, in the Isothermal Shift I case the steam to carbon monoxide ratio of 2.09 has to be

maintained to avoid carbon deposition.

The molar flows of reactant and product species are plotted in Figure 4.46.

The molar flows of the species in the adiabatic inlet section behave very similarly to the

temperature profile and general explanations as discussed before also apply here. However,
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Figure 4.46: Species profiles of the isothermal IP shift reactor of the Isothermal Shift I
scenario using a sweet shift catalyst, IP steam generation and a system sizing factor of 1.1.

after the maximum temperature is reached, there is a sudden change in the slope of the

molar flows and the conversion continues at a much slower rate. This is due to the reduction

of temperature by cooling and the continuous removal of reactants which both together

result in a sharp decrease in the conversion of reactants. Throughout the cooling section a

moderate slope is maintained, as cooling drives the reaction away from its equilibrium, and

levels off in the adiabatic section where equilibrium is reached eventually.

The catalyst effectiveness, intrinsic reaction rate and apparent reaction rate are shown

in Figure 4.47.

As discussed before, most of the conversion occurs at the inlet section of the reactor.

The maximum reaction rates of 1314 mol
m3 s

(intrinsic) and 180 mol
m3 s

(apparent) are comparable

to the reaction rates of the first shift reactor of the Optimization II case. However, cooling

starts right before the maximum temperature is reached, which is why the reaction rates in

the Isothermal Shift I case are slightly lower. Because of this high reaction rate the catalyst

effectiveness goes down but recovers in the heat exchange section. In the heat exchange
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Figure 4.47: Catalyst effectiveness ( ), intrinsic reaction rate ( ) and apparent reaction
rate ( ) of the isothermal IP shift reactor of the Isothermal Shift I scenario using a sweet
shift catalyst, IP steam generation and a system sizing factor of 1.1.

section cooling drives the reaction as the mixture is constantly moved away from its equi-

librium composition. In the adiabatic section the reaction rate levels off in the approach to

equilibrium and the catalyst effectiveness moves towards a value of 100 %.

The catalyst requirement for the isothermal shift reactor is 108.6 m3 with a reactor

diameter of 3.66 m. This represents a catalyst reduction of 13.3 % compared to the Opti-

mization II case. Most of the reaction happens in the adiabatic section where the Isothermal

Shift I and Optimization II cases have similar reaction rates. Later the syngas is cooled,

externally in the Optimization II case and internally in the Isothermal Shift I case. External

cooling introduces the gas into the second reactor at a lower temperature and the mixture

heats up while reacting. Internal cooling slowly reduces the gas temperature while it is

still reacting which leads to an overall higher average gas temperature and a reduction in

the catalyst requirement. The pressure drop associated with the reactor is 1.50 bar. Since

an iron based catalyst is used in the isothermal shift reactor it has to be verified that the

formation of Fischer-Tropsch liquids is not a concern. With RFT of 0.82 and 1.84 at reactor
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inlet and outlet the reactor can operate without producing Fischer-Tropsch liquids.

The analysis of the dimensionless quantities for internal and external mass and heat

transport are most critical at the inlet section where high reaction rates are reached. As

discussed before the internal mass transport is strongly limited at the inlet section but re-

mains considerable throughout the reactor until the reaction slows down as it approaches

equilibrium. The external mass transport plays a role only in the first section of the reactor

with intrinsic reaction rates greater than 776 mol
m3 s

. Internal heat transport never becomes

limiting throughout the reactor and the assumption of an isothermal catalyst pellet is jus-

tified. External heat transfer is important in the first section of the reactor. The external

heat and mass transfer coefficients are functions of the Reynolds number and can be adjusted

when designing the reactor. However, a larger flow velocity increases the pressure drop which

means that an acceptable compromise has to be found. Plots of the Weisz-Prater Modulus,

the Carberry number and the Mears moduli are shown in appendices C.25-C.26.

The rate optimization number is plotted in Figure 4.48.
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Figure 4.48: Rate optimization number of the isothermal IP shift reactor of the Isothermal
Shift I scenario using a sweet shift catalyst, IP steam generation and a system sizing factor
of 1.1.
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At the inlet the Ro number is two orders of magnitude larger than the optimum value

of -1. After that the Ro number rapidly increases to a value of -0.026 before it increases to

a value of almost -1 and drops again. At the inlet the chemical potential is so large that

addition of heat would lead to a significant acceleration of the kinetics. Thus, having an

adiabatic inlet helps to improve the reaction kinetics. Later when most of the reactants are

consumed the Ro number decreases below -1 indicating that cooling is needed to increase

the chemical potential in order to accelerate the reaction rate. Cooling starts before the

local minimum at the reactor length of 0.10 but is only able to provide enough cooling to

accelerate the reaction after a reactor length of 0.10. At a reactor length of 0.53 a Ro-value

of -0.86 is reached, however, in order to achieve the desired conversion without lowering the

gas temperature, a large section without cooling is needed. This adiabatic section leads to

an increase in the Ro number which represents the slowdown of the reaction in the approach

to equilibrium where the chemical potential is decreasing.

The net power produced in this case is 495, 150 kW and thus less than in the Optimiza-

tion I and Optimization II cases (although the steam to carbon monoxide ratio is identical to

the Optimization II case) but more than in the warm gas cleanup base case. The difference

originates from the steam production. While the gas turbine power output of the Isothermal

Shift I and Optimization II cases are almost identical, the power generated in the Rankine

cycle at 206, 391 kW is significantly lower in the Isothermal Shift I case. In the Isothermal

Shift I case all the steam produced in the isothermal reactor is IP steam whereas the Op-

timization II case produces HP and IP. This reduced power output of the Rankine cycle is

directly reflected in the efficiency at 35.31 %.

The water usage in the Isothermal Shift I case is 13.90 m3

min
. The normalized water

consumption of this case is 1.6843
m3

water

MWhNet
. This is higher than the Optimization I and

Optimization II cases. The increase is due to the higher IP steam generation. In general

the production of HP steam requires less energy input than IP steam. However, the re-

heat/superheat provided to the IP steam is competing with the HP steam production which
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ultimately leads to more IP steam generation if more IP steam is generated in the water-gas-

shift section. This leads to a higher mass flow rate through the steam turbine and condenser

where all the steam needs to be condensed at the outlet of the steam turbine which leads to

a higher cooling load. The higher cooling load in the cooling tower results in a higher water

loss.

A summary of all performance results, Table 4.21, flow sheet, Figure 4.49, and stream

summary, Table 4.22, are presented below.

207



Table 4.21: Performance Summary of Isothermal Shift I CO2-PSA Warm Gas Cleanup Case

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 408,503 422,815
Steam Turbine kW 206,391 213,622

Total kW 614,894 636,437
Auxiliary Load Unit

Coal Handling kW 494 511
Coal Milling kW 707 731

Coal Dryer Circulation Blower kW 2,478 2,565
Ash Handling & Dewatering kW 610 631

Air Separation Unit Auxiliaries kW 627 649
Air Separation Unit Main Compressor kW 43,925 45,463

Oxygen Compressor kW 10,438 10,804
Nitrogen Compressor kW 18,379 19,023

Syngas Recycle Compressor kW 1,500 1,553
Carbon Dioxide Purification & Compressor kW 21,730 22,491

Boiler Feed Water & Demin. Pumps kW 4,911 5,083
Vacuum Condensate Pump kW 342 354

Process Condensate & SWS System kW 71 73
BFW Circulation Pumps kW 81 84

Cooling Water Circulation Pumps kW 2,386 2,469
Cooling Tower Fans kW 1,312 1,358

Air Cooled Condenser Fans kW 2,227 2,305
Scrubber Pumps kW 591 611

Desulfurization Unit kW 1,683 1,741
Gas Turbine Auxiliaries kW 958 992

Steam Turbine Auxiliaries kW 106 110
Sulfuric Acid Plant kW (1,219) (1,262)

Miscellaneous Balance of Plant kW 2,904 3,006
Transformer Losses kW 2,504 2,592

Total kW 119,743 123,938
Net Power Generation Unit

Net Power Output kW 495,150 512,498
Plant Performance Unit

Net Efficiency %-HHV 35.31 35.30
Net Heat Rate kJ/kWh 10195.1 10197.7

Consumables Unit

As-Received Coal kg/h 253,786 262,678
Thermal Input kW-HHV 1,402,256 1,451,385

Raw Water Usage m3/min 13.90 14.39
Carbon Capture Unit

Carbon Recovery % 83.47 83.47
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Isothermal Shift II – HP Steam Generation.

The production of only IP steam significantly hurts the efficiency of the Isothermal

Shift I scenario. In order to improve the efficiency, it is desirable to produce only HP

steam, however, HP steam is generated at a temperature of 337 ◦C. As mentioned before

an equilibrated gas mixture at a temperature of 340 ◦C is needed to enable carbon capture

of 83.4 %. Thus, the temperature gradient across the heat exchanger wall is not sufficient

to operate the shift reactor economically. To increase the temperature difference to at least

11 ◦C it is necessary to increase the amount of steam added to shift the equilibrium back to

the product side so that the same carbon monoxide conversion can be achieved.

Identically to the Isothermal Shift I case, the heat exchanger embedded in the catalyst

bed in the Isothermal Shift II case has a specific surface area of 5.7 m2

m3
reactor

with a volume

fraction of 7.1 %. The adiabatic guard bed at the reactor inlet accounts for 5 % of the total

catalyst volume.

The temperature and cooling load profiles are shown in Figure 4.50.
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Figure 4.50: Temperature profile ( ) and cooling load ( ) of the isothermal HP shift
reactor of the Isothermal Shift II scenario using a sweet shift catalyst, HP steam generation
and a system sizing factor of 1.1.
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The temperature increase in the guard bed is higher than in the Isothermal Shift I case.

The high temperature shift catalyst significantly increases its reactivity when increasing the

temperature as seen in the Optimization II case. Due to the overall larger reactor size in the

Isothermal Shift II case the reaction in the adiabatic inlet section almost reaches equilibrium

before the cooling section starts. The cooling load in this scenario is lower than in the

previous scenario as a result of the higher operating temperature which is dictated by the

coolant temperature. Thus, cooling over a longer range is needed to achieve the same heat

removal as in the Isothermal Shift I case. Having less cooling per unit volume, however,

decreases the length of the adiabatic section at the reactor outlet. In the Isothermal Shift I

case the cooling moved the gas mixture faster away from equilibrium than the kinetics were

able to catch-up with this change. Here this effect is less pronounced and only a temperature

increase of approximately 1 ◦C is experienced in the adiabatic outlet section. However, this

reduction in temperature increase in the adiabatic section cannot be utilized in this scenario

since a higher steam to carbon monoxide ratio is needed regardless to maintain the conversion

at the elevated outlet temperature of 348 ◦C.

The profiles of the flow rates of the different species are plotted in Figure 4.51.

Most of the species conversion is achieved in the adiabatic inlet section where the

temperature increase helps to accelerate the reaction rate. After cooling starts, the increasing

chemical potential difference drives the conversion to higher values. Eventually, the species

profiles level off as the reactant concentrations and the lower temperature hinder the reaction

from proceeding at high rates. In the adiabatic outlet section, the gas mixture equilibrates

and no further change in the species flow profiles is observed.

The catalyst effectiveness together with intrinsic and apparent reaction rate are shown

in Figure 4.52.

As mentioned before, the reaction in the adiabatic inlet section proceeds very fast at

these temperatures and results in a large difference between the intrinsic and apparent re-
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Figure 4.51: Species profiles of the isothermal HP shift reactor of the Isothermal Shift II
scenario using a sweet shift catalyst, HP steam generation and a system sizing factor of 1.1.
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Figure 4.52: Catalyst effectiveness ( ), intrinsic reaction rate ( ) and apparent reaction
rate ( ) of the isothermal HP shift reactor of the Isothermal Shift II scenario using a sweet
shift catalyst, HP steam generation and a system sizing factor of 1.1.

action rate (max. intrinsic 1214 mol
m3 s

, max. apparent 176 mol
m3 s

). Due to this fast reaction

rate the reaction temporarily approaches a state of equilibrium before it enters the cooling
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section and the kinetics start slowing down at a reactor length of approximately 0.05. As

a result of this the catalyst effectiveness goes up to a value of almost 100 % and drops to

about 85 % at the beginning of the cooling section. The reaction rates in the cooling section

are between 5 mol
m3 s

and 1 mol
m3 s

before they start approaching zero in the adiabatic section.

The catalyst volume required is 197.9 m3 with a diameter of 3.66 m. This is a substan-

tial increase over the Isothermal Shift I especially because of the reduced cooling density.

The pressure drop associated with the shift reactor is 2.88 bar. The RFT values at reactor

inlet and outlet are 0.79 and 1.66 which is below the critical value of 1.9.

The dimensionless numbers for internal and external mass and heat transport are pre-

sented in appendix C.27 - C.28. For all dimensionless quantities the adiabatic inlet section

represents the most critical situation. Internal mass transfer as well as external heat and

mass transfer take effect on the reaction in the adiabatic inlet section. However, the Mears

modulus for internal heat transfer remains below 0.1 and the assumption of an isothermal

catalyst particle is valid.

The analysis of the Ro number in Figure 4.53
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Figure 4.53: Rate optimization number of the isothermal HP shift reactor of the Isothermal
Shift II scenario using a sweet shift catalyst, HP steam generation and a system sizing factor
of 1.1.
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shows that the provided cooling density inside the reactor is not sufficient throughout

the entire cooling section and leads to an increase in the required catalyst volume. Compared

to the Isothermal Shift I case it becomes obvious that the Ro number levels off much sooner

and never reaches a value close to -1 (except in the adiabatic section where the Ro number

increases rapidly in the approach to equilibrium). Although the heat exchanger design

is identical to the Isothermal Shift I case, the higher temperature at which HP steam is

generated lowers the heat flux substantially. For most of the reactor the reaction kinetics are

inhibited from proceeding faster due to insufficient cooling. Only at the adiabatic inlet where

a large chemical potential difference is present higher temperatures are favorable. From a

reactor length of 0.04 (which is in the adiabatic bed) cooling would help to accelerate the

kinetics and ultimately reduce cost.

Introducing the concept of the Ro number can help reactor designers to address this

issue. In the case of the water-gas-shift reaction it is desirable to obtain a Ro number of

-1 throughout the reactor. However, from a system integration point of view it does not

necessarily represent the most efficient system solution to heat the syngas to extremely high

temperatures at the reactor inlet in order to increase the Ro number to a value of -1. Rather

it is important to avoid unnecessary reheating and reduce the steam requirement. With this

in mind it is best to have an adiabatic inlet section where cooling starts when a Ro value of

-1 is reached (an adiabatic inlet section is also favorable with respect to guard bed catalyst

replacement). After the value of -1 is reached the cooling load has to be adjusted to maintain

the Ro number at -1. Since the coolant temperature is constant, this will dictate the required

surface area needed in this section of the reactor (note that: the heat transfer coefficient also

varies slightly with the axial position). Making these modifications the following profile for

the Ro number is obtained (Figure 4.54).

As before, the initial Ro value in the reactor is -295 and increases as the gas temperature

increases in the adiabatic section. The reactor is designed to cool the syngas as soon as a Ro

value of -1 is reached at a reactor length of 0.04 and the heat exchanger surface is adjusted

215



Inlet 0.25 0.5 0.75 Outlet
-10−1

-10+0

-10+1

-10+2

Normalized Reactor Length

R
o

N
u
m

b
er

Figure 4.54: Optimized Ro number of the isothermal HP shift reactor using a sweet shift
catalyst, HP steam generation and a system sizing factor of 1.1.

to maintain this value until the desired conversion is obtained.

The resulting temperature profile and cooling load are shown in Figure 4.55.
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Figure 4.55: Temperature profile ( ) and cooling load ( ) of the isothermal HP shift
reactor with optimized Ro number using a sweet shift catalyst, HP steam generation and a
system sizing factor of 1.1.
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In the adiabatic inlet section, the temperature rises to a maximum value of 484 ◦C

before the cooling section starts at a reactor length of 0.15. In order to maintain the Ro

number at a value of -1 most of the cooling is needed at the peak temperature and as the

reaction proceeds less and less cooling is needed to keep the reaction rate at its optimum

value. The reason for this is that as the reaction proceeds less and less carbon monoxide is

converted and less heat of reaction has to be removed per volume of catalyst. By adjusting

the heat transfer area in the catalyst bed accordingly, it can be ensured that the chemical

potential driving force and the thermal driving force are well balanced and that the reaction

proceeds as fast as possible.

The intrinsic and apparent reaction rates as well as the catalyst effectiveness are shown

in Figure 4.56.
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Figure 4.56: Catalyst effectiveness ( ), intrinsic reaction rate ( ) and apparent reaction
rate ( ) of the isothermal HP shift reactor of the Isothermal Shift II scenario using a sweet
shift catalyst, HP steam generation and a system sizing factor of 1.1.

The reaction rates in the adiabatic section including the maximum reaction rates re-

main unchanged. However, at beginning of the cooling section the apparent reaction rate

is about 15 times faster than in the previous case with Ro number 6= -1. Since the cooling
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section was the part where the reaction was operated far away from its ideal condition this ac-

celeration of the reaction kinetics has a significant impact on the overall catalyst volume. In

the optimized case with Ro number equal to -1 the catalyst volume is reduced from 197.9 m3

to 53.1 m3. A faster reaction rate ultimately leads to a reduced catalyst effectiveness as the

reaction occurs closer to the pore mouth and less reactants diffuse all the way into the pore.

The information of catalyst effectiveness together with the application of the proposed Ro

number offers a perfect combination for the reactor design engineer to optimize the reaction

and minimize catalyst requirement and reactor volume. The catalyst effectiveness is a mea-

sure of how effectively the internal surface area of the pellet is used, or in other words: how

much catalyst is not being used but needs to be paid for while the Ro number on the other

hand optimizes the turnover that can be achieved under certain conditions per reaction site.

The following analyses are based upon the isothermal shift reactor design without op-

timized reaction kinetics. Common vender offerings for isothermal shift rectors are with

constant heat exchange surface area throughout the reactor. Further evaluation of isother-

mal shift reactors with optimized heat exchange design will be part of future research.

The net power generated in this scenario is 497, 436 kW with 405, 347 kW being gener-

ated by the gas turbine and 210, 228 kW being generated by the steam cycle. The gas turbine

output is less than in the Isothermal Shift I case (−0.8 %) due to the higher steam content

in the syngas which requires less nitrogen diluent. This also reduces the power requirement

of the air separation unit resulting in a slightly lower auxiliary load. Due to HP steam

generation in the shift reactor the steam cycle power output increases from 206, 391 kW in

the Isothermal Shift I case by 1.9 % which leads to an overall increase in the net power gen-

erated by 0.5 %. The resulting net efficiency of the Isothermal Shift II case is 35.53 This

efficiency is higher than the Isothermal Shift I case (IP steam generation) but lower than the

Optimization II case which produces HP and IP steam. The reason for the lower efficiency

of the Isothermal Shift II case, although producing just HP steam, is the higher steam to

carbon monoxide ratio that is needed to enable HP generation. The additional steam added
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to the syngas lowers the gas turbine output as well as the steam turbine output.

The water consumption of this case is 13.94 m3

min
and the normalized water consumption

of this case is 1.6814
m3

water

MWhNet
.

The performance of the Isothermal Shift II case is summarized in Table 4.23. Flow

sheet and stream summary are provided in Figure 4.57 and Table 4.24.
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Table 4.23: Performance Summary of Isothermal Shift II CO2-PSA Warm Gas Cleanup Case

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 405,347 420,228
Steam Turbine kW 210,228 217,946

Total kW 615,576 638,175
Auxiliary Load Unit

Coal Handling kW 493 511
Coal Milling kW 706 731

Coal Dryer Circulation Blower kW 2,474 2,565
Ash Handling & Dewatering kW 609 631

Air Separation Unit Auxiliaries kW 585 607
Air Separation Unit Main Compressor kW 42,813 44,385

Oxygen Compressor kW 10,778 11,174
Nitrogen Compressor kW 17,226 17,858

Syngas Recycle Compressor kW 1,498 1,553
Carbon Dioxide Purification & Compressor kW 21,686 22,483

Boiler Feed Water & Demin. Pumps kW 5,522 5,724
Vacuum Condensate Pump kW 339 352

Process Condensate & SWS System kW 72 75
BFW Circulation Pumps kW 81 84

Cooling Water Circulation Pumps kW 2,329 2,414
Cooling Tower Fans kW 1,280 1,327

Air Cooled Condenser Fans kW 2,130 2,209
Scrubber Pumps kW 590 611

Desulfurization Unit kW 1,679 1,741
Gas Turbine Auxiliaries kW 951 986

Steam Turbine Auxiliaries kW 108 112
Sulfuric Acid Plant kW (1,217) (1,261)

Miscellaneous Balance of Plant kW 2,900 3,006
Transformer Losses kW 2,507 2,599

Total kW 118,139 122,476
Net Power Generation Unit

Net Power Output kW 497,436 515,698
Plant Performance Unit

Net Efficiency %-HHV 35.53 35.52
Net Heat Rate kJ/kWh 10131.9 10134.4

Consumables Unit

As-Received Coal kg/h 253,376 262,678
Thermal Input kW-HHV 1,399,988 1,451,385

Raw Water Usage m3/min 13.94 14.46
Carbon Capture Unit

Carbon Recovery % 83.44 83.44
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4.5 Pathways to 90 % Carbon Capture

The SelexolTM case was limited to a maximum carbon capture of 83.4 %. In the warm

gas cleanup case, improvements in the maximum carbon capture were observed due to the

higher CO2 yield of the PSA. However, with a maximum capture of 88.6 %, it is still limited

to a value below the DoE target of 90 % capture. This section is devoted to exploring options

to increase the carbon capture for the TRIGTM gasifier to comply with this target.

The TRIGTM gasifier is a low temperature, low rank coal gasifier which has great po-

tential because low rank coal reserves are plentiful and the lower operation temperature

positively affects the efficiency. However, operating at lower temperatures impacts the gas

composition and shifts the equilibrium conditions toward forming more to methane. The

TRIGTM gasifier produces a syngas with a methane content of 5.1 mol−%. Methane passes

through the shift reactor section and CO2-PSA and is converted to CO2 in the gas turbine

and released into the atmosphere. In order to achieve a carbon capture greater than 88.6 %,

methane has to be utilized in a different way to enable its capturing.

In the following, three pathways to 90 % carbon capture are investigated. In these

cases, two new technologies are introduced, steam methane reforming and hydrogen pres-

sure swing adsorption, which will be discussed prior to the analysis.

4.5.1 Hydrogen Pressure Swing Adsorption

Hydrogen pressure swing adsorption is a technology used to produce high purity hydro-

gen. Since its development in the 1950’s, capacities of hydrogen-PSA units have increased

and can be found in many refineries, chemical plants and power plants. The operating

principle is based upon adsorption and operates on a discontinuous cycle. Similarly to the

CO2-PSA, the H2-PSA can be set up in such a manner that a continuous operation can
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be achieved, whereby various adsorption vessels operate at different stages of the cycle. A

general illustration of the process is depicted in Figure 4.58.

Adsorption
Mode

Desorption 
Mode

Syngas

Impurities +
Hydrogen

Hydrogen

Figure 4.58: Simplified flow sheet of a hydrogen PSA.

High pressure syngas enters the adsorption vessel and impurities such as CO, CO2, N2

and CH4 are adsorbed onto the bed material together with small amounts of H2. However,

most of the H2 passes through the bed without being adsorbed. H2 is a very small molecule

and has only weak Van der Waals interactions with the bed’s surface. After the bed material

is fully loaded, its operation is switched into desorption mode. In order to desorb all the

adsorbed molecules, the pressure is lowered and the molecules transition into the gas phase.

With a hydrogen PSA, purities >99.9 % can be achieved at a recovery rate of 80− 90 %.

Operating pressures of PSAs are typically in the range from 11 bar to 41 bar. The hydrogen

product stream usually has a pressure similar to the incoming pressure (10 bar to 40 bar)
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diminished by the pressure drop of the bed. The outlet stream of the impurities is close to

ambient pressure in order to restore the capacity of the bed [112].

4.5.2 Steam Methane Reformer

Steam methane reformers are reactors that operate at high temperatures (700− 1000 ◦C)

converting methane to hydrogen, carbon monoxide and carbon dioxide. Steam methane re-

forming is most widely used as hydrogen supply for refineries or ammonia synthesis plants.

The reactions occurring inside the reactor are the endothermic steam methane reforming

reaction (4.122) and the mildly exothermic water-gas-shift reaction (4.123).

CH4 + H2O −→ CO + 3H2 (4.122)

CO + H2O −→ CO2 + H2 (4.123)

From an equilibrium point of view, it is advantageous to operate the reactor at com-

paratively low pressures. However, due to economic reasons influenced by the low mass to

volume ratio at ambient condition, reformers are typically operated in a pressure range from

3 bar to 25 bar. In large scale applications, in order to reach the operating temperature and

provide the endothermic heat, some of the methane is partially or completely oxidized. Many

different reformer designs, for example side fired or top fired, are commercially available, each

with its advantages and disadvantages. Even though the reformer operating temperature is

between 700− 1000 ◦C, a nickel catalyst is required to improve the reaction kinetics of the

reforming reaction. In some applications, an adiabatic pre-reformer is used to improve the

economics of the plant and to convert higher hydrocarbons giving the plant feedstock flex-

ibility. Pre-reformers are adiabatic reactors that operate at a temperature around 500 ◦C
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and do not involve any type of firing. These low temperature reformers use a highly reactive

nickel catalyst in order to obtain reasonable reactor space times. Additional to hydrogen

plants, adiabatic reformers are commonly used in fuel cell applications. For small scale and

unconventional applications where complete conversion is not crucial to the process, adia-

batic low temperature reformer reactors offer an effective compromise between conversion

and cost. In this study, only the integration of an adiabatic low temperature reformer has

been evaluated. Nevertheless, the chemistry in both types of reactors are the same. The

biggest difference between the high temperature and low temperature reactors is the ther-

modynamic equilibrium. A higher operating temperature leads to a lower CH4 equilibrium

concentration in the product gas.

4.5.3 Pathway I – Methane Combustion

In order to increase the carbon capture, methane needs to be separated from the syngas

or converted to CO2 before the carbon removal unit. The base scenario for Pathway I is the

warm gas cleanup base case with sour shift high temperature and sweet shift low temperature

reactors without bypassing any of the syngas. This base case has a carbon capture efficiency

of 88.6 % which is increased to 90.0 % by installing a hydrogen PSA. Selective methane

separation from syngas remains a challenge and no commercially available technology could

be identified that can achieve this task. Hence, a hydrogen PSA is used to enrich methane

in a split stream. The major components of the syngas are hydrogen, carbon monoxide,

carbon dioxide, methane and steam. After shifting and decarbonization of the syngas, mostly

hydrogen, steam and methane are left. PSAs operate at low temperatures (26 ◦C in this

case), which further eliminates most of the water through condensation during the cooling

process (some of the high temperature condensate is used to increase the moisture content

of the syngas while the rest is sent to the water treatment plant). As a result, a stream
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containing 88.8 mol−% hydrogen and 7.5 mol−% methane enters the hydrogen PSA. The

hydrogen PSA produces a very pure high pressure hydrogen stream which can be reinjected

into the syngas. The low pressure stream leaving the PSA is enriched in methane and

contains 31.5 mol−% of CH4. Because of the hydrogen yield of the PSA, the low pressure

stream (tail gas) further contains 56.1 mol−% H2. In Pathway I case, the methane rich

stream is compressed and sent to the combustor in the CO2 conditioning system. This way,

methane can still contribute to the electricity generation by raising additional steam for the

Rankine cycle. By using oxygen as oxidant instead of air, the generated CO2 is not diluted,

and no further purification is needed. After dehydration and compression to 152.7 bar, a

high purity carbon dioxide stream carrying 90.0 % of the carbon dioxide is obtained ready

for sequestration. A flow sheet of the Pathway I integration of the hydrogen PSA is shown in

Figure 4.59. A table with information on major streams shown in the flow sheet is provided

in Table 4.25. A steam summary at constant coal flow rate is provided in the appendix Table

A.6.

Alternatively, the shifted non-decarbonized syngas could be fed into the hydrogen PSA

directly by a split stream. Thus, the H2-PSA and CO2-PSA would operate in parallel. This

would lead to a lower steam requirement and a size reduction in the CO2-PSA but at the

same time lead to an increase in capital cost of the H2-PSA. The lower steam requirement in

this arrangement increases the power output of Rankine cycle. However, this power is com-

pletely offset by the increase in the power requirement of the H2-PSA tail gas compressor.

With this parallel PSA design, the CO2 content of the methane rich stream is significantly

higher. Thus, the total volume flow through the H2-PSA and its tail gas compressor is

much higher. In the CO2-PSA, carbon dioxide is recovered at a higher pressure than in the

H2-PSA. This pressure difference has to be closed by the tail gas compressor in a parallel

setup. The net efficiencies of both setups are almost identical but the parallel setup has a

higher water requirement than the setup shown in Figure 4.59. The steam requirement by

the CO2-PSA is internally recycled and does not affect the net water balance. However, in
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the parallel setup more steam is available for power generation in the Rankine cycle which

increases the cooling water demand. The increased flow through the methane compressor

further increases the cooling load. This increase in cooling load induces higher evaporative

losses in the cooling tower and a higher overall water consumption. Thus, the flow sheet

shown in Figure 4.59 has been chosen over the parallel PSA setup, although the net efficien-

cies are almost the same.

The carbon capture in Pathway I is 90.03 % at a net plant efficiency of 33.17 HHV −%.

As mentioned before, in order to achieve this carbon capture, an additional process unit is

integrated into the plant. Due to this process integration, a significant drop in efficiency

occurs. An efficiency of 33.82 HHV −% would be expected for a carbon capture of 90 % by

applying a simple linear extrapolation to the efficiency of the warm gas cleanup base scenario

at its maximum carbon capture of 88.6 %. Extrapolating the efficiency of the Optimization

II scenario to 90 % carbon capture a value of 33.43 HHV −% would result. These extrapo-

lated efficiencies can be seen as ideal values without the integration losses of any additional

equipment. The Pathway I efficiency lies about 0.65− 0.26 %− points below these ideal

values. The two main reasons of this are the power generation as well as the heating value

of the syngas.

The power generated by the gas turbine is 400, 919 kW (66.9 %) and an additional

198, 645 kW (33.1 %) are generated by the steam turbine. The gas turbine generates slightly

less power than that in the warm gas cleanup base scenario (401, 657 kW). With 0 % bypass

and H2-PSA, the syngas heating value is upgraded from 15, 245 kJ
kg

to 16, 400 kJ
kg

. Typically,

a higher heating value means a higher turbine output when being scaled to full turbine load.

However, in contrast to the previous optimization cases, the integration of the H2-PSA leads

to an increase in heating value of the syngas as well as to a higher water content. Water is

more effective in suppressing NOx formation. Because of this, a relatively small quantity of

nitrogen is needed (however, still more than in the base case), which means that the heating

value after diluent addition is still higher (12, 005 kJ
kg

vs. 11, 444 kJ
kg

). Since the air flow is lim-
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iting the turbine operation, the required fuel flow to the gas turbine is lower when its higher

heating value is higher. A consequence of this lower fuel mass flow is less mass flow through

the turbine expander and less power generation. The turbine firing temperature of the Path-

way I case is almost identical to the base case and does not influence the power output of

the gas turbine (less carbon dioxide but more water). The comparison of the gas turbine

power output above is conducted on the basis of air flow limitation. If comparing the gas

turbine power output on the basis of a constant coal flow rate, a significant reduction can be

observed, which is related to the lesser fuel input because of the split stream. Consequently,

it is more appropriate to compare the steam turbine performance on the basis of constant

coal flow. When scaling the Pathway I scenario, a higher coal flow rate in the fully loaded

gas turbine case is observed due to the split stream even though the efficiency is higher than

in the base case. A higher coal flow rate as in the scaled Pathway I case ultimately leads

to a higher heat input to the Rankine cycle skewing the observations. The steam turbine

in the Pathway I scenario generates more power, 198, 266 kW versus 190, 023 kW in the

warm gas cleanup base scenario. In general, there is a shift from gas turbine power gener-

ation to Rankine cycle power generation. Reason for this shift is that in order to achieve

a higher carbon capture, methane and some of the hydrogen is separated from the syngas

and combusted in the CO2-conditioner which generates high pressure steam for the Rankine

cycle. Comparison of the auxiliary load is again conduced on the basis of air flow limita-

tion. A substantial increase in three major parts of the plant is noticed. First: the higher

carbon capture leads to an increase in compression power of CO2. Second: the low pressure

steam leaving the H2-PSA has to be compressed in order to be fed it into the combustor.

Third: the increase in ASU power is mostly related to the higher oxygen requirement for

the CO2-conditioner combustor. The nitrogen compression power almost remains constant

since there is only a minor increase in nitrogen demand for coal preparation and gas turbine

diluent. The oxygen demand is higher due to an increased mass flow of combustibles into

the CO2-conditioner combustor which requires more oxygen intake. The additional oxygen

231



demand for the gasifier due to the increase coal flow is small. Together with the increase in

oxygen demand, the compression power of the main ASU compressor increases.

The net power output of the Pathway I scenario is greater than that for the warm gas

cleanup base case, which is caused by the higher coal flow rate. On the basis of constant

coal flow, it is clear that the power generation from the Pathway I scenario is significantly

less, which is reflected in the lower efficiency.

The water consumption of the Pathway I scenario at 15.61 m3

min
is higher than that in

the warm gas cleanup base case. Even if considering the higher net power of the Pathway

I scenario, the relative water consumption is 1.9420
m3

water

MWhNet
and thus still higher than the

warm gas cleanup base scenario with a relative water consumption of 1.8345
m3

water

MWhNet
. Origin

of the higher water demand is the higher cooling water requirement, mostly due to the higher

power output of the Rankine cycle as well as the cooling water for the methane compressor.

A summary of the performance data of the Pathway I scenario is presented in Table

4.26. The table includes the results for full turbine load and constant coal flow rate.
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Table 4.26: Performance Summary of the Pathway I CO2-PSA Warm Gas Cleanup Case
with 90 % Carbon Capture

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 400,919 400,154
Steam Turbine kW 198,645 198,266

Total kW 599,564 598,420
Auxiliary Load Unit

Coal Handling kW 512 511
Coal Milling kW 733 731

Coal Dryer Circulation Blower kW 2,570 2,565
Ash Handling & Dewatering kW 633 631

Air Separation Unit Auxiliaries kW 349 348
Air Separation Unit Main Compressor kW 40,481 40,404

Oxygen Compressor kW 14,615 14,587
Nitrogen Compressor kW 10,804 10,784

Syngas Recycle Compressor kW 1,556 1,553
Carbon Dioxide Purification & Compressor kW 24,171 24,125

Boiler Feed Water & Demin. Pumps kW 5,904 5,892
Vacuum Condensate Pump kW 368 367

Process Condensate & SWS System kW 122 121
BFW Circulation Pumps kW 87 87

Cooling Water Circulation Pumps kW 2,383 2,379
Cooling Tower Fans kW 1,310 1,308

Air Cooled Condenser Fans kW 2,015 2,012
Scrubber Pumps kW 612 611

Desulfurization Unit kW 1,745 1,742
Gas Turbine Auxiliaries kW 940 938

Steam Turbine Auxiliaries kW 102 102
Sulfuric Acid Plant kW (1,263) (1,261)

Miscellaneous Balance of Plant kW 3,012 3,006
Transformer Losses kW 2,441 2,437

Methane Compressor kW 1,087 1,085
Total kW 117,290 117,066

Net Power Generation Unit

Net Power Output kW 482,274 481,354
Plant Performance Unit

Net Efficiency %-HHV 33.17 33.16
Net Heat Rate kJ/kWh 10854.8 10857.5

Consumables Unit

As-Received Coal kg/h 263,180 262,678
Thermal Input kW-HHV 1,454,159 1,451,385

Raw Water Usage m3/min 15.61 15.58
Carbon Capture Unit

Carbon Recovery % 90.03 90.03
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4.5.4 Pathway II – Adiabatic Methane Reforming

The Pathway II scenario is similar to the Pathway I scenario and uses an adiabatic

reformer reactor in addition to the H2-PSA but instead of sending the methane rich stream

leaving the H2-PSA to the CO2-conditioner combustor, the methane rich stream is sent to

a reformer reactor and recycled back to the CO2-PSA. The reforming reaction (Equation

4.122) is endothermic and converts heat into chemical energy while reducing the methane

content. Converting heat to chemical energy has the potential of increasing the efficiency of

the plant. Combusting a fuel component in the gas turbine has a higher efficiency than con-

verting it to heat, raising steam and utilizing the steam in a Rankine cycle. Thus, this setup

could potentially increase the carbon capture to the desired value of 90 % while increasing

the plant efficiency at the same time. The integration of the reformer reactor requires steam

input to adjust the steam to carbon ratio to a value that ensures gas stability with respect

to carbon formation under the operating conditions, and heat input to preheat the gas to

500 ◦C. As in the Pathway I scenario, the syngas has to be cooled to 26 ◦C before it can enter

the H2-PSA. In the Pathway II scenario, a majority of the high temperature condensate as

well as the low temperature condensate is used to humidify the low pressure methane rich

steam leaving the H2-PSA. The rest of the high temperature condensate is used to humidify

the gas turbine fuel. The heat for preheating the methane rich stream is provided by the

reheated steam from the HRSG. After reforming, the syngas is cooled, compressed and re-

cycled to the CO2-PSA.

A simplified flow sheet of the Pathway II scenario is shown in Figure 4.60. The cor-

responding stream summary at gas turbine inlet flow limitations is given in Table 4.27. A

steam summary at constant coal flow rate is provided in the appendix Table A.7.

The analysis of the whisker carbon equilibrium inside the reformer reactor is shown in

appendix Figure B.5. In this scenario, no water is being sent to the water treatment, all

the condensate is used to re-humidify the syngas. By adding more steam to the gas stream
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entering the reformer reactor than that required to avoid carbon deposition, the equilib-

rium is shifted towards the product side, which helps to lower the methane content in the

syngas. Although there is only little water from the syngas lost through condensation in

the H2-PSA split stream, the water content of the syngas fed to the gas turbine is about

3 mol−%− points lower than that in the warm gas cleanup base case. This is caused by the

reforming reaction, which consumes water and produces more molecules than it consumes

which leads to a further reduction of the water content expressed in mol-%. The real effect

of water reduction through the reformer is even greater since the carbon capture in this case

is higher than that in the base case which further increases the relative water content in the

syngas. The methane conversion in the reformer is 9.4 %. This conversion is not very high

and thus, a very high recycle rate of 40 % is needed to achieve the targeted carbon capture

of 90 %. Further addition of steam would help to improve the conversion of methane, but a

higher steam content would lead to a significant amount of condensation during reformate

compression and would increase the conversion only marginally. Furthermore, a lower water

content in the syngas has to be compensated with more nitrogen diluent, which ultimately

leads to a higher ASU compression power. The reformer equilibrium is also influenced by the

reactor pressure. The gas volume of the products is higher than that of the reactants. Thus,

lower the pressure, the higher the equilibrium conversion. However, the reactor pressure and

piping system pressure at all times, has to be maintained above ambient pressure in order

to avoid ambient oxygen leaking into the syngas.

The net power generation of the Pathway II scenario at 457, 251 kW is lower than that

in the warm gas cleanup base scenario and the Pathway I scenario. Although, the power of

403, 623 kW generated by the gas turbine is the largest among the above-mentioned cases,

the total gross power generated (580, 302 kW) is considerably less than that in the other

two cases. The steam turbine in the Pathway II scenario generates 176, 679 kW of power

which is 3.6 % less than that in the warm gas cleanup base case and 11.1 % less than that

in the Pathway I scenario. The reason for higher power output of the gas turbine lies in
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the syngas composition and a slightly higher gas turbine firing temperature. The water

content in the gas turbine fuel was reduced by 4.9 %− points compared to the Pathway I

scenario and the hydrogen content was increased by 4.5 %− points. This leads to a signif-

icant increase in heating value which is 18, 991 kJ
kg

in the Pathway II scenario. The lower

water content combined with higher heating value syngas results in a significant increase in

nitrogen requirement in the gas turbine. The reduction in steam turbine power generation

of the Pathway II scenario compared to the Pathway I scenario can be explained by the

reduction in steam generation from the CO2-conditioner combustor (in the Pathway I sce-

nario additional methane combustion). Furthermore, the heat consumption of the reformer

reduces the power output of the steam turbine in comparison with the warm gas cleanup

base case or the Pathway I scenario. Major differences in the auxiliary load result from the

ASU and the methane compressors. Based upon a constant coal flow, the ASU auxiliary

load is much higher than that in the warm gas cleanup base case. This increase is due to

the higher nitrogen requirement, which increases the main compression power and nitrogen

compression power. The oxygen compression power is reduced since more high pressure

nitrogen is required, which shifts the entire production to more high pressure products in-

cluding oxygen. Thus, less oxygen from the low pressure stage has to be compressed, leading

to a reduction in oxygen compression power. Compared to the Pathway I scenario, the ASU

auxiliary load increases by only a small amount since the Pathway I scenario has a higher

oxygen requirement than the warm gas cleanup base case, which also results in a higher

air compression power. However, large differences in the oxygen and nitrogen compression

power are recognizable due to the differences in oxygen and nitrogen demand of the indi-

vidual cases. Another major item in the auxiliary load is the compression of the reformate

stream. Because of the low methane conversion in the reformer, the resulting recycle rate and

the higher compression ratio compared to the Pathway I scenario lead to an almost 7 times

higher compression power of the recycle stream. This takes a major hit on the efficiency of

the plant – 32.68 %− HHV – and thus 0.49 %− points lower than that in the Pathway I
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scenario.

The water usage of the plant is 15.08 m3

min
which is lower than that in the Pathway

I scenario. However, the net power in the Pathway I scenario is higher making the Path-

way I scenario more water efficient. The specific water usage of the Pathway II scenario is

1.9788
m3

water

MWhNet
versus 1.9420

m3
water

MWhNet
for the Pathway I scenario.

A performance summary of the Pathway II scenario is given in Table 4.28.
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Table 4.28: Performance Summary of the Pathway II CO2-PSA Warm Gas Cleanup Case
with 90 % Carbon Capture

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 403,623 418,698
Steam Turbine kW 176,679 183,278

Total kW 580,302 601,977
Auxiliary Load Unit

Coal Handling kW 493 511
Coal Milling kW 705 731

Coal Dryer Circulation Blower kW 2,473 2,565
Ash Handling & Dewatering kW 609 631

Air Separation Unit Auxiliaries kW 499 518
Air Separation Unit Main Compressor kW 40,697 42,217

Oxygen Compressor kW 11,551 11,982
Nitrogen Compressor kW 14,876 15,431

Syngas Recycle Compressor kW 1,497 1,553
Carbon Dioxide Purification & Compressor kW 23,449 24,325

Boiler Feed Water & Demin. Pumps kW 5,394 5,596
Vacuum Condensate Pump kW 345 358

Process Condensate & SWS System kW 83 86
BFW Circulation Pumps kW 78 81

Cooling Water Circulation Pumps kW 2,418 2,508
Cooling Tower Fans kW 1,330 1,379

Air Cooled Condenser Fans kW 1,823 1,891
Scrubber Pumps kW 589 611

Desulfurization Unit kW 1,679 1,742
Gas Turbine Auxiliaries kW 947 982

Steam Turbine Auxiliaries kW 91 94
Sulfuric Acid Plant kW (1,206) (1,251)

Miscellaneous Balance of Plant kW 2,898 3,006
Transformer Losses kW 2,363 2,451

Methane Compressor kW 7,372 7,648
Total kW 123,052 127,648

Net Power Generation Unit

Net Power Output kW 457,251 474,329
Plant Performance Unit

Net Efficiency %-HHV 32.68 32.67
Net Heat Rate kJ/kWh 11015.5 11018.3

Consumables Unit

As-Received Coal kg/h 253,220 262,678
Thermal Input kW-HHV 1,399,128 1,451,385

Raw Water Usage m3/min 15.08 15.64
Carbon Capture Unit

Carbon Recovery % 90.04 90.04
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4.5.5 Pathway III – Methane Recycling to the Gasifier

Problematic for the Pathway II scenario is the low operating temperature of the re-

former reactor. A low operating temperature thermodynamically favors methane formation.

In order to achieve higher CH4 conversion, a higher operating temperature is essential but

challenging with respect to the heat integration of the plant. A reactor that operates at

higher temperatures and promotes reforming and water-gas-shift reaction is the gasifier. In

Pathway III, the methane tail gas from the H2-PSA is recycled to the gasifier instead of

feeding it into a separate reformer reactor. As a result, the compression ratio is increased

to gasifier injection pressure, which affects the auxiliary power consumption of the plant

negatively. Furthermore, the recycle stream leads to an increased mass flow rate between

the point where the steam is split from the main stream and the mixer where the recycle

stream is re-injected. Consequently, the equipment upstream of the split and downstream

of the mix has to be scaled up to handle the increased flow rate. In order to minimize this

effect, some of the gasifier raw syngas recycle is offset by the methane recycle. The raw

syngas recycle in the TRIGTM gasifier is required to entrain the coal particles in the gas

flow. To maintain the momentum of the raw syngas recycle stream, the mass flow of the raw

gas recycle stream is held constant.

A flow sheet of the Pathway III scenario is illustrated in Figure 4.61. A stream sum-

mary of the major streams at gas turbine air inlet flow limitations is provided in Table 4.29.

The corresponding stream summary at constant coal flow rate is given in appendix Table

A.8.

A higher methane content in the gasifier recycle stream changes the heat balance of

the gasifier. The endothermicity of the steam methane reforming reaction requires a higher

oxygen injection to increase the heat release by oxidation in order to maintain the same

operating temperature. The heat loss is a function of temperature and gasifier size and is

held constant in this off-design operation of the gasifier. For the same coal input, the oxygen
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demand rose by 1.02 %. As a result of this increased overall mass flow, the amount of raw

gas recycle in the Pathway III scenario is minimally higher than that in the other cases when

comparing on a constant coal flow basis.

The change in atomic composition of the syngas is small. However, the increase of

oxygen in the syngas allows a lower steam to carbon monoxide ratio in the shift section of

2.75 from initially 2.80. The higher mass flow and lower CO and H2O partial pressure in the

syngas in the Pathway III scenario require more shift catalyst. Changes in reactor design of

the first reactor are small because of its high operating temperature and fast kinetics. The

catalyst in the first reactor requires a volume of 140.5 m3 (diameter 3.51 m). Because of the

higher mass flow and velocity, the resulting pressure drop is 1.33 bar. The low temperature

sweet shift reactor requires 61.2 m3 catalyst (diameter 3.15 m), a 3.6 % increase. The pres-

sure drop associate with the catalyst bed is 1.62 bar. The design of the shift reactors is based

on the kinetic evaluation of the reaction which can be found in appendix C.29 - C.40. The

corresponding whisker carbon equilibrium curves can be found in appendix B.6 and B.7.

Recycling a methane rich stream back to the gasifier reduces the amount of recycled

gas to 22.3 % compared to 40 % in the Pathway II scenario which indicates a much higher

methane conversion efficiency in the gasifier than in the reformer reactor. As a result of this

higher methane content in the gasifier feed, the product stream’s methane concentration

rises too. The methane is then carried through the shift reactors and CO2-PSA. A reduction

of the methane content of the syngas fed to the gas turbine is achieved after the H2-PSA. A

portion of the syngas is split off and the majority of its hydrogen is re-injected into the syngas

fed to the gas turbine. This hydrogen injection causes the methane content in the syngas

to decrease below the required level to enable a carbon capture of 90 %. Since the methane

recycle replaces some of the raw syngas recycle, the compression power of the raw syngas re-

cycle compressor would be expected to decrease (on a constant coal flow basis). However, the

methane recycle stream is small compared to the raw syngas recycle and the pressure ratio

is not significant which reduces the power consumption of the gasifier recycle compressor by
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only 2.4 %. The methane recycle compressor has a greater impact on the plant performance.

In order to recycle the methane rich stream back to the gasifier it is compressed from 1.3 bar

to 46.0 bar. Although the stream is comparatively small, the pressure ratio is so large that

the compression power is more than double as much as the compression power of the raw

syngas recycle. Drawing an analogy to the Pathway II scenario, the methane compression

power could be cut in half due to the higher methane conversion in the gasifier and the

resulting lower recycle requirement. Other major losses include the increased compression

power for CO2 compression as well as an increase in compression power for the ASU main

compressor and nitrogen compressor. The compression power for CO2 is the same for all

90 % capture cases since they use the same capture technology. The ASU auxiliary load,

including main air compressor, nitrogen compressor and oxygen compressor, in the Pathway

III scenario is the lowest among all 90 % capture cases. Pathway I requires more oxygen for

methane combustion and Pathway II has a higher nitrogen demand for syngas dilution. The

Pathway III scenario produces syngas with a heating value of 17, 099 kJ
kg

which is between

those in the Pathway I and Pathway II scenarios. Furthermore, the water concentration in

the Pathway III syngas is at a medium level, in between those of Pathway I and Pathway

II, which results in a modest nitrogen requirement for syngas dilution. Thus, the Pathway

III scenario offers the best compromise between high heating value and high water content

syngas to effectively reduce the auxiliary load of the ASU.

The power generated by the gas turbine is 400, 992 kW which is more than that in the

Pathway I and less than that in the Pathway II scenario and is very much related to the

nitrogen diluent (GT firing temperature is the same as in Pathway I). The steam turbine

power output is 182, 912 kW. This is less than in the Pathway I scenario since the methane

reforming consumes heat instead of producing heat by methane combustion. However, the

Rankine cycle power output is significantly higher than that in the Pathway II case which

also uses reforming. Reforming methane in the gasifier consumes only the amount of heat

needed supplied by partial oxidation. In the separate adiabatic reformer reactor, a signif-

245



icant amount of heat is lost due to cooling and reheating since the heat is supplied by an

external source. Furthermore, the reforming case uses reheat steam to preheat the reformer

feed which reduces the power output of the steam cycle. The net power generated in the

Pathway III scenario is 468, 886 kW resulting in an efficiency of 33.30 %. This is the highest

efficiency among the 90 % carbon capture cases and 0.52− 0.13 %− points away from the

ideal values using this CO2-PSA technology. The net power in the Pathway III scenario is

higher than that in the Pathway II scenario, which has a particularly low net power genera-

tion because of the high power consumption of the methane compressor and the low power

output of the steam cycle. The net power of the Pathway I scenario is much higher than

that for the Pathway III scenario because the plant is scaled to full turbine load. Splitting

off a portion of the syngas to produce steam helps to increase the net power generation but

increases the coal flow rate too.

The water consumption of the plant at fully loaded gas turbine is 15.21 m3

min
. This is

a specific water consumption of 1.9463
m3

water

MWhNet
which makes it almost as water efficient as

the Pathway I scenario. Pathway I has the greatest cooling requirement in the Rankine

cycle, followed by the Pathway III scenario and the Pathway II scenario. The syngas split

fraction to the H2-PSA in the Pathway III scenario is much larger than that in the Pathway

I scenario. Before the syngas enters the H2-PSA, it has to be cooled to 26 ◦C. The higher

mass flow to the H2-PSA in the Pathway III scenario raises the cooling load to the same level

as in the Pathway I scenario but the higher water content in the syngas in the Pathway III

scenario ultimately increases the water losses through the stack, leading to an overall higher

water consumption than in the Pathway II case. The Pathway II case has a low cooling

demand of the Ranking cycle but the methane compression in the Pathway II case (40 %

recycle) increases the cooling demand significantly making it the highest water consumer

among the tested scenarios.

A summary on the Pathway III IGCC performance is provided in Table 4.30.
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Table 4.30: Performance Summary of the Pathway III CO2-PSA Warm Gas Cleanup Case
with 90 % Carbon Capture

Gross Power Generation Unit GT Air Flow Constant
Limited Coal Flow

Gas Turbine kW 400,992 413,318
Steam Turbine kW 182,912 188,534

Total kW 583,904 601,853
Auxiliary Load Unit

Coal Handling kW 496 511
Coal Milling kW 710 731

Coal Dryer Circulation Blower kW 2,489 2,565
Ash Handling & Dewatering kW 613 631

Air Separation Unit Auxiliaries kW 389 401
Air Separation Unit Main Compressor kW 38,605 39,791

Oxygen Compressor kW 12,908 13,304
Nitrogen Compressor kW 11,873 12,238

Syngas Recycle Compressor kW 1,471 1,516
Carbon Dioxide Purification & Compressor kW 23,499 24,221

Boiler Feed Water & Demin. Pumps kW 5,462 5,630
Vacuum Condensate Pump kW 351 361

Process Condensate & SWS System kW 85 88
BFW Circulation Pumps kW 81 84

Cooling Water Circulation Pumps kW 2,310 2,381
Cooling Tower Fans kW 1,270 1,309

Air Cooled Condenser Fans kW 1,874 1,932
Scrubber Pumps kW 593 611

Desulfurization Unit kW 1,690 1,742
Gas Turbine Auxiliaries kW 940 969

Steam Turbine Auxiliaries kW 94 97
Sulfuric Acid Plant kW (1,208) (1,246)

Miscellaneous Balance of Plant kW 2,916 3,006
Transformer Losses kW 2,378 2,451

Methane Compressor kW 3,129 3,226
Total kW 115,018 118,553

Net Power Generation Unit

Net Power Output kW 468,886 483,299
Plant Performance Unit

Net Efficiency %-HHV 33.30 33.29
Net Heat Rate kJ/kWh 10811.1 10813.8

Consumables Unit

As-Received Coal kg/h 254,844 262,678
Thermal Input kW-HHV 1,408,101 1,451,385

Raw Water Usage m3/min 15.21 15.68
Carbon Capture Unit

Carbon Recovery % 90.00 90.00

247



4.6 Techno-Economic Analysis

The techno-economic analysis is conducted in accordance with the methodology de-

scribed in 4.1.4. The SelexolTM case TPC is estimated to be $ 1, 738, 374, 000. With a net

power generation of 452 MW the specific plant cost is 3, 849 $
kW

. Compared to the CO2-PSA

base case with a TPC of $ 1, 631, 377, 000, the plant cost of the SelexolTM case is 6.6 % higher.

The cost of gas turbine equipment and associated equipment for both cases are very similar

because in both cases the gas turbine is operated at fully loaded conditions. Small deviation

in costs are seen in HRSG, feed water systems, water makeup and other feedwater systems,

service water, fuel gas systems miscellaneous power plant equipment, instrumentations, site

improvements and building costs. Since the gas turbine is operated at full load, the HRSG

operates at similar conditions. However, the steam generation side differs as the in-plant

steam usage changes. Water system related costs are also very similar since the total raw

water usage of both plants (14.45 m3

min
vs. 14.64 m3

min
) is almost identical. Nevertheless, the

warm gas cleanup technology is more water efficient because of its higher net power genera-

tion. Equipment associated with the Rankine cycle, steam turbine, condensers and cooling

water systems, have a higher cost in the SelexolTM case due to its higher power generation

by the Rankine cycle. Because of the higher efficiency of the CO2-PSA base case, less coal is

needed to operate the turbine at full load and thus equipment upstream of the gas turbine

can be down scaled. This effect has especially strong impact on expensive equipment like the

ASU, fuel preparation and gasifier. Large savings are also seen in the shift reactor expenses,

which can be traced back to the replacement of the low temperature sour shift catalyst with

a more reactive sweet shift catalyst. The reduction in catalyst volume significantly lowers

the cost of the shift reactors by 31.4 %. A further cost reduction of the CO2-PSA case is

associated with omission of the syngas humidification. The increase in fuel gas piping cost

is a result of the higher water content in the PSA case syngas. Compared to the syngas

humidifying equipment this cost increase is negligible. Although, the costs associated with
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the sulfuric acid unit are higher than that of the Claus unit, the CO2-PSA and warm gas

desulfurization are less expensive than the dual stage SelexolTM unit. Furthermore, CO2

compression and purification in the CO2-PSA case are more expensive. Overall comparing

desulfurization, decarbonization, CO2 compression and purification, savings of 17.0 % are

seen by moving from the SelexolTM process to the CO2-PSA process.

Comparing the CO2-PSA base case with the Optimization I scenario, a small increase in

TPC is observed ($ 1, 641, 255, 000). However, the specific plant cost decreased to 3, 298 $
kW

because of the higher net power generation. Although the optimization of the shift section

in the Optimization I case leads to a reduction in the shift reactor costs, the TPC increases

because of the higher steam availability. Higher steam availability is achieved by reduction

of shift steam. This ultimately leads to an increase in cost of the steam turbine generator,

steam condensers and other boiler systems. Less shift steam injection into the syngas, which

eventually leaves through the stack, reduces the water consumption and thus, the costs of

the feedwater system. The same effects become visible when looking into the Optimization II

case. However, a decrease in TPC in the Optimization II case is observed ($ 1, 639, 866, 000)

because of the reduced rector size originating at faster reaction kinetics by using only sweet

shifting in this case.

Similar observations are made for the Isothermal Shift I and II cases. Differences in

these cases are the steam to carbon ratio and the cost of the shift reactors. In the Isother-

mal Shift I case the TPC drops to $ 1, 631, 648, 000 due to the savings made in the shift

section. Using IP steam generation for cooling the reactor significantly reduces the reactor

size. The cost increases in steam condenser and feed water system are small compared to

the cost reduction of the shift section. For the Isothermal Shift II case the TPC increases

again to $ 1, 637, 543, 000 as a result of the larger rector size needed in this scenario. The

production of more HP steam increases the cost of the steam turbine but reduces the cost

of the condensers compared to the Isothermal Shift I case due to a lower mass flow when

producing HP steam only.

249



In the 90 % carbon capture scenarios, Pathway I, Pathway II and Pathway III, the TPC

increases to $ 1, 695, 892, 000, $ 1, 680, 768, 000 and $ 1, 667, 609, 000. The specific plant cost

among the Pathway scenarios is the lowest for the Pathway I case with 3, 516 $
kW

versus

3, 676 $
kW

for the Pathway II case and 3, 557 $
kW

for the Pathway III case. Due to the higher

carbon capture in the Pathway scenarios, the cost for the CO2-PSA equipment increases as

well as the CO2 purification and compression equipment. Furthermore, the Pathway sce-

narios use extra equipment, e.g. H2-PSA and recycle gas compressor (Pathway I, II & III),

reformer (Pathway II) which add costs to the TPC. Other plant costs are very similar to

the CO2-PSA base case except the equipment upstream of the gas turbine in the Pathway I

case and the ASU cost in the Pathway III case. In the Pathway I case some of the syngas

is combusted in the CO2 purification system with oxygen to raise steam which leads to an

increase in coal flow in order to operate the gas turbine at full load. Thus, all the equip-

ment upstream of the gas turbine has to be scaled up. In the Pathway III case the gasifier

is operated under different conditions using the methane rich stream from the H2-PSA to

replace some of the gasifier recycle steam. Methane reforming is endothermic and requires

a higher oxygen input to balance the energy in the gasifier. The higher oxygen demand

directly impacts the ASU size and its cost as it can be seen from the cost analysis.

A detailed listing of all individual plant parts with their associated costs are presented

in Table 4.31.

Fix annual operating costs in the SelexolTM case are $ 66, 736, 000 and are slightly

higher than those in the CO2-PSA base case with $ 63, 642, 000. Differences in the fix op-

erating costs are due to property tax and maintenance labor cost. Also, the maintenance

cost of the SelexolTM case is higher ($ 34, 056, 000) than that in the CO2-PSA base case

($ 32, 640, 000) because of the more expensive equipment used in the SelexolTM case. To-

tal cost of raw water is similar as well as the costs for CO2 TS&M. Annual cost for coal

in the SelexolTM case is higher ,$ 39, 833, 000 versus $ 38, 419, 000, due to the improved

plant efficiency. In general, the SelexolTM case requires less chemicals/catalysts but the high
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costs for the sour shift catalyst and the SelexolTM solvent lead to an overall higher cost

for the initial fill costs ($ 15, 202, 000 vs. $ 14, 683, 000). However, on an annual basis, the

SelexolTM case has a lower cost for chemicals/catalysts and waste disposal ($ 11, 152, 000 vs.

$ 13, 180, 000) mainly due to the high cost of the high temperature trace component sorbent

and its need for quarterly replacement. A large difference is seen in the annual byprod-

uct credit. The SelexolTM based plant with Claus process generates a byproduct value of

$ 1, 459, 000, whereas the warm gas cleanup IGCC with the sulfuric acid unit generates a

byproduct value of $ 4, 494, 000.

In the Optimization I & II cases, the variable cost is lowered by the usage of a less ex-

pensive high temperature sweet shift catalyst and a reduction in catalyst volume. This leads

to a reduction in initial fill cost in the Optimization I case to $ 12, 995, 000 and $ 12, 060, 000

in the Optimization II case. Furthermore, the annual costs for chemicals/catalysts and waste

disposal are reduced to $ 12, 404, 000 and $ 11, 901, 000 but because of the high cost of the

trace contaminant sorbent, the costs were not able to drop below the SelexolTM case levels.

The Isothermal Shift I case has the lowest shift reactor costs and the initial fill costs are

$ 11, 952, 000. The initial fill cost for the Isothermal Shift II case are $ 12, 530, 000. Annual

costs for chemicals/catalysts and waste disposal are $ 11, 867, 000 and $ 12, 050, 000.

The Pathway scenarios are more similar to the CO2-PSA base case, however, have

additional demand for catalyst/chemicals due the employment of a H2-PSA and/or reformer

and/or larger catalytic combustor in the CO2 purification section. As a result, the initial fill

as well as the annual costs for chemicals/catalysts and waste disposal are higher compared

to the other cases.

Some characteristic numbers of the financial analysis are summarized in Table 4.32 and

Table 4.34.

TPC and operating cost have a direct impact on the cost-of-electricity (COE). The

COE of the SelexolTM case without TS&M is 129.4 $
MWh

and with TS&M 148.6 $
MWh

. The

lower TPC and operating cost in the CO2-PSA base case lead to a COE of 115.1 $
MWh

and
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132.6 $
MWh

with TS&M. After optimization of this case, the COE drops to 111.1 $
MWh

for Op-

timization I, 110.4 $
MWh

for Optimization II, and 127.9 $
MWh

for Optimization I, 127.2 $
MWh

for Optimization II with TS&M. The Isothermal Shift I and II scenarios COEs are close to

the Optimization I and II cases but the efficiency penalty is too large despite the reduced

plant cost. The Isothermal Shift I case has a COE of 111.0 $
MWh

without TS&M and a COE

of 127.9 $
MWh

with TS&M. The Isothermal Shift II case has a COE of 110.9 $
MWh

without

TS&M and a COE of 127.7 $
MWh

with TS&M. Among the Pathway scenarios, Pathway I

is the most effective solution to reaching a carbon capture of 90 %. Although Pathway I

has the highest TPC and operating costs among the Pathway scenarios and not the highest

plant efficiency, the higher power output can compensate for these additional costs leading

to a COE of 118.7 $
MWh

and 138.1 $
MWh

with TS&M. The second best option for 90 % carbon

capture is the Pathway III scenario with a COE of 119.9 $
MWh

and 139.2 $
MWh

with TS&M.

Highest COE while achieving 90 % carbon capture is obtained with the separate reformer

reactor resulting in a COE of 123.7 $
MWh

and 143.4 $
MWh

with TS&M.

Cost of carbon capture and avoided cost are compared to a corresponding TRIGTM

IGCC plant without carbon capture and a supercritical PC plant without carbon capture.

The COE for the IGCC was estimated with 91.00 $
MWh

and that for the PC plant with

71.80 $
MWh

. Basis of the COE is 2011$ and is escalated from [24, 25]. CO2 emissions for

these reference plants are 859 kg
MWh

and 818 kg
MWh

respectively [24, 25].

The cost of carbon capture as well as avoided cost are the lowest for the Optimization

II case, which also has the lowest COE. The cost for carbon capture with TS&M is reduced

from 66.0 $
tonne

to 47.5 $
tonne

compared to a corresponding IGCC without carbon capture. In

comparison to a PC plant, the cost of capture is reduced from 88.0 $
tonne

to 72.7 $
tonne

. A sim-

ilar behavior is observed for the avoided costs which are reduced from 89.4 $
tonne

/112.2 $
tonne

to 54.3 $
tonne

/78.3 $
tonne

. All results are summarized in Table 4.33 and Table 4.35. The overall

trend shows that the plants with the lowest carbon capture cost or avoided cost have the

lowest COE. This illustrates the importance of finding more efficient and cost effective ways
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of removing CO2 from the syngas or exhaust stream.
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Chapter 5

Summary, Conclusions and

Recommendations

5.1 Summary

A design basis for IGCC plants facilitating a highly efficient, low temperature TRIGTM

gasifier utilizing low rank coal was established. Feedstock and site characteristics were identi-

fied, and critical operating parameters were determined. Implemented models were validated

with literature, internal data and experimental data. A methodology for the techno-economic

evaluation of the plant design was identified and a financing structure based on financial risk

analysis was selected. For the estimation of the capital cost, scaling exponents based on

individual scaling parameters were derived from literature and a basis for individual main-

tenance cost relationships was established. Furthermore, a basis for operational costs was

created to account for viable and fixed operating cost.

A state-of-the-art IGCC power plant with dual-stage SelexolTM unit for carbon cap-

ture (cold gas cleanup) was designed, evaluated and compared to available literature. Based
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upon the plant design of the cold gas cleanup, a novel PSA-based CO2-removal technology

(warm gas cleanup) was integrated into the plant replacing the dual-stage SelexolTM unit

with a warm gas sulfur removal unit and the novel warm gas CO2-removal unit. Further

adjustments to the plant design were made to meet the criteria laid down in the design basis,

e.g. warm gas mercury removal and CO2 conditioning system. Installation of the warm gas

sulfur removal unit also required a reevaluation of the Claus process and the heat integration

of the plant. A detailed comparison between the two carbon capture systems was conducted

with respect to their performance, water usage and economics.

In order to optimize the performance of the IGCC and reduce the impact of carbon cap-

ture on the efficiency, the water-gas-shift section of the plant was optimized. For this purpose

an equilibrium-based, thermodynamic gas stability analysis code was used to predict the op-

timum steam to carbon monoxide ratio. Furthermore, a kinetic model for the analysis of the

water-gas-shift reactors was developed based upon intrinsic power law kinetics. The analy-

sis and optimization were conducted at constant carbon capture to maintain comparability.

Based upon the process integration of the shift reactors, sour high-temperature shifting, sour

low-temperature shifting, sweet high-temperature shifting, and sweet low-temperature shift-

ing were analyzed with respect to their specific pressure drop, temperature profile, species

profiles, apparent reaction rate, intrinsic reaction rate, catalyst effectiveness, capital cost,

maintenance cost and operating cost.

Next with respect to the optimization scenarios using adiabatic shift reactors, two

cases incorporating isothermal shifting were investigated. Central to the analysis is the

above-mentioned kinetic model which has been modified to simulate real reactor behavior of

an isothermal water-gas-shift reactor with heat transfer from the gas mixture to the coolant.

In the course of designing the isothermal reactor’s vessel and heat exchanger, a novel

dimensionless quantity, the rate optimization number (Ro), has been developed to optimize

the reaction kinetics. The Ro number provides a measure for the importance of thermal

driving force versus chemical driving force and can be used to optimize the reaction rate.
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To increase the carbon capture, methods to convert methane to CO2 were investigated.

Three new process schemes have been developed and integrated into the CO2-PSA warm gas

cleanup IGCC: (1) combustion of syngas in the CO2 purification section while raising steam,

(2) syngas reforming in an external adiabatic reformer and (3) syngas recycling to the gasi-

fier.

A techno-economic analysis was conducted for all cases presented in this work. The

techno-economic analysis involved a detailed itemized capital cost evaluation with respect

to the individual equipment capacity, a detailed analysis of maintenance cost and a de-

tailed analysis of fixed and variable operating costs. Based on the thermodynamic plant

performance and the total plant cost, the cost of electricity was determined according to the

financing structure presented in Section 4.1.4. Cost of Capture and Avoided Cost were de-

termined with performance and emission values from literature using a corresponding IGCC

without carbon capture and a supercritical pulverized coal power plant without carbon cap-

ture.

5.2 Conclusions

A state-of-the-art IGCC power plant with a dual-stage SelexolTM unit for carbon cap-

ture has been compared to a novel PSA-based warm gas CO2-removal technology. The

analyses revealed the following conclusions:

Low Temperature Gasification (TRIGTM) and its Resulting High Methane

Syngas Limits Carbon Capture

Due to the low-temperature gasification technology selected for this IGCC study, the

carbon capture is limited as a consequence of the high methane content in the syngas pro-
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duced by the TRIGTM gasifier. In the raw syngas from the TRIGTM gasifier, 9.2 mol−%

of the carbon is in the form of methane. The SelexolTM case reaches a mximum carbon

capture of 83.40 % while achieving a thermal plant efficiency of 31.11 %− HHV. With the

implementation of the warm gas CO2-removal unit the carbon capture limit rises to 88.6 %

as a result of a higher capture yield of the PSA-technology. The plant efficiency with the

PSA-based CO2-removal unit increases at the same time to 34.2 %− HHV.

Warm Gas Cleanup Using a CO2-PSA Significantly Improves Plant Perfor-

mance

A state-of-the-art TRIGTM IGCC with SelexolTM CO2-removal unit was developed.

With a carbon capture of 83.40 % and a net plant efficiency of 31.11 %− HHV the resulting

COE is 129.4 $
MWh

without taking costs for carbon dioxide sequestration into consideration

and 148.6 $
MWh

with carbon dioxide TS&M costs. The integration of the warm gas CO2-

removal technology into the plant increases the efficiency to 34.20 %− HHV. The analysis

of the power requirement shows that the CO2-PSA itself has a 4.5 % lower energy input

than the SelexolTM process on a per kg of captured CO2 basis. Further energy savings are

achieved in the ASU and syngas humidification. This illustrates that it is important to

evaluate technologies in the context of the whole system and not just on a stand-alone basis.

The complex interconnections between various components in the plant can have significant

influence on the overall efficiency. The COE in the warm gas cleanup base case is lowered

to 115.1 $
MWh

without taking costs for carbon dioxide sequestration into consideration and

132.6 $
MWh

with carbon dioxide TS&M costs.

Optimization of Water-Gas-Shift Reaction Increases Profitability

After optimization of the water-gas-shift reactor section using kinetic reaction analysis
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and thermodynamic gas stability analysis results in an increase in efficiency and a higher

profitability. Moving from sour shifting to more reactive sweet shifting reduces the cost of

reaction vessels by up to 49.3 % (SelexolTM case to Optimization II). Initial catalyst and

operating cost of the shift reactors are reduced by up to 85.0 % and 90.0 % (SelexolTM case

to Optimization II). With a simultaneous reduction of the steam consumption in the shift

section the resulting efficiency of the Optimization II case is 35.63 % which this makes it

the most efficient and cost effective case leading to a COE of 110.4 $
MWh

without TS&M and

127.2 $
MWh

with TS&M.

Isothermal Shifting Can Reduce Reactor Cost, Catalyst Volume and Op-

erating Cost

Important for the economic performance of an isothermal water-gas-shift reactor is the

cooling load. The case studies of the Isothermal Shift I and Isothermal Shift II cases have

shown that most of the reactor volume is needed to sufficiently cool the syngas. Furthermore,

the analysis revealed that after the adiabatic inlet section intensive cooling is desirable to

increase the chemical driving force and accelerate the kinetics. Both effects together can lead

to a reduction of reactor cost, catalyst cost and operating cost. In the Optimization II case

with 3 adiabatic high temperature reactors the total catalyst volume is 125.2 m3 whereas

the catalyst volume in the Isothermal Shift I case is 108.6 m3 (without optimization of the

Ro number). In the Isothermal Shift II case with optimized Ro number the catalyst volume

can be reduced to 51.3 m3.

Using the Ro Number in the Reactor Design Leads to a Significant Reduc-

tion in Reactor Size

The here introduced Ro number which compares the impact of temperature on the
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thermal driving force to the chemical driving force can help reactor engineers to make ef-

fective use of the catalyst. For the water-gas-shift reaction, a value of -1 represents the

optimum reaction rate. By designing the heat exchanger in the isothermal shift reactor in

accordance with the Ro number a reduction of the required catalyst volume from initially

197.9 m3 to 51.3 m3 was possible (Isothermal Shift II case). The optimization with the Ro

number has shown that most of the cooling is needed after the adiabatic inlet length and

the ideal cooling profile follows an exponential decay along the reactor axis.

For the Water-Gas-Shift Reaction, the Assumption of an Isothermal Cat-

alyst Pellet is a Valid Assumption

The importance of internal mass transfer, internal heat transfer, external mass trans-

fer and external heat transfer were investigated for all water-gas-shift reactors in this study

including high temperature sour shift, low temperature sour shift, high temperature sweet

shift and low temperature sweet shift. While internal mass transport limitations have found

to limit the reaction rate in all cases, external mass transfer and external heat transfer

were important only for the high temperature sweet shift catalyst with inlet temperature of

greater 335 ◦C. However, internal heat transport was never found to be a considerable factor

throughout this study and the assumption of an isothermal catalyst particle was justified

under all encountered conditions.

In IGCC Power Plants, Efficiency is an Important Indicator of Economic

Performance

The cost analysis shows that for IGCC power plants, the efficiency is a very important

measure, more important than in conventional power plants. A higher plant efficiency re-

duces the equipment size upstream of the gas turbine and cannot just lower the operating
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cost but also has a significant influence on the overall TPC. The economic evaluation shows

that a higher cost of e.g. the shift reactor section (Optimization I to Optimization II) can

be justified by an increase in efficiency and ultimately a reduction in the COE.

Among the Studied Scenarios, Combustion of Methane Enriched Syngas in

the CO2 Purification Section while Raising Steam is the Most Cost Effec-

tive Solution for Increasing the Carbon Capture to 90%

Maximum carbon capture after implementation of the warm gas CO2-removal unit is

88.6 % as a result of a higher capture yield of the PSA-technology. In order to reach the

DoE target of 90 % carbon capture, three options have been studied: (1) combustion of syn-

gas in the CO2 purification section while raising steam, (2) syngas reforming in an external

adiabatic reformer and (3) syngas recycling to the gasifier. All scenarios are able to reach

the desired carbon capture of 90 %; however, the economics of these three approaches are

very different. Although the recycling option (3) has the highest efficiency, the combustor

option (1) is the most economical with a COE of 118.7 $
MWh

without TS&M and 138.1 $
MWh

with TS&M.

5.3 Recommendations

This study showed that using a sorbent-based CO2-PSA technology for carbon capture

is a highly attractive solution for near future carbon capture increasing the relative pant

efficiency by more than 14.5 % and decreasing the COE by more than 14.7 %. The obtained

results from the Optimization I and II cases suggest that it would be most efficient to operate

the shift reactors at isothermal conditions. However, the isothermal cases in this study were

not able to surpass the performance of the setup with three individual adiabatic water-gas-

263



shift reactors. Important factors for the performance of the isothermal shift reactor are the

carbon monoxide conversion and temperature at which steam is generated. Further research

in this area is needed to fully comprehend the impact of these factors. Furthermore, the

optimization of the reactor using the Ro number can lead to a significant improvement.

It has been shown in this study that the reactor size can be reduced when the reaction

rate is optimized with the Ro number. Another area of future research is the improvement

of carbon capture in high methane content syngas applications. Especially in the field of

highly efficient low temperature gasification processes which will gain importance in the

future with the increasing interest in low rank coals and biomass, new technologies for

selective methane separation could play an important role in the improvement of the herein

investigated strategies for increased carbon capture.
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Appendix B

Whisker Carbon Equilibria

282



Figure B.1: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 1st water gas shift reactor of the CO2-PSA warm gas cleanup base case.
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Figure B.2: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 1st water gas shift reactor of the Optimization II CO2-PSA warm gas
cleanup case.
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Figure B.3: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 2nd water gas shift reactor of the Optimization II CO2-PSA warm gas
cleanup case.
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Figure B.4: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 3rd water gas shift reactor of the Optimization II CO2-PSA warm gas
cleanup case.
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Figure B.5: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the reformer reactor in the Pathway II case.
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Figure B.6: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 1st water gas shift reactor of the Pathway III CO2-PSA warm gas cleanup
case.
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Figure B.7: Evaluation of the carbon, hydrogen and oxygen equilibrium at inlet and outlet
conditions of the 2nd water gas shift reactor of the Pathway III CO2-PSA warm gas cleanup
case.
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Appendix C

Shift Reactor Analyses
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Figure C.1: Temperature profile of the 1st shift reactor of the CO2-PSA warm gas cleanup
base scenario using a sour shift catalyst with a system sizing factor of 1.25.
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Figure C.2: Species profiles of the 1st shift reactor of the CO2-PSA warm gas cleanup base
scenario using a sour shift catalyst with a system sizing factor of 1.25.
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Figure C.3: Catalyst effectiveness ( ), intrinsic reaction rate ( ) and apparent reaction
rate ( ) of the 1st shift reactor of the CO2-PSA warm gas cleanup base scenario using a
sour shift catalyst with a system sizing factor of 1.25.
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Figure C.4: Prater-Weisz modulus ( ) and Carberry number ( ) of the 1st shift reactor
of the CO2-PSA warm gas cleanup base scenario using a sour shift catalyst with a system
sizing factor of 1.25.
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Figure C.5: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for external
heat transfer Ω ( ) of the 1st shift reactor of the CO2-PSA warm gas cleanup base scenario
using a sour shift catalyst with a system sizing factor of 1.25.
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Figure C.6: Rate optimization number of the 1st shift reactor of the CO2-PSA warm gas
cleanup base scenario using a sour shift catalyst with a system sizing factor of 1.25.
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Figure C.7: Prater-Weisz modulus ( ) and Carberry number ( ) of the 2nd shift reactor
of the CO2-PSA warm gas cleanup base scenario using a low temperature, sweet shift catalyst
with a system sizing factor of 1.1.
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Figure C.8: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for external
heat transfer Ω ( ) of the 2nd shift reactor of the CO2-PSA warm gas cleanup base scenario
using a low temperature, sweet shift catalyst with a system sizing factor of 1.1.
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Figure C.9: Rate optimization number of the 2nd shift reactor of the CO2-PSA warm gas
cleanup base scenario using a low temperature, sweet shift catalyst with a system sizing
factor of 1.1.
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Figure C.10: Prater-Weisz modulus ( ) and Carberry number ( ) of the 1st shift reactor
of the Optimization I CO2-PSA warm gas cleanup scenario using a high temperature, sour
shift catalyst with a system sizing factor of 1.25.
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Figure C.11: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 1st shift reactor of the Optimization I CO2-PSA warm
gas cleanup scenario using a high temperature, sour shift catalyst with a system sizing factor
of 1.25.
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Figure C.12: Rate optimization number of the 1st shift reactor of the Optimization I CO2-
PSA warm gas cleanup scenario using a high temperature, sour shift catalyst with a system
sizing factor of 1.25.
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Figure C.13: Prater-Weisz modulus ( ) and Carberry number ( ) of the 2nd shift reactor
of the Optimization I CO2-PSA warm gas cleanup scenario using a high temperature, sweet
shift catalyst with a system sizing factor of 1.1.
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Figure C.14: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 2nd shift reactor of the Optimization I CO2-PSA warm
gas cleanup scenario using a high temperature, sweet shift catalyst with a system sizing
factor of 1.1.
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Figure C.15: Rate optimization number of the 2nd shift reactor of the Optimization I CO2-
PSA warm gas cleanup scenario using a high temperature, sweet shift catalyst with a system
sizing factor of 1.1.
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Figure C.16: Prater-Weisz modulus ( ) and Carberry number ( ) of the 1st shift reactor
of the Optimization II CO2-PSA warm gas cleanup scenario using a high temperature, sweet
shift catalyst with a system sizing factor of 1.25.
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Figure C.17: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 1st shift reactor of the Optimization II CO2-PSA warm
gas cleanup scenario using a high temperature, sweet shift catalyst with a system sizing
factor of 1.25.
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Figure C.18: Rate optimization number of the 1st shift reactor of the Optimization II CO2-
PSA warm gas cleanup scenario using a high temperature, sweet shift catalyst with a system
sizing factor of 1.25.
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Figure C.19: Prater-Weisz modulus ( ) and Carberry number ( ) of the 2nd shift reactor
of the Optimization II CO2-PSA warm gas cleanup scenario using a high temperature, sweet
shift catalyst with a system sizing factor of 1.1.
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Figure C.20: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 2nd shift reactor of the Optimization II CO2-PSA warm
gas cleanup scenario using a high temperature, sweet shift catalyst with a system sizing
factor of 1.1.
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Figure C.21: Rate optimization number of the 2nd shift reactor of the Optimization II CO2-
PSA warm gas cleanup scenario using a high temperature, sweet shift catalyst with a system
sizing factor of 1.1.
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Figure C.22: Prater-Weisz modulus ( ) and Carberry number ( ) of the 3rd shift reactor
of the Optimization II CO2-PSA warm gas cleanup scenario using a high temperature, sweet
shift catalyst with a system sizing factor of 1.1.
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Figure C.23: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 3rd shift reactor of the Optimization II CO2-PSA warm
gas cleanup scenario using a high temperature, sweet shift catalyst with a system sizing
factor of 1.1.
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Figure C.24: Rate optimization number of the 3rd shift reactor of the Optimization II CO2-
PSA warm gas cleanup scenario using a high temperature, sweet shift catalyst with a system
sizing factor of 1.1.
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Figure C.25: Prater-Weisz modulus ( ) and Carberry number ( ) of the isothermal
IP shift reactor of the Isothermal Shift I scenario using a sweet shift catalyst, IP steam
generation and a system sizing factor of 1.1.

Inlet 0.25 0.5 0.75 Outlet
0

0.02

0.04

0.06

0.08

0.1

Normalized Reactor Length

M
ea

rs
M

o
d
u
lu

s
Γ

0

0.04

0.08

0.12

0.16

0.2

M
ea

rs
M

o
d
u
lu

s
Ω

Figure C.26: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the isothermal IP shift reactor of the Isothermal Shift I
scenario using a sweet shift catalyst, IP steam generation and a system sizing factor of 1.1.
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Figure C.27: Prater-Weisz modulus ( ) and Carberry number ( ) of the isothermal
HP shift reactor of the Isothermal Shift II scenario using a sweet shift catalyst, HP steam
generation and a system sizing factor of 1.1.
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Figure C.28: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the isothermal HP shift reactor of the Isothermal Shift II
scenario using a sweet shift catalyst, HP steam generation and a system sizing factor of 1.1.
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Figure C.29: Temperature profile of the 1st shift reactor of the Pathway III scenario using a
sour shift catalyst with a system sizing factor of 1.25.
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Figure C.30: Species profiles of the 1st shift reactor of the Pathway III scenario using a sour
shift catalyst with a system sizing factor of 1.25.
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Figure C.31: Catalyst effectiveness ( ), intrinsic reaction rate ( ) and apparent reaction
rate ( ) of the 1st shift reactor of the Pathway III scenario using a sour shift catalyst with
a system sizing factor of 1.25.
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Figure C.32: Prater-Weisz modulus ( ) and Carberry number ( ) of the 1st shift reactor
of the 1st shift reactor of the Pathway III scenario using a sour shift catalyst with a system
sizing factor of 1.25.
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Figure C.33: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 1st shift reactor of the Pathway III scenario using a
sour shift catalyst with a system sizing factor of 1.25.
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Figure C.34: Rate optimization number of the 1st shift reactor of the Pathway III scenario
using a sour shift catalyst with a system sizing factor of 1.25.
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Figure C.35: Temperature profile of the 2nd shift reactor of the Pathway III scenario using
a low temperature, sweet shift catalyst with a system sizing factor of 1.1.
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Figure C.36: Species profiles of the 2nd shift reactor of the Pathway III scenario using a low
temperature, sweet shift catalyst with a system sizing factor of 1.1.
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Figure C.37: Catalyst effectiveness ( ), intrinsic ration rate ( ) and apparent reaction
rate ( ) of the 2nd shift reactor of the Pathway III scenario using a low temperature, sweet
shift catalyst with a system sizing factor of 1.1.
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Figure C.38: Prater-Weisz modulus ( ) and Carberry number ( ) of the 2nd shift reactor
of the Pathway III scenario using a low temperature, sweet shift catalyst with a system sizing
factor of 1.1.
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Figure C.39: Mears Modulus for internal heat transfer Γ ( ) and Mears Modulus for
external heat transfer Ω ( ) of the 2nd shift reactor of the Pathway III scenario using a
low temperature, sweet shift catalyst with a system sizing factor of 1.1.
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Figure C.40: Rate optimization number of the 2nd shift reactor of the Pathway III scenario
using a low temperature, sweet shift catalyst with a system sizing factor of 1.1.
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