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ABSTRACT OF THE DISSERTATION 

 

Process Intensification of Reactive Separation Networks 

through Large-Scale Optimization 

 

by 

 

Flavio Eduardo Da Cruz 

Doctor of Philosophy in Chemical Engineering 

University of California, Los Angeles, 2018 

Professor Vasilios Manousiouthakis, Chair 

 

 

The chemical industry has historically favored increasingly larger plant designs to lower 

production costs for bulk chemicals and petrochemical products. The drawbacks of chemical 

plant scale-up, such as the growth in emissions and the treatment of by-products, have become 

more relevant due to tighter environmental regulations and more expensive energy resources. 

Process intensification (PI) is based on the search for radical improvements in chemical 

processing, substantially decreasing equipment volume, energy consumption or waste formation. 

Most of the developments in process intensification are based on experimental work, while the 

development of a systematic approach for process intensification is still in its incipient stages. 

This dissertation proposes to address this problem by applying the IDEAS framework as a 

systematic tool for process intensification. The search for intensified chemical processes 
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featuring nonlinear models is typically pursued through optimal synthesis procedures that stop in 

one of the possibly many locally optimal solutions. In the IDEAS approach, nonlinear chemical 

processes are linearized through the induction of an infinite number of states, forming a convex 

system that has a guaranteed global optimum. IDEAS based formulations generate an infinite 

linear program (ILP) which has its infimum value approximated by a series of finite-dimensional 

linear programs of ever increasing size. Reactive distillation systems are natural candidates for 

process intensification due to the prompt removal of the product from the reaction by the 

separation process, usually leading to higher conversion, smaller processing systems, and 

reduced volumetric footprint. The rigorous identification of the intensification limits for ternary 

reactive distillation systems through the application of the IDEAS framework is presented in 

chapter 1, featuring the tradeoff between the system’s total capacity (a surrogate for size) and its 

total reactive holdup (a surrogate for catalyst use). In chapter 2, the tradeoff between the network 

size, captured by the total capacity variable, and the total utility consumption in a ternary 

reactive distillation system is investigated. The irreversibilities of reactive distillation systems are 

investigated in chapter 3 through the solution of the minimum entropy generation rate problem, 

subject to a network capacity constraint. In chapter 4, the potential benefits related to the use of 

multi-pressure reactive distillation systems are investigated for a ternary azeotropic mixture. The 

application of the IDEAS approach to higher dimensionality problems, such as the reactive 

separation of quaternary azeotropic mixtures, is presented in chapter 5, where a column 

generation procedure is applied to solve the resulting large-scale linear program.  
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1. CHAPTER 1 

Process Intensification of Reactive Separator Networks through the IDEAS Conceptual 

Framework 

 

1.1. Abstract 

A method to rigorously identify the performance limits of a reactive separator network is 

presented in this paper. The quantification of the enhancement potential for a given technology 

can greatly benefit process intensification studies in the pursuit of radical improvements. The 

Infinite DimEnsionAl State-Space (IDEAS) conceptual framework is first reviewed and then 

shown to be capable of assessing the potential for process intensification of reactive separation 

processes. The IDEAS framework is employed to formulate an infinite linear program (ILP) that 

can synthesize optimal reactive separation networks, and establish rigorous tradeoffs between 

total network reactive holdup, and total network capacity. The proposed reactive separation 

process intensification method is demonstrated on a case study involving the metathesis of 2-

pentene through reactive distillation. Significant intensification over prior designs is 

demonstrated. 

 

1.2. Introduction 

Process intensification (PI) is a major focus of current chemical engineering research.  

The concept encompasses any chemical engineering development that offers drastic 

improvements in chemical processing, substantially decreasing equipment volume, energy 
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consumption or waste formation 1,2. More recently, process intensification was presented as a set 

of principles that are applicable to a broader spectrum of disciplines 3. 

Process synthesis is the invention of chemical process designs to exploit chemical routes 

at the desired scale, safely, environmentally responsibly, efficiently, and economically in a 

manner superior to all other possible processes 4. Often referred as a process intensification 

example, design of reactive distillation systems has been pursued using process synthesis 

methods 5. Nevertheless, most of the developments in process intensification are based on 

experimental work 6, and pilot plant facilities 7, while the development of a systematic approach 

for process intensification is still in its incipient stages 8. 

Considering this perspective, it is clear that PI can benefit from process synthesis tools 

that provide systematic approaches for the design and optimization of intensified processes. 

Moreover, synthesis tools that enable the thorough identification of the performance limit for a 

particular technology is an indispensable PI development since it would establish metrics to 

quantitatively evaluate intensified processes. 

The Infinite DimEnsionAl State-Space (IDEAS) framework, a systematic approach for 

process synthesis, is applied in this work as a process intensification tool. IDEAS can rigorously 

identify the performance limits of a particular technology or combination of technologies, 

without establishing any a priori design. By finding performance limits on chemical process 

networks, IDEAS allows the detection of process intensification candidates, the comparison 

between different intensified approaches, and quantifies the potential for further improvements.  

The IDEAS conceptual framework has been successfully applied to either globally 

optimize or to identify the attainable region of numerous process synthesis problems.  Some 

examples of IDEAS application involve multicomponent mass exchange networks 9, ideal 
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distillation networks 10,11, separator networks 12, power cycles 13, heat/power integrated 

distillation networks 14,15, reactive distillation networks 16,17, reactor network attainable region 

construction 18–27, azeotropic distillation networks 28, reactor networks 29–31, batch reactor 

networks 32, and process network attainable region 33. 

Derived by using simple physical concepts, IDEAS can be potentially applied to design 

and globally optimize virtually any chemical process. One of the key concepts behind the IDEAS 

framework can be visualized by considering, as a process operation example, a steady-state 

CSTR model as shown in Fig.1.1(a) and represented by Eq.(1.1). Usually, the design objective is 

to find an optimal H (variable) that can deliver a specified output OUT

iC  from a known input IN

iC

. This formulation is clearly nonlinear since the reaction rate ( )iR T  is also a variable.  

 ( )  0 , 1, ; |IN OUT lb ub

i i iFC FC R T H i n T D T T T T− + = =  =      (1.1) 

 

In the IDEAS approach, a part of the process output is considered to vary linearly with a 

part of the process input, when certain variables are considered constant. In the CSTR example, 

by converting the temperature domain D  into a bounded series containing infinite elements, as 

shown in Eq.(1.2) , it is possible to calculate a unique reaction rate k

iR  for each CSTR according 

to the elements of the series. 

 ( )    
1

0 ; ^ |IN OUT k k lb ub

i i i k
FC FC R T H T D T T T T T



=
− + =  =     (1.2) 
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Figure 1.1 - Example of a steady-state CSTR design model: (a) Nonlinear traditional 

approach, (b) IDEAS linear process operator approach 

 

As a result, IDEAS introduces several standalone units with different characteristics, 

covering the domain of the respective linearized variable as shown in Fig.1.1(b). The set of 

standalone units in the IDEAS framework is called process operator (OP). From the process 

synthesis point of view, considering that the OP set has an infinite number of standalone linear 

units and each unit can be individually activated by a distribution system, then any possible 

configuration taken by the standalone nonlinear unit in a synthesis procedure is contained in the 

IDEAS-OP. Despite the fact that IDEAS contemplates any design configuration obtained from a 

nonlinear unit, it is easy to verify that the infinite OP maintains its linearity feature for any 

chemical process. 

In the IDEAS framework, all units in the OP can be used to reach the desired process 

objective. A flow operator structure, the IDEAS distribution network DN, is employed to 

connect all inlet-outlet possibilities (i.e., process inlets to process units, process inlets to process 

outlets, process units to process units and process units to process outlets). Considering that the 

DN operations (mixing, splitting, recycling, and bypass) are linear in the flow variables, the 
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IDEAS DN-OP representation is linear for any chemical process. The structure of IDEAS 

guarantees that all possible process flowsheets are taken into account in the network synthesis 

problem for an a priori given set of phenomena. 

Due to IDEAS’ innovative proposition for the process operations, which domain and 

range are considered to lie in an infinite (rather than finite) dimensional space, infinite 

dimensional linear programs (ILP) can be formulated for the synthesis of optimal process 

networks. In fact, since it is not possible to solve an ILP, its solution is approximated arbitrarily 

close by finite dimensional linear programs (LP) of ever-increasing size. The sequence formed 

by the LP optimal solutions converges to the global optimal solution of the ILP. 

Even though the application of the IDEAS framework can lead to large LPs, in practice, 

IDEAS can generate very impressive results with relatively small LPs. Additionally, IDEAS 

features increase the possibility of finding a breakthrough in process synthesis. In this paper, the 

IDEAS framework is applied as a systematic design tool for reactive separation process 

intensification seeking minimum reactive holdup and minimum total capacity.  

 

1.3. Mathematical formulation 

1.3.1. Reactive flash separator model 

The focus of this work is the synthesis of networks of reactive flash separators. In the 

work developed by Burri and Manousiouthakis 16, reactive flash separators were employed for 

the systematic synthesis of reactive distillation networks. Other models have also been proposed 

to design and optimize reactive distillation systems. Procedures based on geometrical 

approaches, such as the residue curve maps and the fixed point method have been heavily 
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utilized to attack the problem 34–43. In addition to the graphical approach, optimization-based 

methods using mixed-integer nonlinear programming (MINPL) formulations 44–51 or infinite 

linear programming (ILP) formulations 16 have also contributed to the advancement of the 

reactive distillation process synthesis. 

Focused on process intensification concepts, in this work we present a series of 

improvements in the general approach presented by Burri and Manousiouthakis 16 for the 

systematic synthesis of reactive distillation networks. In this improved model, an isothermal, 

isobaric, reactive flash separator is considered, as shown in Fig.1.2. The reactive flash 

separator’s vapor and liquid exit streams are considered to be in phase equilibrium with one 

another, and reactions may occur in the liquid phase, depending on the reactive volume H  (the 

reactive holdup) of the flash separator. In addition, a capacity variable C , associated with the total 

liquid holdup, is also considered.  

 

Figure 1.2 - Representation of the reactive flash separator 

 

This approach gives to the reactive flash the ability to account for several phenomena that 

can act together or in isolation, depending on the needs of the synthesis process. A fully 

operational reactive flash will simultaneously act as both a reactor and VLE separator. Moreover, 
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if the reactive holdup is zero, the process acts only as a VLE flash separator; and if no separation 

takes place, the process assumes the behavior of an isolated CSTR reactor, with only one liquid 

flow as output. The component balance formulation for the reactive flash separator model is 

shown in Eq.(1.3): 

  ( )1
, , 0 ; 1,...,

n
P L L L V V

k k j k k
j

f R x T P H x F y F k n
=

+ − − =  =   (1.3) 

 

The general formulation for the phase equilibrium condition of each thk -component in 

the mixture uses the Gamma-Phi model to relate the liquid molar fraction 
L

kx  with the 

correspondent vapor molar fraction 
V

ky  inside the reactive flash separator, as shown in Eq.(1.4): 

  ( )  ( ) ( )
1 1
, , , 1,...,

n n
V V L L sat

k k l k k l k
l l

y y T P P x x T P T k n 
= =

=  =   (1.4) 

 

The thk -component’s generation rate 
kR  in the reactive flash is usually given by a kinetic 

rate expression in the form of Eq.(1.5), although other rate forms are also possible. 

 ( ) ( )
( )

( )
1

, ,
pr

k f r r r p p p

reactants productseq

R k T a x a x
K T


 

 
= −  

 
    (1.5) 

 

The species i  activity in a multicomponent mixture is related to the activity coefficient in 

the liquid phase and the liquid molar fraction for the respective component as shown in Eq.(1.6). 

  ( )1
,

n
L

i i l il
a x T x

=
=   (1.6) 
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In order to solve the vapor-liquid equilibrium model shown in Eq. (1.4), a variety of 

thermodynamic models can be utilized to describe the behavior of the fugacity coefficient 

function  ( )1
, ,

n
V

k l
l

y T P
=

, the activity coefficient function  ( )1
,

n
L

k l
l

x T
=

 and the saturated 

pressure ( )sat

kP T  for the thk -component in the mixture. Since vapor-liquid equilibrium is 

assumed in the reactive flash and considering ideal gas behavior, for each specified composition 

in the liquid output the specified thermodynamic models can be iteratively calculated for 

different temperatures until the vapor fractions sum up to unity. This procedure was successfully 

applied by Burri and Manousiouthakis 16 and by Ghougassian and Manousiouthakis 28, in which 

the Wilson and the Antoine equation were used to express the components’ non-ideal liquid 

activity coefficients and partial pressures respectively. Since the selection of these models 

depends on the information available, which can vary from each case, the models used will be 

presented in the application example. 

In the IDEAS ILP formulation, an infinite number of the aforementioned reactive flash 

separators are presented in the process operator (OP). The ILP formulation is presented in the 

next section. 

1.3.2. IDEAS ILP for the reactive distillation synthesis problem 

In order to consider all possible flowsheets for the reactive flash separator network, the 

process operator OP is interfaced with a distribution network (DN) where all stream splitting, 

mixing and pressure adjustment occurs. Fig. 1.3 shows the resulting IDEAS framework for the 

reactive flash separator synthesis problem.  
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Figure 1.3 - IDEAS representation for a reactive flash separator network. 

 

Each of the cross-flow streams in the DN is characterized by a flow rate variable, which 

has fixed origin molar fraction conditions. The flow variables are identified by a superscript that 

indicates their destination and source respectively: the DN inlet is identified as I , the DN outlet 

as O , the OP inlet as P , the liquid and vapor outputs from the OP as L  and V  respectively. The 

flow variables also feature indices designating the destination-source pair structure. The reactive 

holdups and the capacity are both variables associated with the elements of the OP.   

Several infinite LP formulations can be derived using the IDEAS framework. In order to 

simplify the application on the case study, a general ILP formulation is developed can be 

modified for any specific case. A generic linear objective function is proposed at this point as 
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 Tc F   (1.7) 

 

where the vector F includes all flows of the DN, the inlet flows, the reactive holdups for the 

reactive flashes and their respective capacity. The above objective function can be used to realize 

a wide array of objectives, through appropriate selection of the elements of the cost vector Tc .  

The development of the constraints for the ILP general formulation uses mass and 

component balances on the DN, and the proposed reactive flash separator model for the OP. For 

each inlet flow ( )IF j  associated with one of the M inlets of the DN, a splitting balance is 

written as shown in Eq.(1.8). 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

I OI PI

i i

F j F i j F i j j M


= =

− − =  =    (1.8) 

 

For each outlet flow ( )OF i  leaving the DN from one of its N  outlets, a mixing balance as shown 

in Eq.(1.9) is considered. 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

O OI OL OV

j j j

F i F i j F i j F i j i N
 

= = =

− − − =  =     (1.9) 

 

The component flow ( )P

kf i  that feeds the thi  reactive flash separator can be considered as the 

sum of component flows feeding that specific mixing point of the DN (component balance). 

 
( ) ( ) ( ) ( ) ( ) ( ) ( )

1 1 1

, , , 0

1,..., ; 1,...,

M
P I PI L PL V PV

k k k k

j j j

f i z j F i j x j F i j y j F i j

i k n

 

= = =

− − − =

 =   =

  
  (1.10) 

 

Thus, the total mass flow in this mixing node is represented by Eq.(1.11) below. 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

P PI PL PV

j j j

F i F i j F i j F i j i
 

= = =

− − − =  =      (1.11) 
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For each ( )LF j  liquid and ( )VF j  vapor input flow entering the DN’s after being processed in 

the OP, a splitting balance is written as: 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

L OL PL

i i

F j F i j F i j j


= =

− − =  =     (1.12) 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

V OV PV

i i

F j F i j F i j j


= =

− − =  =     (1.13) 

 

The final products from the reactive distillation process can be found in the DN outlets. Lower 

and upper bounds constraints are introduced on each of the N  flow variables ( )OF i  as design 

parameters. The total balance for each flow exiting the DN is shown in Eq.(1.14). 

 ( )( ) ( ) ( ) ( ) ( )( )
1 1 1

, , , ; 1,...,
M

l u
O OI OL OV O

j j j

F i F i j F i j F i j F i i N
 

= = =

 + +   =     (1.14) 

 

Equations (1.14) can also be expressed by two independent as shown below: 

 ( ) ( ) ( ) ( )( )
1 1 1

, , , 0 ; 1,...,
M

l
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
     (1.15) 

 

 ( ) ( ) ( ) ( )( )
1 1 1

, , , 0 ; 1,...,
M

u
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
     (1.16) 

 

The component balance at the DN’s outputs, including upper and lower bounds for the 

product’s molar fractions are represented by Eq.(1.17). 
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 ( )( ) ( )

( ) ( )

( ) ( )

( ) ( )

( )( ) ( )

1

1

1

,

1,...,
, ;

1,...,

,

M
I OI

k

j

l u
O O L OL O O

k k k

j

V OV

k

j

z j F i j

i N
z i F i x j F i j z i F i

k n

y j F i j

=



=



=

 
 
 
   = 

 +  
 = 

 
+ 

  







  (1.17) 

 

Finally, the balances for the reactive flash separators in the OP are expressed as shown in 

Eq.(1.18). 

 ( ) ( ) ( ) ( ) ( ) ( ) ( )
1,...,

0 ;
1,...,

P L L V V

k k k k

i
f i R i H i x i F i y i F i

k n

 = 
+ − − =

 =
  (1.18) 

 

A minimum residence time  is proposed for the feasible reactive flash separators in the 

network. The capacity of each reactive flash in the OP is determined by either the reactive 

holdup, Eq.(1.19), or the residence time times the reactive flash inlet flow, Eq.(1.20), whichever 

is greater. 

 ( ) ( ) ; 1,...,C i H i i  =    (1.19) 

 ( ) ( ) ; 1,...,PC i F i i  =    (1.20) 

 

By substituting Eq.(1.11) in Eq.(1.20), the capacity is then calculated as follows: 

 ( ) ( ) ( ) ( )
1 1 1

, , , ; 1,...,
M

PI PL PV

j j j

C i F i j F i j F i j i
 

= = =

 
 + +  =  

 
     (1.21) 

 

The number of variables can be reduced by substituting Eq.(1.8) to Eq.(1.10) in Eq.(1.18)

: 
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( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1 1

1 1 1

1 1

, ,

1,...,
, , , ;

1,...,

, , 0

N
L OL PL

k k

j j

N M
V OV PV I PI

k k

j j j

L PL V PV

k k

j j

R i H i x i F j i F j i

i
y i F j i F j i z j F i j

k n

x j F i j y j F i j



= =



= = =

 

= =

 
− + 

 

   = 
− + + 

 = 

+ + =

 

  

 

  (1.22) 

 

From Eq.(1.22), self-recycling flows are naturally eliminated from the system. This fact 

can lead to further simplifications as shown in Eq.(1.23): 

 

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1

1 1

1

1

,

, ,

1,...,
;

1,...,, ,

, , 0

M
I PI

k k

j

N N
L OL V OV

k k

j j

L PL L PL

k k

j
j i

V PV V PV

k k

j
j i

R i H i z j F i j

x i F j i y i F j i

i

k nx j F i j x i F j i

y j F i j y i F j i

=

= =



=




=


+

− −

 = 

 = + − 

 + − = 



 





  (1.23) 

 

Some variables in the component outlet bounds equations can be eliminated substituting 

Eq. (1.9) in Eq.(1.17): 

( )( )

( )

( )

( )

( ) ( )

( ) ( )

( ) ( )

( )( )

( )

( )

( )

1 1 1

1 1 1

1 1 1

, , ,

1,...,
, , , ;

, , ,

M M M
OI I OI OI

k

j j j

l u
O OL L OL O OL

k k k

j j j

OV V OV OV

k

j j j

F i j z j F i j F i j

i N
z i F i j x j F i j z i F i j

F i j y j F i j F i j

= = =

  

= = =

  

= = =

     
     
     
       =
+  +  +     
     
     
     + + +
          

  

  

  

1,...,k n =
 (1.24) 

 

Moreover, Eq.(1.24) can then be split into two inequalities: 
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( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1

1

1

,

1,...,
, ;

1,...,

, 0

M
l

O I OI

k k

j

l
O L OL

k k

j

l
O V OV

k k

j

z i z j F i j

i N
z i x j F i j

k n

z i y j F i j

=



=



=

 −
  

 = + −
   = 

 + − 
  







  (1.25) 

 

 

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1

1

1

,

1,...,
, ;

1,...,

, 0

M
u

O I OI

k k

j

u
O L OL

k k

j

u
O V OV

k k

j

z i z j F i j

i N
z i x j F i j

k n

z i y j F i j

=



=



=

 −
  

 = + −
   = 

 + − 
  







  (1.26) 

 

In order to make it easier to calculate and restrict the total size of the network, a total 

capacity constraint with upper bound ubC  was modeled. This constraint is used in the 

intensification procedure to enable the search for the smallest feasible network size for the 

specified problem and are presented in Eq.(1.27). 

 ( )
1

ub

i

C i C


=

   (1.27) 

The final general ILP formulation for the reactive distillation network synthesis has a 

general objective function as showed in Eq. (1.7) subject to the constraints represented by Eqs. 

(1.8), (1.15), (1.16), (1.19), (1.21), (1.23), (1.25), (1.26) and (1.27), summarized below: 

 

inf Tc F  

. .s t   

( ) ( ) ( )
1 1

, , 0 1,...,
N

I OI PI

i i

F j F i j F i j j M


= =

− − =  = 
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( ) ( ) ( ) ( )( )
1 1 1

, , , 0 1,...,
M

l
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
  

  

( ) ( ) ( ) ( )( )
1 1 1

, , , 0 1,...,
M

u
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
  

  

( ) ( ) 1,...,C i H i i  = 

 

( ) ( ) ( ) ( )
1 1 1

, , , 1,...,
M

PI PL PV

j j j

C i F i j F i j F i j i
 

= = =

 
 + +  =  

 
  

 

( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( ) ( ) ( ) ( )

1 1 1

1 1

, , ,

1,...,

1,...,, , , , 0

M N N
I PI L OL V OV

k k k k

j j j

L PL L PL V PV V PV

k k k k

j j
j i j i

R i H i z j F i j x i F j i y i F j i

i

k nx j F i j x i F j i y j F i j y i F j i

= = =

 

= =
 

+ − − +

 = 

 =   + − + − =   

  

 

( )( ) ( )( ) ( ) ( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1 1

1

, ,
1,...,

1,...,
, 0

M
l l

O I OI O L OL

k k k k

j j

l
O V OV

k k

j

z i z j F i j z i x j F i j
i N

k n
z i y j F i j



= =



=

   − + − +
        =

 = + − 
  

 



( )( ) ( )( ) ( ) ( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1 1

1

, ,
1,...,

1,...,
, 0

M
u u

O I OI O L OL

k k k k

j j

u
O V OV

k k

j

z i z j F i j z i x j F i j
i N

k n
z i y j F i j



= =



=

   − + −
        =

 = + − 
  

 



 

( )
1

ub

i

C i C


=

   

0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0I O OI PI OL OV PL PVF F F F F F F F H C           

 

1.3.3. ILP infimum approximation by finite LPs 

An infinite dimensional linear program cannot be explicitly solved. However, its solution 

can be approximated by a series of finite linear programs of increasing size, whose sequence of 

optimum values converges to the infinite dimensional problem’s infimum. In particular, instead 
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of an infinite number, consider a finite set containing G  of reactive flash separators in the OP. 

Consequently, the aforementioned IDEAS infinite LP formulation becomes a finite LP, which is 

a convex problem and can be solved by any LP solver. 

Considering that the finite LP can now be solved   times using an ever-increasing 

number G  of reactive flash separators, i.e. ( ) ( ) ( )1 2 ...G G G    , the resulting finite linear 

programs form a non-increasing sequence of optimal values ( ) ( ) ( )1 2 ...      , which 

converges to the infimum of the ILP when  → . This evolution of the optimal solution is 

shown in the case study. 

 

1.4. Case study: Olefin metathesis 

1.4.1. Thermodynamic data and problem specifications 

In this section, the proposed IDEAS framework formulation is applied in the design of an 

intensified reactive distillation network for the metathesis of 2-pentene to form 2-butene and 3-

hexene as shown in Eq.(1.28). 

 
5 10 4 8 6 122C H C H C H+   (1.28) 

 

Metathesis reactions are important for rebalancing the light olefins in both catalytic and 

steam cracking. The interest in applying reactive distillation systems on the metathesis of 2-

pentene is reflected in the recent literature 37,39,46,49,51–54. 

Considering 2-pentene as the reference component, the temperature dependent rate 

expression is given by Eq.(1.29) 39: 

 4 8 6 12

5 10

2 C H C H

f C H

eq

a a
R k a

K

 
= −  

 

  (1.29) 
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The reaction equilibrium constant 
eqK  and the kinetic rate constant 

fk  ( )1h−
 are shown 

in Eq.(1.30) and Eq.(1.31) respectively. 

 0.25eqK =   (1.30) 

 
( )( )3321.251.0661 10

T K

fk e
−

=    (1.31) 

 

This system is a candidate for reactive distillation because butane is the low boiling 

component, whose removal from the liquid reacting mixture as vapor favors conversion since it 

is readily separated away from the reactive zone. This reaction occurs at atmospheric pressure 

and has negligible heat of reaction. Moreover, since this system shows ideal vapor-liquid 

equilibrium, both the fugacity  ( )1
, ,

n
V

k l
l

y T P
=

 and the activity  ( )1
,

n
L

k l
l

x T
=

 coefficient 

functions showed in Eq.(1.4) are equal the unity and Raoult’s law is assumed. In addition, the 

species activities in Eq.(1.29) take the values of the respective molar fractions. The saturated 

pressure of the mixture is calculated by using Antoine’s equation, the coefficients of which can 

be found in Table 1.1 for T  in K and P  in Pa. Thus, for a fixed operational pressure P   and for 

the specified liquid outlet composition of each i  reactive flash separator, the respective bubble 

point temperature, reaction rate, and vapor outlet composition is iteratively changing ( )T i  in 

Eq.(1.32) until the condition specified in Eq.(1.35) is reached.   

 ( )
( )( )

2,

1, 5 10 8 8 6 12

3,

ln ; , ,
ksat

k k

k

A
P i A k C H C H C H

T i A
= +  =

+
  (1.32) 

 ( )
( ) ( )( )

5 10 8 8 6 12; , ,

L sat

k kV

k

x i P T i
y i k C H C H C H

P
=  =   (1.33) 

 ( ) ( )( ) ( )( )
( ) ( )

4 8 6 12

5 10

23321.251.0661 10
0.25

T i C H C H

C H

x i x i
R i e x i

−  
=  − 

 

  (1.34) 

 ( ) ( ) ( )
5 10 4 8 6 12

1 0V V V

C H C H C Hy i y i y i+ + − =   (1.35) 
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Table 1.1. Antoine coefficients for 2-butene, 2-pentene, 3-hexene37. 

 
4 8k C H=  

5 10k C H=  
6 12k C H=  

1,kA  20.6909 20.723 20.7312 

2,kA  −2202.188 −2462.02 −2680.52 

3,kA  −36.578 −42.391 −48.401 

 

In order to perform the reactive distillation process, the distribution network of IDEAS is set to 

have one inlet stream, containing pure pentene, and two outlet streams according to the 

specifications for the final products as shown in Table 1.2.   

 

Table 1.2. Specifications for the 2-pentene metathesis problem example. 

    

Feed Flow 100 

Outlet Flow 1 (Distillate) (kmol/h) 50 

Outlet Flow 2 (Bottom) (kmol/h) 50 

Residence Time (s) 60 

Operating pressure (bar) 1 

  

Inlet molar fractions  

C4H8 0.0000 

C5H10 1.0000 

C6H12 0.0000 

  

Purity target (lower - upper bounds)  
Outlet Flow 1  

C4H8 0.9800 - 1.0000 

C5H10 0.0000 - 0.2000 

C6H12 0.0000 - 0.2000 

  

Outlet Flow 2  
C4H8 0.0000 - 0.2000 

C5H10 0.0000 - 0.2000 

C6H12 0.9800 - 1.0000 
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1.4.2. Objective function 

This work focuses on reactive separation systems, quantifying rigorous tradeoffs between 

the network’s total reactive holdup and its total capacity. In doing so it can assess what is the 

potential for process intensification compared to designs proposed in the literature. The tradeoff 

is quantified rigorously by repeatedly minimizing the reactive holdup (objective function) while 

constraining the system’s total capacity to be lower than an ever decreasing sequence of upper 

bounds ubC , Eq.(1.27). The total reactive holdup is a surrogate for capital costs associated with 

reactors, in particular the amount of catalyst used to carry out the reaction 55,56. The system’s 

total capacity is a surrogate for capital costs associated with vessels (e.g. flashes), and is also a 

surrogate for operating costs, as it is proportional to the network’s total flowrate, which in turn is 

a surrogate for the reactive separation system’s energy consumption, as higher energy 

consumption results in higher material flows within the network  55,56. 

The resulting IDEAS’ finite LP formulation is shown in Eq.(1.36). 

 

( )
1

min

s.t. 

Eqs. (8), (15), (16), (19), (21), (23), (25), (26)and (27)

All variables 0

G

i

H i
=





  (1.36) 

 

The LP problem in Eq.(1.36) is solved several times with an ever smaller value for the 

capacity upper bound until it reaches the feasibility limit, which allows the identification of the 

minimum capacity needed to deliver the desired purity specifications for the reactive distillation 

network. 
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1.4.3.  Discretization strategy and IDEAS convergence 

To generate the set of reactive flash separators, establishing the IDEAS OP for the finite 

LP problem, the ternary mixture’s liquid composition (molar fraction) domain is discretized.  

The impact of a non-uniform discretization in the generation of the IDEAS OP is 

investigated in this work. For a three-component system, such as the metathesis of 2-pentene, the 

liquid molar fraction domain can be represented by a traditional triangular diagram, where each 

vertex represents a pure substance and the sum of the species molar fractions is equal to unity, 

for any point inside the triangle. The ternary mixture’s liquid molar fraction domain was divided 

into three regions as shown in Fig.1.4. Different discretization steps are allowed in each of the 

proposed regions, which edges specified by the molar fractions   and  . 

 

Figure 1.4 - Discretization of ternary mixture's liquid molar fraction domain. 
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This procedure allows the generation of more reactive flash separators in regions where 

the separation is more difficult, such as close to the high purity points, controlling the growth of 

the cardinality G of the universe of considered reactive flash separators. The minimization of the 

total reactive holdup H  was performed for a variety of discretization steps, as shown in                

Table 1.3. Results were obtained for 0.875 =  and 0.75 = as the region edges, and minimum 

purity of 87.5% for both butane and hexene to facilitate convergence. 

 

Table 1.3. Optimal total reactive holdup (87.5% purity) per discretized set in regions I, II and III. 

Discretized step size Optimum total 

reactive holdup Region I Region II Region III 

1/8 1/8 1/8 Infeasible 

1/16 1/8 1/8 Infeasible 

1/32 1/8 1/8 Infeasible 

1/64 1/8 1/8 596.74 

1/128 1/8 1/8 378.66 

1/16 1/16 1/8 416.99 

1/32 1/16 1/8 394.15 

1/64 1/16 1/8 381.46 

1/128 1/16 1/8 376.79 

1/16 1/16 1/16 65.44 

1/32 1/16 1/16 61.6 

1/64 1/16 1/16 42.24 

1/128 1/16 1/16 39.64 

1/32 1/32 1/16 48.31 

1/64 1/32 1/16 42.24 

1/128 1/32 1/16 39.64 

1/32 1/32 1/32 48.31 

1/64 1/32 1/32 42.24 

1/128 1/32 1/32 39.64 

1/64 1/64 1/16 42.24 

1/128 1/64 1/16 39.64 

1/64 1/64 1/32 42.24 

1/128 1/64 1/32 39.64 
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This assessment reveals that, for this minimization problem, the optimal value depends 

strongly on the discretization of region I, which is related to the set of reactive flash separators 

used to obtain each of the components in the mixture at high purity. Beyond some discretization 

level, the size of the discretized steps in regions II and III did not change the optimal value of the 

total reactive holdup.  

As indicated in section 2.3, the infimum of the IDEAS ILP is approximated through a 

convergent series composed by the solutions of the finite LP for an ever smaller discretized step 

size, i.e., an ever increasing number of reactive separator flash units G . For the conditions 

specified in this assessment, a convergence plot of IDEAS framework for the discretized set in 

Table 1.4 is shown in Fig.1.5. 

 

Table 1.4. Discretized set in regions I, II and III utilized in the IDEAS convergence plot. 

 Region I Region II Region III Number of reactive 

separator flashes in G 

Set 1 1/16 1/16 1/8 60 

Set 2 1/16 1/16 1/16 154 

Set 3 1/32 1/32 1/32 561 

Set 4 1/64 1/64 1/32 627 

Set 5 1/128 1/64 1/32 903 
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Figure 1.5 - IDEAS convergence for the metathesis of 2-Pentene with 87.5% purity, for 

minimum total reactive holdup 

 

1.4.4. IDEAS process intensification results 

The performance limits of the reactive distillation network are investigated by solving the 

optimization problem described in Eq.(1.36). Based on the previous section, a discretization level 

of 1/256, 1/128 and 1/32, for regions I, II and III respectively, is used to establish the IDEAS OP. 

Specifying 0.96875 =  and 0.0875 =  as the region’s edges, the 969 reactive flash separators 

are contained in the OP.  
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A reactor followed by an optimized separation system is used as a baseline to compare 

the results. The reactor outputs close to the equilibrium conversion, which is equal to 50% 

conversion of pentene for this reaction. The separation system is an IDEAS based network of 

flash separators (nonreactive). This baseline design is shown in Fig.1.6.  

 

Figure 1.6 – A reactor followed by separation system used as baseline design for the 

metathesis of 2-pentene 

 

The IDEAS results for different bounds in the total capacity, as well as the baseline 

value, are plotted in Fig.1.7. The intensified reactive distillation network works with 5.5% of the 

baseline total reactive holdup for the same capacity value. The IDEAS based solution can also 

deliver a network with 15.7% of the baseline capacity for the same production rate and purity. 
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Figure 1.7 - Reactive holdup comparison between baseline and IDEAS designs as a 

function of total capacity 

 

The IDEAS reactive distillation network results can also be compared with some of the 

reactive distillation solutions proposed in the literature. Nevertheless, values must be converted 

from the format originally presented to the total reactive holdup-total capacity space used in this 

work. Hoffmaster and Hauan 49 presented two optimized reactive distillation columns, using 

single and multi-feed respectively. They presented both columns in a 20-stage design, detailed 

enough to convert the reactive holdup to kmol and to calculate the equivalent total capacity of 

the column. The Damköhler number was used to represent the dimensionless amount of reactive 
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holdup. Hoffmaster and Hauan 49 correlate the total amount of reactive liquid holdup
TH  and the 

total Damköhler number DaT
 according to the following equation: 

 ,
Da

f ref

T T

k
H

F
=   (1.37) 

 

The normal boiling point of 2-Pentene (310.08 K) is reported in the literature 37,39,49 as the 

reference temperature used in the calculation of the reference rate constant ,f refk  for the 

metathesis case. Following the specifications of the study case, the system’s total flowrate F is 

considered to be 100 kmol/h. The procedure and respective values used in the calculation of the 

equivalent reactive holdups and equivalent capacities for the referenced literature are detailed in 

the Appendix.  

The residence time of 60 seconds (same as used in the IDEAS solution) was used to 

calculate the equivalent capacity of the non-reactive stages. Okasinski and Doherty’s 37 design is 

also presented in Hoffmaster and Hauan’s the paper for comparison. Since the pieces of 

information required to calculate the solution’s capacity are not available, for the sake of 

comparison Okasinski and Doherty’s design is considered to have the equal reactive holdup and 

capacity, which is the lowest possible value for the capacity variable. Finally, a design proposed 

by Jackson and Grossmann 46, developed for minimum annualized cost, is also considered for 

comparison. This design has a slightly different purity target (95%) and inlet flow (120 kmol/h). 

Considering the conditions mentioned in this paragraph, the comparison is presented in Fig.1.8. 
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Figure 1.8 - IDEAS based performance limit for 2-Pentane metathesis (P = 1 bar) and 

comparison with other solutions in the literature 

 

Based on the identified performance limits, one can quantitatively assess the available 

design options with respect to this limit. For example, the reactor-followed-by-separation-

system, used as a baseline design, has a reactive holdup of 919.53 kmol, while the IDEAS based 

value for the same capacity is 47.48 kmol. Similarly, while the baseline utilizes 1,100.71 kmol as 

total capacity, the best IDEAS based value total capacity is 163.63 kmol. Thus, based on this 

baseline design, it is easy to verify that all proposed design solutions can be considered 

intensified. Moreover, optimized design solutions are evolving towards the IDEAS performance 

limits for this technology. Nevertheless, the results obtained from the application of the IDEAS 
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framework shows improvement opportunities in both total reactive holdup (amount of catalyst 

used) and total capacity (equipment size) directions. 

 

1.5. Conclusions 

The Infinite DimEnsionAl State-Space (IDEAS) framework is proposed as a process 

intensification tool in order to identify the performance limits of reactive separation processes. A 

model for the study of reactive distillation is developed using the IDEAS approach. The 

procedure leads to a linear programming problem formulation, in which the optimal solution is 

guaranteed to be global over all possible network configurations. The model was applied to 

investigate the use of reactive distillation for olefin metathesis. The case study features the 

metathesis of 2-pentene to form 2-butene and 3-hexene, an important chemical process for the oil 

industry. Total reactive holdup and total capacity, surrogates for the amount of catalyst used and 

capital cost respectively, were selected as the system’s variables of interest for process 

intensification. Using a traditional reactor-followed-by-separation-system scheme as a baseline, 

an intensified IDEAS based reactive distillation network can reduce the total reactive holdup and 

total capacity by 94.5% and 84.3% respectively. Results available in the literature were 

converted to the total holdup-total capacity space to the extent possible and compared with the 

IDEAS results. The comparison shows the existence of improvement potential, indicating that 

process intensification opportunities can be further explored in this reactive distillation system.   
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1.6. Notation 

Thermodynamic Variables: 

P    Reactive flash separator pressure ( )Pa   

 T    Reactive flash separator temperature ( )K   

( )V

ky i    thk Species equilibrium vapor composition leaving the thi unit ( )dim  

( )L

kx i    thk Species equilibrium liquid composition leaving the thi unit ( )dim  

( )sat

kP T   thk Species temperature dependent saturated vapor pressure ( )Pa  

 ( )1
, ,

n
V

k l
l

y T P
=

 thk Species non-ideal fugacity coefficient 

 ( )1
,

n
L

k l
l

x T
=

 thk Species non-ideal liquid activity coefficient 

ka    Activity of the thk species ( )dim  

,j kA    Antoine equation thj  parameter of the thk species ( )dim   

eqK    Reaction equilibrium constant ( )dim   

fk    Forward reaction rate constant ( )1/h   
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IDEAS Variables: 

( )IF i    thi DN inlet stream

 

( )OF i    thi DN outlet stream 

( )LF i    thi  OP liquid outlet 

( )VF i    thi  OP vapor outlet 

( ),OIF i j   thj DN inlet stream to thi DN outlet 

( ),PIF i j   thi  OP inlet stream from thj DN network inlet 

( ),OLF i j   thi  DN outlet stream from thj OP liquid outlet 

( ),OVF i j   thi  DN outlet stream from thj OP vapor outlet 

( ),PLF i j   thi  OP inlet stream from thj OP liquid outlet 

( ),PVF i j   thi  OP inlet stream from thj OP vapor outlet 

( )H i    Reactive holdup of the thi  reactive flash separator unit in the OP 

( )C i    Capacity of the thi  reactive flash separator unit in the OP 

( )I

kz i    thk species, thi DN inlet stream composition 

( )O

kz i    thk species, thi DN outlet stream composition 
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( )( )
l

O

kz i   thk species, thi DN outlet stream composition vector, lower bound 

( )( )
u

O

kz i   thk species, thi DN outlet stream composition vector, upper bound 

( )L

kx i    thk species, thi OP liquid outlet composition 

( )V

ky i    thk species, thi OP vapor outlet composition 

G   Total number of reactive flashes in the OP  

M   Number of IDEAS network inlets 

N   Number of IDEAS network outlets 

 

 

 

 

1.7. Appendix 

The detailed procedure and respective values used in the calculation of the equivalent 

reactive holdups and equivalent capacities for the referenced literature, represented in Fig.1.8, 

are presented in this appendix. From Hoffmaster and Hauan (2006), the total amount of reactive 

liquid holdup
TH  and the total Damköhler number DaT

 are correlated by:  

 
,

Da
f ref

T T

k
H

F
=   (1.38) 
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Since the kinetic model for the problem is already defined, if the temperature in which 

the reference rate constant ,f refk  was calculated is known, it is possible to determine the total 

reactive holdup from the value of the total Damköhler number, for a given feed F . 

According to Hoffmaster and Hauan, their results for the metathesis of 2-pentane were 

obtained using the same conditions as the design presented by Okasinski and Doherty (1998). 

Chen et al. (2000) also used the same specifications as Okasinski and Doherty (1998), explicitly 

declaring that the reference temperature used to calculate ,f refk  is the normal boiling point of 2-

Pentene (310.08 K). 

The feed F  used in this work’s case study is equal to 100 kmol/h, as shown in Table 1.2. 

Considering this information, the total reactive holdup is determined from the DaT
 presented in 

each of the reactive distillation systems presented in Fig.1.8.  

The value of the reactive holdup in each stage is calculated by using the total reactive 

holdup and the reaction distribution per stage, as shown in the referenced papers. The capacity 

for the specified residence time in each stage is also calculated, assuming constant molar 

overflow and considering the data presented in each of the cited references. For the reactive 

stages, the final value of the stage’s capacity is either the capacity for the specified residence 

time or the reactive holdup for the stage, whichever is greater. This procedure is the same as 

adopted by the IDEAS methodology in the manuscript. 

The values used in the reactive holdup and capacity calculations, in each of the 

referenced systems, are presented in Table 1.5. The distribution per stage of the reactive holdup 

and the stage’s capacity based on the residence time are shown in Table 1.6 to Table 1.9. In all 

these tables the roman characters represent the following systems: 
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I. Hoffmaster and Hauan (2006) – Single Feed 

II. Hoffmaster and Hauan (2006) – Multiple Feed 

III. Okasinski and Doherty (1998) 

IV. Jackson and Grossmann (2001) 

 

 

Table 1.5. Values for the calculation of the referenced system’s reactive holdup and capacities 

  I II III IV* 

Reflux ratio (dim)         

r 2 2 4 0.516 

Flows (kmol/h)         

D 50 50 50 60* 

F 100 100 100 120* 

B 50 50 50 60* 

Number of stages (dim)         

n 20 20 13 29 

Feed stage (dim)         

Feed 1 11 (100%) 9 (75%) 7 (100%) 12 (28.6%) 

Feed 2 - 14 (25%)   13 (30.6%) 

Feed 3 -     17 (20.8%) 

Feed 4 -     19 (20.0%) 

Residence time (h)         

Tau 0.0166667 0.0166667 0.0166667 0.0166667 

          

Total Reactive Holdup calculation - Eq.(A.1)         

Holdup (Da) 4.49 4.02 6.65 - 

T_ref (C5) (K) 310.08 310.08 310.08 - 

kf_ref (1/h) 2.3777348 2.3777348 2.3777348 - 

Total Reactive Holdup (kmol) 188.84 169.07 279.68 216.66* 

* This design has a purity target and inlet flow values of 95% and 120 kmol/h, respectively. 
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Table 1.6. Calculated capacity (per stage and total) for reactive distillation system I 

Stage rxn/st H Tau*F Capacity 

1 0% 0.00 4.17 4.17 

2 0% 0.00 4.17 4.17 

3 0% 0.00 4.17 4.17 

4 0% 0.00 4.17 4.17 

5 1% 1.89 4.17 4.17 

6 2% 3.79 4.17 4.17 

12 10% 18.94 5.83 18.94 

13 10% 18.94 5.83 18.94 

14 9% 17.04 5.83 17.04 

15 6% 11.36 5.83 11.36 

16 1% 1.89 5.83 5.83 

17 0% 0.00 5.83 5.83 

18 0% 0.00 5.83 5.83 

19 0% 0.00 5.83 5.83 

20 0% 0.00 5.83 5.83 

     

   Total Capacity = 235.95 

 

Table 1.7. Calculated capacity (per stage and total) for reactive distillation system II 

Stage rxn/st H Tau*F Capacity 

1 0% 0.00 4.17 4.17 

2 0% 0.00 4.17 4.17 

3 0% 0.00 4.17 4.17 

4 0% 0.00 4.17 4.17 

5 0% 0.00 4.17 4.17 

6 1% 1.70 4.17 4.17 

12 16% 27.13 6.25 27.13 

13 15% 25.43 6.25 25.43 

14 10% 16.95 6.25 16.95 

15 4% 6.78 5.83 6.78 

16 0% 0.00 5.83 5.83 

17 0% 0.00 5.83 5.83 

18 0% 0.00 5.83 5.83 

19 0% 0.00 5.83 5.83 

20 0% 0.00 5.83 5.83 

     

   Total Capacity = 222.01 
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Table 1.8. Calculated capacity (per stage and total) for reactive distillation system III 

Stage rxn/st H Tau*F Capacity 

1 7.69% 21.57 7.50 21.57 

2 7.69% 21.57 7.50 21.57 

3 7.69% 21.57 7.50 21.57 

4 7.69% 21.57 7.50 21.57 

5 7.69% 21.57 7.50 21.57 

6 7.69% 21.57 7.50 21.57 

12 7.69% 21.57 9.17 21.57 

13 7.69% 21.57 9.17 21.57 

     

  Total Capacity = 280.45 

 

Table 1.9. Calculated capacity (per stage and total) for reactive distillation system IV 

Stage rxn/st H Tau*F Capacity 

Cond. 0% 0.00 2.03 2.03 

27 0% 0.00 2.03 2.03 

26 0% 0.00 2.03 2.03 

25 6.25% 10.32 2.03 10.32 

24 6.25% 10.32 2.03 10.32 

23 6.25% 10.32 2.03 10.32 

17 6.25% 10.32 2.85 10.32 

16 6.25% 10.32 2.85 10.32 

15 6.25% 10.32 2.85 10.32 

14 6.25% 10.32 2.85 10.32 

13 6.25% 10.32 3.46 10.32 

12 6.25% 10.32 4.03 10.32 

11 6.25% 10.32 4.03 10.32 

10 6.25% 10.32 4.03 10.32 

9 6.25% 10.32 4.03 10.32 

8 6.25% 10.32 4.03 10.32 

7 6.25% 10.32 4.03 10.32 

6 6.25% 10.32 4.03 10.32 

5 6.25% 10.32 4.03 10.32 

4 0% 0.00 4.03 4.03 

3 0% 0.00 4.03 4.03 

2 0% 0.00 4.03 4.03 

1 0% 0.00 4.03 4.03 

Reb. 0% 0.00 4.03 4.03 

     

   Total Capacity = 242.92 
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2. CHAPTER 2 

Energy Consumption Minimization of Intensified Reactive Separator Networks through 

the IDEAS Conceptual Framework 

 

2.1. Abstract 

The energy minimization problem of reactive separation network systems is performed in this 

work through the application of the IDEAS framework. For reactive distillation systems, energy 

consumption and utility cost are directly correlated, which may determine the viability of 

intensified designs. A rigorous quantification of the energy performance limit for reactive-

separative systems in relation to its size footprint can further advance process intensification 

studies in the pursuit of radical improvements. The application of the IDEAS framework allows 

the establishment of rigorous tradeoffs energy consumption (utility cost), total network reactive 

holdup, and total capacity. IDEAS generates an infinite linear program (ILP) that contains all 

possible reactive distillation flash units (a surrogate for distillation trays), and all possible mixing 

and splitting connections among them, resulting in a formulation that encompasses all possible 

process flowsheets for the reactive-separative process. The application of the IDEAS framework 

in the model formulation is first presented and then used in a case study involving the metathesis 

of 2-pentene through reactive distillation. A tradeoff curve showing the feasible region for 

different sizes of reactive distillation systems in relation to energy/utility consumption 

demonstrates larger energy requirements for smaller systems at the globally optimal feasible 

boundary. 
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2.2. Introduction 

Distillation is the most widely used method to separate and increase purity of chemicals. 

In 2014, over 40,000 distillation columns were in operation worldwide 1, consuming over 230 

gigawatts (GW)2, which is equivalent to the total energy consumption of the United Kingdom in 

the same year. Distillation systems have been a major focus in process intensification (PI) 

studies3,4. Process intensification encompasses any chemical engineering development that offers 

drastic improvements in chemical processing, substantially decreasing equipment volume, and 

energy consumption 5,3.  Major achievements in the design of intensified distillation systems 

came through the adoption of reactive distillation systems. One example is the Eastman 

Chemical Company’s methyl acetate reactive distillation unit, that replaced an entire plant with 

eight conventional distillation columns, and is reported to cost one-fifth of the capital investment 

of the conventional process and consume one-fifth of the energy 6. 

Process synthesis is the invention of chemical process designs exploiting chemical routes 

at the desired scale, safely, environmentally responsibly, efficiently, and economically in a 

manner superior to all other possible processes 7. Given the potential of reactive distillation 

systems in delivering chemical separation with reduced energy consumption and material/land 

footprint, RD designs have been pursued using process synthesis methods 8. However, 

developments in process intensification are mostly based on experimental work 9, and pilot plant 

facilities 4, while the use of systematic computational/mathematical approaches is still rare 10. 

In this context, a systematic approach for the synthesis of optimized process flowsheets 

can support the development of PI design options. Process synthesis tools, such as the Infinite 
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Dimensional Steady State (IDEAS) framework, can establish metrics to quantitatively evaluate 

current intensified processes by rigorously defining the process performance limits of a particular 

technology, or combination of technologies, without establishing any a priori design. IDEAS 

enables the detection of process intensification candidates and quantifies the potential for further 

improvements.  

The IDEAS conceptual framework has been successfully applied to either globally 

optimize or to identify the attainable region of numerous process synthesis problems.  Some 

examples of IDEAS application involve multicomponent mass exchange networks 11, ideal 

distillation networks 12,13, separator networks 14, power cycles 15, heat/power integrated 

distillation networks 16,17, reactive distillation networks 18,19, reactor network attainable region 

construction 20–29, azeotropic distillation networks 30, reactor networks 31–33, batch reactor 

networks 36, and process network attainable region 37. 

In the IDEAS framework, all units in the OP can be used to reach the desired process 

objective. A flow operator structure, the IDEAS distribution network DN, is employed to 

connect all inlet-outlet possibilities (i.e., process inlets to process units, process inlets to process 

outlets, process units to process units and process units to process outlets). Considering that the 

DN operations (mixing, splitting, recycling, and bypass) are linear in the flow variables, the 

IDEAS DN-OP representation is linear for any chemical process. The structure of IDEAS 

guarantees that all possible process flowsheets are taken into account in the network synthesis 

problem for an a priori given set of phenomena. 

Due to IDEAS’ innovative proposition for the process operations, whose domain and 

range is considered to lie in an infinite (rather than finite) dimensional space, infinite 

dimensional linear programs (ILP) can be formulated for the synthesis of optimal process 
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networks. In fact, since it is not possible to solve an ILP, its solution is approximated arbitrarily 

close by finite dimensional LP of ever increasing size. The sequence formed by the LP optimal 

solutions converges to the global optimal solution of the ILP. 

In this paper, the IDEAS framework is applied as a systematic tool to identify the 

minimum total energy required by reactive separation networks for different values of total 

capacity, a variable that directs correlate to intensified process designs.  

 

2.3. Mathematical formulation for the energy minimization problem 

2.3.1. Reactive flash separator model 

A variety of models have been proposed to design and optimize reactive distillation 

systems. Geometrical approaches, such as the residue curve maps and the fixed-point method, 

have been heavily utilized to attack the problem 6,38–46. Another approach is the application of 

optimization methods using mixed-integer nonlinear programming (MINPL) formulations 47–54 

or infinite linear programming (ILP) formulations 17,18,55. These have all contributed to the 

advancement of reactive distillation process synthesis. 

In this work, the reactive flash separator model presented by da Cruz and 

Manousiouthakis 55 is improved by the consideration of heat transferring from/to the reactive 

flash (Fig.2.1). In the synthesis process, this feature gives flexibility to the network to meet the 

energy requirements of each flash, which functions as a reactive distillation tray: the reactive 

flash separator’s vapor and liquid exit streams are considered to be in phase equilibrium with one 

another, and reactions may occur in the liquid phase, depending on the reactive volume H  (the 
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reactive holdup) of the flash separator. A capacity variable C  associated with the total liquid 

holdup is also considered.  

 

Figure 2.1 – Representation of the improved reactive flash separator 

 

In terms of mass and component balances, the reactive flash separator used in this work 

follows the formulation and assumptions presented in da Cruz and Manousiouthakis 55: the 

Gamma-Phi model to relate the liquid and vapor molar fractions, Eq.(2.1), a general kinetic rate 

expression, Eq.(2.2), where the thi  species activity in a multicomponent mixture is related to the 

activity coefficient in the liquid phase and the liquid molar fraction for the respective component 

as shown in Eq.(2.3). 

  ( )  ( ) ( )
1 1
, , , 1,...,

n n
V V L L sat

k k l k k l k
l l

y y T P P x x T P T k n 
= =

=  =   (2.1) 

 

 ( ) ( )
( )

( )
1

, ,
pr

k f r r r p p p

reactants productseq
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K T


 

 
= −  

 
    (2.2) 
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  ( )1
,

n
L

i i l il
a x T x

=
=   (2.3) 

 

An important feature of this reactive flash separator model is the ability to account for 

several different phenomena. In the case where the flash has reactive holdup, vapor, and liquid 

streams greater than zero, the unit is fully operational and will simultaneously act as both a 

reactor and VLE separator. On the other hand, if the reactive holdup is zero, the process acts only 

as a VLE flash separator; and if no separation takes place, the process assumes the behavior of an 

isolated CSTR reactor, with only one liquid flow as output.  

The improved reactive flash separator model was employed in the systematic synthesis of 

reactive distillation networks through IDEAS, aiming to find the global minimum energy 

consumption in the network. 

  

2.3.2. IDEAS formulation 

During the synthesis process, the IDEAS framework enables the consideration of all 

possible flowsheets for a reactive flash separator network. The IDEAS framework allows each 

operational unit in the process operator OP to interface with all other possible operating – 

network inlets, network outlets, and other operational units – by using mixing and splitting 

operations through the distribution network (DN). Figure 2.2 shows the resulting IDEAS 

framework for the reactive flash separator synthesis problem featuring a distributed energy 

system.  
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Figure 2.2 - IDEAS representation for a reactive flash separator network featuring a 

distributed energy system 

 

Each cross-flow streams in the DN are characterized by a flow rate variable, which has 

fixed molar fraction conditions at the origin. The flow variables are identified by a superscript 

that indicates their destination and source respectively: the DN inlet is identified as I , the DN 

outlet as O , the OP inlet as P , the liquid and vapor outputs from the OP as L  and V  respectively. 

The flow variables also feature indices designating their destination and source, respectively. The 

reactive holdups, capacities, and heat transferred from/to the reactive flash are variables 

associated with the elements of the OP. 
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The distribution network (DN) is considered adiabatic, therefore the development of the 

constraints for the IDEAS ILP general formulation uses only mass and component balances on 

the DN. On the other hand, for the process units in the OP, mass, component and energy 

balances are developed. Starting with the mass and component balances, for each inlet flow 

( )IF j  associated with one of the M inlets of the DN, a splitting balance is written as shown in 

Eq.(2.4). 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

I OI PI

i i

F j F i j F i j j M


= =

− − =  =    (2.4) 

 

For each outlet flow ( )OF i  leaving the DN from one of its N  outlets, a mixing balance as shown 

in Eq.(2.5) is considered. 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

O OI OL OV

j j j

F i F i j F i j F i j i N
 

= = =

− − − =  =     (2.5) 

 

The component flow ( )P

kf i  that feeds the thi  reactive flash separator can be considered as the 

sum of component flows feeding that specific mixing point of the DN (component balance). 

 
( ) ( ) ( ) ( ) ( ) ( ) ( )

1 1 1

, , , 0

1,..., ; 1,...,

M
P I PI L PL V PV

k k k k

j j j

f i z j F i j x j F i j y j F i j

i k n

 

= = =

− − − =

 =   =

  
  (2.6) 

 

Thus, the total mass flow in this mixing node is represented by Eq.(2.7) below. 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

P PI PL PV

j j j

F i F i j F i j F i j i
 

= = =

− − − =  =      (2.7) 

 

For each ( )LF j  liquid and ( )VF j  vapor input flow entering the DN’s after being processed in 

the OP, a splitting balance is written as: 
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 ( ) ( ) ( )
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 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N
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i i
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= =

− − =  =     (2.9) 

 

The final products from the reactive distillation process can be found in the DN outlets. Lower 

and upper bound constraints are introduced on each of the N  flow variables ( )OF i  as design 

parameters. The total balance for each flow exiting the DN is shown in Eq.(2.10). 

 ( )( ) ( ) ( ) ( ) ( )( )
1 1 1

, , , ; 1,...,
M

l u
O OI OL OV O

j j j

F i F i j F i j F i j F i i N
 

= = =

 + +   =     (2.10) 

 

Equations (2.10) can also be expressed by two independent inequalities as shown below: 

 ( ) ( ) ( ) ( )( )
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     (2.12) 

 

The component balances at the DN’s outputs, including upper and lower bounds for the 

product’s molar fractions are represented by Eq.(2.13). 

 ( )( ) ( )

( ) ( )

( ) ( )

( ) ( )

( )( ) ( )

1

1

1

,

1,...,
, ;
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  (2.13) 

 

Finally, the component balances for the reactive flash separators in the OP are expressed 

as shown in Eq.(2.14). 
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 ( ) ( ) ( ) ( ) ( ) ( ) ( )
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0 ;
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P L L V V

k k k k

i
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k n
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+ − − =

 =
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A minimum residence time  is proposed for the feasible reactive flash separators in the 

network. The capacity of each reactive flash in the OP is determined by either the reactive 

holdup, Eq.(2.15), or the residence time times the reactive flash inlet flow, Eq.(2.16), whichever 

is greater. 

 ( ) ( ) ; 1,...,C i H i i  =    (2.15) 

 ( ) ( ) ; 1,...,PC i F i i  =    (2.16) 

 

By substituting Eq.(2.7) in Eq.(2.16), the capacity must then satisfy: 

 ( ) ( ) ( ) ( )
1 1 1

, , , ; 1,...,
M

PI PL PV

j j j

C i F i j F i j F i j i
 

= = =

 
 + +  =  

 
     (2.17) 

 

The number of variables can be reduced by substituting Eq.(2.4) to Eq.(2.6) in Eq.(2.14): 
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   = 
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 = 
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  (2.18) 

 

From Eq.(2.18), self-recycling flows are naturally eliminated from the system. This fact 

can lead to further simplifications as shown in Eq.(2.19): 
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Some variables in the component outlet bounds equations can be eliminated substituting 

Eq.(2.5) in Eq.(2.13): 
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Moreover, Eq.(2.20) can then be split into two inequalities: 
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In order to make it easier to calculate and restrict the total size of the network, a total 

capacity constraint with upper bound ubC  was modeled. This constraint, Eq.(2.23), is used to 

investigate process intensification opportunities in the network, enabling the search for the 

smallest feasible network for the specified problem. 

 ( )
1

ub

i

C i C


=

   (2.23) 

 

As mentioned before, a distributed heat system is considered so that each reactive flash 

separator has the ability to exchange heat with an external source that provides the necessary 

load for the reactive-separative operation. Therefore, for the isobaric, isothermal, steady-state 

reactive flash separator i  in the network, the energy balance is presented in Eq.(2.24).  

 ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ; 1,...,P P L L V VQ i h i F i h i F i h i F i W i i+ = + +  =    (2.24) 

 

In the equation above, Q  is the heat transferred from or to the system, while Ph , Lh  and 

Vh  correspond to the total molar enthalpy of the reactive flash inlet, liquid outlet, and vapor 

outlet, respectively. The use of total enthalpy instead of partial enthalpies allows a more general 

formulation since the relation between the total enthalpy of the mixture and the enthalpy of each 

of the mixture component can be treated later through ideal or non-ideal enthalpy models. 

Moreover, since no work is done or received by the flash separator and the system is considered 

isobaric, W  is zero for all reactive flashes in the network, and all energy effects are captured 

through heat transfer and enthalpy changes.  
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According to the distribution network, ( )PF i  and ( )Ph i  are determined by summing up 

the streams originated in other points of the network that feed the reactive flash i . Thus, the 

energy flow entering the reactive flash separator i  control volume is shown in Eq.(2.25). 
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= +  =  
 
 
 

+ 
  







  (2.25) 

 

In Eq.(2.25), ( )Ih j  represents the total enthalpy of the thj  inlet stream and M  

represents the number of network inlets. Also, self-recycling flows were eliminated from this 

system as shown in Eq.(2.18). Thus, the energy balance in each reactive flash separator in the OP 

has the form shown in Eq.(2.26). 
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  (2.26) 

 

Equations (2.8) and (2.9) show the splitting balance when the ( )LF i  liquid and ( )VF i  

vapor flows enter the DN’s after being processed in the OP. Thus, Eq.(2.26) can be rewritten as: 
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The value of the heat transferred to each reactive flash can have negative or positive 

values, indicating that heat is either released by the system or given to the system, respectively. 

This value depends on the energetic needs of each given unit during the synthesis process, so the 

identification of either endothermicity or exothermicity in each reactive flash is established by 

the optimization process. 

 

2.3.3. IDEAS ILP approximation by finite LPs 

The IDEAS framework creates an infinite linear programming (ILP), which cannot be 

solved explicitly. Nevertheless, its solution can be approximated by a series of finite linear 

programming of increasing size, whose sequence of optimum values converges to the infinite 

dimensional problem’s infimum. Thus, if one considers a finite number G  instead of an infinite 

number of dimensions, where G  corresponds to the number of reactive flash separators available 

for the synthesis problem, the problem becomes an LP which in turn is convex and can be solved 

by a variety of different LP solvers.  
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The ILP approximation occurs when one allows G  to contain an ever-increasing number 

of reactive flash-separator units, such that the optimum objective function values of each LP 

solved forms a non-increasing sequence that converges to the ILP infimum. Thus, considering 

that the optimal value for the corresponding finite LP is * , and that the finite LP can be solved 

  times using an ever-increasing number G  of reactive flash separators, i.e. 

( ) ( ) ( )1 2 ...G G G    , the resulting optimal values of each finite LP form a non-increasing 

sequence ( ) ( ) ( )* 1 * 2 ... *      , which converges to the infimum of the ILP when  → . 

The convergence to the infimum is shown in the case study presented in this work. 

 

2.3.4. Objective function and final IDEAS LP formulation 

For the total energy minimization problem, the objective function has the format shown 

in Eq.(2.28), where G  corresponds to the number of reactive flash separators in the OP for the 

finite LP formulation and IDEAS ILP procedure infimum approximation. 

 ( )
1

min
G

i

Q i
=

   (2.28) 

 

This objective function captures the least amount of energy needed by the reactive separation 

process network. This task is performed by minimizing the sum of the absolute value of the heat 

needed in each reactive flash separator, where ( )Q i  can be either a positive or negative number, 

i.e., ( )Q i−    , which in turn shows if the reactive flash is being cooled or heated.  
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The nonlinearity given by the absolute value function can be overcome by using a 

transformation strategy. First, ( )Q i  is defined as the difference of two non-negative variables, as 

shown in Eq.(2.29). 

 ( ) ( ) ( ) ; 1,...,H CQ i Q i Q i i G= −  =   (2.29) 

 

The physical meaning of 
HQ  and 

CQ  are consistent with common design variables used in 

defining heat or cooling needs of a process unit, and represents the heat consumed or discarded 

by the system, respectively. The resulting objective function and respective impacted constraints 

is shown in Eq.(2.30) to (2.32). 
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H C

i

Q i Q i
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  (2.31) 

 ( ) ( )0; 0H CQ i Q i    (2.32) 

 

This problem is still nonlinear because of the absolute value term on Eq.(2.30). Nevertheless, 

whenever either ( )HQ i  or ( )CQ i  is equal zero, the absolute value expression reduces to zero 

plus a positive term and can be eliminated. This condition is naturally satisfied by the 

minimization problem, i.e., at least one of the two variables representing the absolute value of 

( )Q i  are equal zero at the optimal solution. This makes sense intuitively because, even though a 
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given value of ( )Q i  can be expressed by ( )HQ i  and ( )LQ i  in infinite different forms, the only 

case where ( )Q i  is either equal to ( )HQ i  and ( )CQ i  is when ( ) ( )H CQ i Q i+  reaches their 

minimum value, which happens only when one of the two is zero. Thus, the absolute value 

expression in the objective function can be simplified as the sum of the two variables, as shown 

in Eq.(2.33). 

 ( ) ( ) ( ) ( ) ( ) ( )
( ) ( )0 0

;
1,...,

H C

H C H C H C

Q i Q i
Q i Q i Q i Q i Q i Q i

i G

 =  =
− = + = + 

 =

  (2.33) 

 

Thus, the objective function of the total energy minimization problem has the form shown in 

Eq.(2.34). 

 ( ) ( )
1

min
G

H C

i

Q i Q i
=

 +    (2.34) 

 

An alternative way to deal with the presence of summations of absolute values in infinite 

dimensional optimization problems is presented by Sourlas and Manousiouthakis 34, who have 

employed it in identifying the best achievable performance over all linear time-invariant 

decentralized controllers. Considering that, the final IDEAS finite LP formulation for the total 

energy minimization problem in a reactive distillation network has the objective function shown 

in Eq.(2.34), subject to the constraints presented in Eq.(2.4), (2.11), (2.12), (2.15), (2.17), (2.19), 

(2.21), (2.22), (2.23), (2.31) and (2.32), all summarized in Eq.(2.35), where totQ  is used to store 

the value of optimal solution. 

 

( ) ( )tot

1
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. .

G

H C

i

Q Q i Q i

s t

=

 = +     (2.35) 
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Since all variables represent physical quantities (flowrate, catalyst amount, stage volume, 

stage duty), they can have only non-negative values. In addition to that, the total reactive holdup, 

total capacity, total flow, and total energy can have their upper bound specified in the synthesis 

process.  

 

2.3.5. Enthalpy model discussion 

In general, for a multicomponent mixture of n  species and component molar fraction 
iz , 

the molar enthalpy is quantified by summing its ideal value idh  with its excess value Eh  56, as 

shown in Eq.(2.36). 

  ( )  ( )  ( )1 1 1
, , , , ,

n n nid E

k k kk k k
h T P z h T z h T P z

= = =
= +   (2.36) 
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Since the ideal model is independent of pressure, each component enthalpy can be evaluated at 

the mixture pressure instead of its correspondent component partial pressure 56. Therefore, due to 

the summability relation of the partial properties, the ideal mixture molar enthalpy can be 

calculated as shown in Eq.(2.36). 

  ( ) ( )
1

1

,
n

nid

k k kk
k

h T z z h T
=

=

=   (2.37) 

 

The excess molar enthalpy Eh  can be evaluated from the excess Gibbs free energy EG , which is 

a function of the mixture temperature, pressure, and composition. Moreover, the excess Gibbs 

free energy can be expressed in terms of the components’ fugacity pressure 56. In this case study 

presented in this work, the mixture is considered to be ideal. Thus, the excess molar enthalpy Eh  

is considered zero and the molar enthalpy of the multicomponent mixture h  is equal to its ideal 

value idh , as shown in Eq.(2.38). 

  ( )  ( ) ( )
1 1

1

, ,
n

n nid

k k k kk k
k

h T z h T z z h T
= =

=

= =   (2.38) 

 

Any applicable model can provide enthalpy values. The choice depends primarily on the 

nature of the fluids. For a reactive flash separator operating at constant pressure, the total molar 

enthalpy h  is a function of temperature, and composition only. Therefore, one can write the 

liquid and vapor enthalpies of the thk  component in the thi  reactive flash as shown in Eq.(2.39) 

and (2.40) below: 

 ( ) ( ) ( )( )
 

 

1,...,
, ;

1,...,

L L

k k k

k n
h i h T i x i

i G

 
=

 
  (2.39) 

 ( ) ( ) ( )( )
 

 

1,...,
, ;

1,...,

V V

k k k

k n
h i h T i y i

i G

 
=

 
  (2.40) 

 



64 

Let the heat capacity be denoted ,p L

kC  and ,p V

kC  for the liquid and vapor of component k , 

respectively. Then the thk  component molar liquid and vapor enthalpy is given by Eq.(2.41) and 

(2.42). 

 ( ) ,L p L

k kh T C dT=    (2.41) 

 ( ) ,V p V

k kh T C dT=    (2.42) 

 

The thk  component enthalpy of formation 0

kh  is by definition the enthalpy of the pure component 

at the standard reference state, i.e., temperature equals 25oC and pressure equals 1 atm. Thus, 

assuming a 3rd order polynomial that correlates both liquid and vapor heat capacities of species 

k  , as shown in Eq.(2.43) below,  

 2 3

,1 ,2 ,3 ,4

P

k
k k k k

C
c c T c T c T

R
= + + +   (2.43) 

 

the enthalpy from the temperature of the reference state 
0T  to the operating temperature T  one 

can be solved as shown in Eq.(2.44). 
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( )
4

4 0

,4 T T −
  

  (2.44) 

 

In the reactive flash separator outlets, the multicomponent mixture streams exit the 

system in saturated forms, either liquid or vapor, depending on the flash separator outlet. If pure 

species k  is liquid at the standard condition, i.e., 
0T  is lower than the species normal boiling 
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point b

kT , the fraction of k  that appears in the mixture at the vapor outlet must consider its the 

heat of vaporization regardless of the flash temperature. The same approach is valid when pure 

species k  is in vapor phase at standard condition ( )0 b

kT T  and shows up in the liquid output of 

a multicomponent list at VLE conditions. In the latest case, the component k  enthalpy at the 

mixture liquid stream should consider the heat necessary for its liquefaction. By defining b

k  as 

the dimensionless heat of vaporization of species k , this approach is described below by 

Eq.(2.45) and (2.46) for the liquid and vapor enthalpic contribution of species k  in a mixture, 

respectively. 

 

 
( )

( )

0

0

;

;

L b

k k k

L b b b

k k k k k

h h T if T T

h h T RT if T T

 = 
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0

0

;
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V b b b

k k k k k

V b

k k k

h h T RT if T T

h h T if T T

 = + 


= 

  (2.46) 

 

Separations of different species in both reactive and non-reactive flashes rely on vapor-

liquid equilibrium (VLE) conditions to occur. Thus, once species composition is specified in a 

flash liquid outlet for example, the vapor molar fractions at the flash’s operating temperature are 

also fixed due to the equilibrium conditions and can be calculated iteratively. This procedure was 

successfully used in several applications featuring reactive and non-reactive distillation systems 

18,30,55. Considering that the reactive flash’s temperature, pressure, and outlet compositions are 

fixed by the VLE condition, so are the specific total molar enthalpies at the outlets, regardless of 

the enthalpy model used. Thus, by recalling Eq.(2.38) for the reactive flash separator presented 

in this work, the total molar enthalpy for the vapor and liquid mixture streams exiting each flash 
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have the form shown in Eq.(2.47) and (2.48) , respectively, under the conditions presented in 

Eq.(2.45) and (2.46). 

 ( ) ( ) ( )  
1

; 1,...,
n

L L

k k

k

h i x i h i i G
=

=     (2.47) 

 ( ) ( ) ( )  
1

; 1,...,
n

V V

k k

k

h i y i h i i G
=

=     (2.48) 

 

The formulation described in this session, based on the IDEAS framework and applicable 

thermodynamic concepts, was applied in a study case featuring the metathesis of 2-pentene. 

   

2.4. Case study: Olefin metathesis 

2.4.1. Thermodynamic data and problem specifications 

Metathesis reactions are used in the petrochemical industry to rebalance the light olefins 

originated during the catalytic and steam cracking processes. In this case study, the formulation 

based on the IDEAS framework is applied in the intensification of a reactive separation network 

for 2-butene and 3-hexene production through metathesis of 2-pentene, as shown in Eq.(2.49). 

 
5 10 4 8 6 122C H C H C H+   (2.49) 

 

The hydrocarbons involved in this system are similar in chemical structure, and 

deviations from ideality are negligible. Moreover, the components in the mixture have normal 

boiling points temperatures that are far from each other – 2-pentene at 310 K, 2-butene at 277 K, 

and 3-hexene at 340 K – allowing an easy separation through distillation process.  

This reactive distillation system has negligible heat of reaction and, due to this fact, the 

system can run at atmospheric pressure or other low-pressure operating values without 
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significant changes on the value of the equilibrium constant. Considering 2-pentene as the 

reference component, the temperature dependent rate expression is given by Eq.(2.50) (Chen et 

al. 2000),  while the reaction equilibrium constant 
eqK  and the kinetic rate constant ( )1

fk h−  are 

shown in Eq.(2.51) and Eq.(2.52) respectively: 

 4 8 6 12

5 10

2 C H C H

f C H

eq

a a
R k a

K

 
= −  

 

  (2.50) 

 0.25eqK =   (2.51) 

 
( )( ) ( )3321.25 11.0661 10

T K

fk e h
− −=    (2.52) 

 

Since this system behaves as ideal, both the fugacity and the activity coefficient functions 

are equal the unity and Raoult’s law is assumed. Moreover, the values of the species’ molar 

fractions can be used in place of the respective activity coefficient in Eq.(2.3). Antoine’s model 

is used to calculate the saturated pressure of each component in the mixture, and coefficients can 

be found in Table 2.1 for T  in K and P  in Pa.  

 

Table 2.1. Antoine coefficients for 2-butene, 2-pentene, 3-hexene (Okasinski and Doherty 1998). 

 
4 8k C H=  

5 10k C H=  
6 12k C H=  

1,kA  20.6909 20.723 20.7312 

2,kA  −2202.188 −2462.02 −2680.52 

3,kA  −36.578 −42.391 −48.401 

 

 

As demonstrated in previous works18,30,55, for a fixed value of the operating pressure P  

and for an specified liquid outlet composition, the respective bubble point temperature, reaction 

rate, and vapor outlet composition can be calculated iteratively by changing ( )T i  in Eq.(2.53) 

until the sum of the molar fractions in the vapor phase is equal to unity, as specified in Eq.(2.56).  
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  (2.53) 

 ( )
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23321.251.0661 10
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T i C H C H

C H

x i x i
R i e x i

−  
=  − 

 

  (2.55) 

 ( ) ( ) ( )
5 10 4 8 6 12

1 0V V V

C H C H C Hy i y i y i+ + − =   (2.56) 

 

The coefficient values of the third order polynomial shown in Eq.(2.43), applied in the 

calculation of both liquid and vapor heat capacities, as well as the value of the dimensionless 

heat of vaporization for the 2-pentene metathesis system, are shown in Table 2.2. 

 

Table 2.2. Thermodynamic data for the metathesis of 2-pentene (Okasinski and Doherty 1998). 

Component: 
4 8k C H=  

5 10k C H=  
6 12k C H=  

    

Liquid Heat Capacity    

1,kc  13.357 21.224 19.897 

2,kc  −3.9752E−03 −6.9842E−02 −1.4182E−02 

3,kc  3.3249E−05 2.5206E−04 8.2626E−05 

4,kc  0.0 −1.7167E−07 0.0 

    

Vapor Heat Capacity    

1,kc  −6.256E−01 −1.8739 −2.9336 

2,kc  3.8721E−02 5.6102E−02 7.1697E−02 

3,kc  −1.6763E−05 −3.1656E−05 −4.3559E−05 

4,kc  1.877E−09 6.9946E−09 1.0609E−08 

    

Normal Boiling  

Point (K) 

276.87 310.08 339.60 

    

Dimensionless Heat of 

Vaporization 

10.178 10.294 10.166 
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Enthalpy calculations are based on the values shown in the table above, employed in the 

calculation method shown in Eq.(2.36) to Eq.(2.48). 

For the reactive distillation process in this case study, the distribution network of IDEAS is set to 

have one inlet stream of pure 2-pentene at saturated liquid state, i.e., feed quality 1q =  as defined 

by Doherty and Malone 35, and two outlets streams: the first rich in 2-butene at saturated vapor 

state and the second rich in 3-hexene at saturated liquid state. Simulations were performed for 

the operating conditions specified in Table 2.3. 

 

Table 2.3. Specifications for the 2-pentene metathesis problem example. 

    

Feed Flow (kmol/h) 100 

Outlet Flow 1 (Distillate) (kmol/h) 50 

Outlet Flow 2 (Bottom) (kmol/h) 50 

Residence Time (s) 60 

Operating pressure (bar) 1 

Feed quality 1 

  

Inlet molar fractions  
C4H8 0.0000 

C5H10 1.0000 

C6H12 0.0000 

  

Outlet molar fraction target bounds  

Outlet Flow 1  
C4H8 0.9800 - 1.0000 

C5H10 0.0000 - 0.2000 

C6H12 0.0000 - 0.2000 

  

Outlet Flow 2  

C4H8 0.0000 - 0.2000 

C5H10 0.0000 - 0.2000 

C6H12 0.9800 - 1.0000 
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2.4.2. Discretization strategy and IDEAS convergence 

The strategy developed to discretize the ternary liquid composition space follows the concept 

presented in a previous work 55, where different discretization steps were used in different 

regions of the composition domain to generate a finite set of reactive flash separators. In this 

work, three different regions are considered in the discretization strategy, whose limits are 

specified by the molar fractions   and  , as shown schematically in Fig. 2.3. 

 

Figure 2.3 - Discretization strategy for the ternary liquid molar fraction domain 

 

The procedure to accurately identify the discretization impact in a given region of the 

domain, which translates to the number of process units available for the optimization problem, 

consists in reducing the discretization step size (which increases the size of the reactive flash 

separator set G ) until the impact of that in the optimization solution is negligible. As pointed out 



71 

in the referenced work, the feasibility of the problem and the optimization result is highly 

dependent on the discretization of region I, where separation is more difficult to obtain. For the 

total energy minimization problem, an additional assessment was performed in order to identify 

the impact that the growth of the cardinality G , specifically on regions I, II and III, had on the 

optimal solution. For this assessment the minimization of the total energy in the network was 

performed for a variety of discretization steps, as shown in Table 2.4. Results were obtained for 

0.6665 =  and 0.5286 = as the region edges, which gives roughly the same number of flashes 

in each region. Moreover, a minimum purity of 87.5% was set for both butane and hexene. 

 

Table 2.4. Optimal value for the energy minimization (87.5% purity, 0.6665 = , 0.5286 = ) 

per discretized set in regions I, II and III 

Discretized step size Number of 

Flashes in G 

Minimum total 

energy (kW) Region I Region II Region III 

1/16 1/16 1/8 124 5651.24 

1/16 1/8 1/16 121 4962.36 

1/16 1/16 1/16 153 3687.01 

1/16 1/16 1/32 262 2910.60 

1/16 1/32 1/16 319 2218.21 

1/32 1/16 1/16 289 2196.30 

1/16 1/32 1/32 427 1875.23 

1/32 1/16 1/32 397 1327.56 

1/32 1/32 1/16 454 1269.91 

1/16 1/16 1/64 766 2214.22 

1/16 1/64 1/16 838 1479.18 

1/64 1/16 1/16 850 1265.77 

 

 

To create a better understanding of the values shown in Table 2.4, results were plotted 

and grouped by discretization changes in each region and is shown in Fig.2.4. Once again, the 

imposition of smaller discretization (larger number of reactive flashes) in regions I and II results 
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in a much lower optimum value when compared to region III, showing that the set of reactive 

flash separators used to obtain each of the components in the mixture at high purity has a 

stronger influence in reducing the network energy consumption during the synthesis procedure. 

 

Figure 2.4 - Effect of smaller discretization steps in each region 

for the minimum total energy problem 

 

The results also show three different convergence curves, which means that the approximation of 

the LP to the rate of approximation to the ILP infimum is faster depending not only on the 

number of reactive flashes in G , but also on the location of those flashes in the liquid molar 

fraction space. 

 The IDEAS full convergence plot for a minimum purity of 87.5% in the separation 

products is shown in Fig. 2.5. This result was obtained by setting 0.75 =  and 0.875 = as the 

region edges, and for the discretization shown in Table 2.5. 
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Table 2.5. Optimal value for the minimum energy problem (87.5% purity, 0.75 = , 0.875 = ) 

per discretized set in regions I, II and III 

Discretized step size Number of 

Flashes in G 

Minimum total 

energy (kW) Region I Region II Region III 

1/16 1/16 1/8 92 24249.8 

1/16 1/16 1/16 153 3687.01 

1/32 1/32 1/16 244 2222.71 

1/32 1/32 1/32 561 1026.81 

1/64 1/64 1/32 885 814.23 

1/128 1/64 1/32 1209 803.61 

1/256 1/64 1/32 2433 767.22 
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Figure 2.5 - IDEAS convergence plot for the energy minimization problem in the 

metathesis of 2-pentene (87.5% purity in the products). 

2.4.3. IDEAS minimum energy consumption results 

The optimization problem presented in Eq.(2.35) is used to solve the total energy 

minimization problem for the metathesis of 2-pentene through reactive separation. To define the 

finite set used by the IDEAS OP, a discretization level of 1/256, 1/128, and 1/64 was employed 

in regions I, II, and III, respectively. The total number of reactive flash separators in the set G  is 

2559, which is the result obtained when 0.96875 =  and 0.875 = are specified as the edges of 

the regions inside the liquid molar fraction domain. 

A 2-pentene metathesis system simulated in UniSim® Design, featuring a reactor 

followed by sequence of distillation columns (Fig.2.6), is considered the baseline for comparison 

with the results obtained by the IDEAS approach. The system consists of a reactor operating with 

48% conversion, which is close to the equilibrium conversion of 50%. The effluent from the 

reactor is sent to a distillation column (T-101) that separates the ternary mixture into a 2-butene 

stream with 98% purity at the distillate (saturated vapor state), and a binary mixtures of 2-

pentene and 3-hexene at the bottom. Following that, the bottoms from the T-101 are sent to the 

distillation column T-102, where 3-hexene is separated at the bottom with a 98% purity. The 

distillate stream rich in 2-pentene from T-102 is recycled to the reactor. The input conditions, 

output production, and purity target of this baseline design are the same used in the IDEAS 

simulation, as listed in Table 2.3. The total amount of energy used by this reactor followed by 

distillation system baseline design is 6616.67 kW. 
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Figure 2.6 – UniSim® baseline for the Metathesis of 2-Pentene 
 

 

The unbounded IDEAS result is 832.17 kW, which can be considered a close 

approximation to the global minimum that this technology can achieve for the conditions 

specified in Table 2.3. The results obtained by the IDEAS reactive separation network shows that 

the optimized system works with 12.58% of the energy required by the proposed baseline design. 

The results are shown in Fig.2.7 for comparison. 
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Figure 2.7 - Comparison between IDEAS results and Baseline 

 

The investigation of the reactive separation network performance limit in regards to 

energy minimization is performed with a special interest in the relation to their corresponding 

intensified designs. The goal is to rigorously quantify tradeoffs between the network’s total 

energy consumption and its total capacity. The identification of this relationship allows the 

assessment of energy-related impacts in intensified process designs using reactive distillation 

schemes. The LP problem presented in Eq.(2.35) is solved several times with an increasingly 

smaller value for the capacity upper bound until it reaches the feasibility limit, which allows the 

identification of the minimum energy requirements for each feasible capacity value needed to 

deliver the desired purity specifications. The tradeoff curve for the metathesis case study and the 

indication of the feasible region are presented in Fig.2.8. 
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Figure 2.8 - Minimum energy performance limit for the 2-pentene metathesis problem for 

different network capacity values (feasible region in gray). 

 

The tradeoff curve shows that the minimum total energy required by the reactive 

separation system increases for reductions in the capacity value. This is an indication that 

reactive distillation processes that have their size further intensified may require more energy, if 

they are already at the minimum energy consumption for a given total capacity. Systems that are 

located far from the performance limit curve can pursue reductions in both energy consumption 

and size through process intensification. 

The fact that the minimum energy required by the reactive separation system increases 

for smaller network sizes is conceptually consistent with the idea of minimum reflux and 

minimum number of stages for distillation columns. The energy required by a separation system 

reduces for smaller values of reflux ratios, which in turns increase the number of stages in the 
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column, i.e., the size/capacity of the system has to be larger to meet the separation goals. On the 

other hand, for smaller number of stages (smaller sizes/capacities) the reflux ratio and 

consequently the energy required is larger. This indicates that the underlying conceptual base of 

distillation systems and separations is included in the approach used in the development of the 

IDEAS model. Nevertheless, it is important to point out that the system presented in the case 

study has negligible heat of reaction. Therefore, the impact of highly endothermic or exothermic 

reactions in reactive distillation systems may impact the shape of the tradeoff curve, although the 

general format may be unaltered due to the reasons mentioned in this paragraph. 

 

2.5. Conclusions 

The Infinite DimEnsionAl State-Space (IDEAS) framework is used as a tool to identify 

the performance limits of reactive separation systems featuring the minimum total energy 

required by the reactive separation process network. A model for the study of the energy effects 

in reactive separation systems is developed and applied through the IDEAS approach. The 

procedure leads to a linear program problem formulation, in which the optimal solution is 

guaranteed to be global over all possible network configurations. The model was used in the 

investigation of reactive separation for olefin metathesis. The case study features the metathesis 

of 2-pentene to form 2-butene and 3-hexene, an important chemical process for the oil industry. 

A distributed heat network system was considered in this work and was responsible to supply 

heating or cooling to individual process units (reactive flash separators) according to the system 

energetic needs. The minimum total energy required by the system was considered as the 

problem’s objective, and results were obtained for unbounded systems and for increasingly 
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smaller capacity values, a variable of interest for process intensification. The goal is to rigorously 

quantify tradeoffs between the network’s total energy consumption and its total capacity. The 

identification of this relationship allows the assessment of energy-related impacts in intensified 

process designs using reactive distillation schemes. 

The globally minimized total energy required by the IDEAS based reactive separation 

metathesis system was 832.17 kW. Using a traditional reactor-followed-by-separation-system 

scheme as a baseline, an intensified IDEAS based reactive separation network uses 12.58% of 

the energy required by the baseline design. The tradeoff curve for minimum total energy 

consumption shows that the energy required by the reactive separation system increases for 

reductions in the capacity value. This result is consistent with the energy implications of a 

minimum reflux system – which corresponds to increases in size (number of trays) and energy 

demand reduction – and minimum number of stages (larger reflux ration and energy demand) for 

distillation columns. It is important to point out that systems located far from the performance 

limit curve in the minimum energy-capacity space can pursue further reductions in both energy 

consumption and size through process intensification.  
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2.6. Notation 

Thermodynamic Variables: 

P    Reactive flash separator pressure ( )Pa   

 T    Reactive flash separator temperature ( )K   

( )V

ky i    thk Species equilibrium vapor composition leaving the thi unit ( )dim  

( )L

kx i    thk Species equilibrium liquid composition leaving the thi unit ( )dim  

( )sat

kP T   thk Species temperature dependent saturated vapor pressure ( )Pa  

 ( )1
, ,

n
V

k l
l

y T P
=

 thk Species non-ideal fugacity coefficient 

 ( )1
,

n
L

k l
l

x T
=

 thk Species non-ideal liquid activity coefficient 

ka    Activity of the thk species ( )dim  

,j kA    Antoine equation thj  parameter of the thk species ( )dim   

eqK    Reaction equilibrium constant ( )dim   

fk    Forward reaction rate constant ( )1/h   
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IDEAS Variables: 

( )IF i    thi DN inlet stream

 

( )OF i    thi DN outlet stream 

( )LF i    thi  OP liquid outlet 

( )VF i    thi  OP vapor outlet 

( ),OIF i j   thj DN inlet stream to thi DN outlet 

( ),PIF i j   thi  OP inlet stream from thj DN network inlet 

( ),OLF i j   thi  DN outlet stream from thj OP liquid outlet 

( ),OVF i j   thi  DN outlet stream from thj OP vapor outlet 

( ),PLF i j   thi  OP inlet stream from thj OP liquid outlet 

( ),PVF i j   thi  OP inlet stream from thj OP vapor outlet 

( )H i    Reactive holdup of the thi  reactive flash separator unit in the OP 

( )C i    Capacity of the thi  reactive flash separator unit in the OP 

( )HQ i    Heat transferre to the thi  reactive flash separator unit in the OP 
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( )LQ i    Heat released by the thi  reactive flash separator unit in the OP 

( )I

kz i    thk species, thi DN inlet stream composition 

( )O

kz i    thk species, thi DN outlet stream composition 

( )( )
l

O

kz i   thk species, thi DN outlet stream composition vector, lower bound 

( )( )
u

O

kz i   thk species, thi DN outlet stream composition vector, upper bound 

( )L

kx i    thk species, thi OP liquid outlet composition 

( )V

ky i    thk species, thi OP vapor outlet composition 

G   Total number of reactive flashes in the OP  

M   Number of IDEAS network inlets 

N   Number of IDEAS network outlets 
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3. CHAPTER 3 

Minimum Entropy Generation in Reactive Distillation Networks through the IDEAS 

Conceptual Framework 

 

3.1. Abstract 

This paper presents a continuation on the investigation of reactive distillation (RD) processes 

through an entropy generation analysis. The rate of entropy generation measures the amount of 

irreversibilities in a given process, indicating by how much a system is far from its ideal 

configuration, and serving as a comparison tool between different process configurations. A 

minimum entropy generation formulation for reactive distillation systems is rigorously obtained 

through the application of the IDEAS framework. A unit operation model is proposed for 

reactive vapor-liquid equilibrium flash separators employed as network building blocks, and the 

concepts of reactive holdup, and capacity are introduced as network performance metrics so the 

tradeoff between minimum entropy generation and those two variables can be developed. The 

proposed reactive separation process intensification method is demonstrated on a case study 

involving the metathesis of 2-pentene through reactive distillation. 

 

3.2. Introduction 

A common strategy to reduce energy costs in the chemical process industry is to increase 

process reversibility through improved equipment design 1. This strategy may be compatible to 

the process intensification concept, which encompasses any chemical engineering development 
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that offers drastic improvements in chemical processing, substantially decreasing equipment 

volume, energy consumption or waste formation 2,3. 

Entropy change is a natural process that any system is subject to when changing states, 

due to the fact that not all states in the immediate neighborhood of every state of a system are 

accessible through adiabatic processes 4. Entropy generation minimization (EGM) is the method 

of thermodynamic optimization of real systems that owe their thermodynamic imperfection to 

heat transfer, fluid flow, and mass-transfer irreversibility 5. Tolman and Fine concluded in 1948 

that an increase in the internal entropy of a system reduced the maximum available work 6. Thus, 

loss of available work can be measured in units of entropy generation 7. 

If one considers the product and feed streams, the separation by distillation generally 

requires a decrease of the entropy so addition of heat is used in practice to make this process 

thermodynamically possible. Still, the overall efficiency of distillation is rather low due to 

irreversible losses related to pressure drop, mass transfer, and irreversible heat transfer 8. Studies 

about entropy minimization on distillation columns based on non-equilibrium thermodynamics 

with Cauchy-Lagrange optimization procedures resulted in a process design technique called 

principle of equipartition of forces 1,9,10. Nevertheless, this equipartition of forces optimization 

methodology is still to be proven applicable to reactive distillation systems.  

The Infinite DimEnsionAl State-Space (IDEAS) framework, a systematic approach for 

process synthesis, is applied in this work as a process intensification tool. IDEAS can rigorously 

identify the performance limits of a particular technology or combination of technologies, 

without establishing any a priori design. By finding performance limits on chemical process 

networks, IDEAS allows the detection of prospective intensified designs and supports the 

quantification of potential improvements.  
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Derived by using simple physical concepts, IDEAS can be potentially applied to design 

and globally optimize virtually any chemical process. The IDEAS conceptual framework has 

been successfully applied to either globally optimize, or to identify the attainable region for, 

various types of process networks.  Some IDEAS applications include the synthesis of 

multicomponent mass exchange networks 11, ideal distillation networks 12,13, separator networks 

14,15, power cycles 16, heat/power integrated distillation networks 17, reactive distillation networks 

18,19, reactor network attainable region 20–28, azeotropic distillation networks 29, reactor networks 

30–32, batch reactor networks 33, and process network attainable region 34. 

Due to IDEAS’ innovative proposition for the process operations, whose domain and 

range is considered to lie in an infinite (rather than finite) dimensional space, infinite 

dimensional linear programs (ILP) can be formulated for the synthesis of optimal process 

networks. In fact, since it is not possible to solve an ILP, its solution is approximated arbitrarily 

close by finite dimensional linear programs (LP) of ever-increasing size. The sequence formed 

by the LP optimal solutions converges to the global optimal solution of the ILP. 

In this paper, the IDEAS framework is applied as a systematic tool to identify the 

minimum total entropy required by reactive separation networks for different values of total 

capacity, and minimum total reactive holdup, variables that can be considered surrogates for 

volumetric size and catalyst use, respectively. 

 

3.3. Mathematical formulation for the entropy minimization problem 

3.3.1. Reactive flash separator model 

The design and optimization of reactive distillation systems have been studied through 

the application of a variety of models. Geometrical approaches, such as the residue curve maps 
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and the fixed-point method, have been consistently utilized to attack the problem 35–44. 

Optimization methods using mixed-integer nonlinear programming (MINPL) formulations 45–52 

or infinite linear programming (ILP) formulations 15,18,19 have also contributed to the 

advancement of reactive distillation design by addressing the problem from the perspective of 

process synthesis. 

This work uses the reactive flash separator model previously presented by da Cruz and 

Manousiouthakis 19, which was improved to quantify entropy generation in the reactive flash 

(Fig.3.1) as well as in the network. By pursuing a minimum entropy generation reactive 

distillation design through the synthesis process, one expects to obtain a network of reactive 

flash separators with the least amount of irreversible processes. This feature gives flexibility to 

the network to completely meet the thermodynamic requirements of each flash, which is a 

surrogate for a reactive distillation tray. In this reactive flash model, vapor and liquid exit 

streams are considered to be in phase equilibrium with one another, and reactions may occur in 

the liquid phase, depending on the reactive volume H  (the reactive holdup) of the flash 

separator. A capacity variable C  associated with the total liquid holdup is also considered. 

Ghougassian and Manousiouthakis 32 have shown that while net energy consumption is only a 

function of the inlet/outlet compositions, entropy generation and hot (or cold) utility are strong 

functions of the network’s internal structure. Therefore, the quantification of the minimum 

entropy generation is meaningful and desirable to organize the distillation network structure 

when pursuing pre-defined separation purity goals. 
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Figure 3.1 – Representation of the improved reactive flash separator 

 

For mass and component balances in the reactive flash separator, the Gamma-Phi model 

is used to correlate the liquid and vapor molar fractions, as shown i. Eq.(3.1).  

  ( )  ( ) ( )
1 1
, , , 1,...,

n n
V V L L sat

k k l k k l k
l l
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The model also make use of a general kinetic rate expression, Eq.(3.2), where the thi  species 

activity in a multicomponent mixture is related to the activity coefficient in the liquid phase and 

the liquid molar fraction for the respective component as shown in Eq.(3.3). 
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As mentioned in other works, one important feature of this reactive flash separator model 

is the ability to account for several different phenomena. In the case where the flash has reactive 

holdup, vapor, and liquid streams greater than zero, the unit is fully operational and will 

simultaneously act as both a reactor and VLE separator. Conversely, if the reactive holdup is 

zero, the process acts only as a VLE flash separator; and if no separation takes place, the process 

assumes the behavior of an isolated CSTR reactor, with only one liquid flow as output. 

As for the energy transferred from or released by the reactive flash separator, two infinite 

reservoirs at temperature HT  and CT  are available for the process synthesis to perform the 

heating or cooling, depending on each reactive flash separator energetic needs. A distributed heat 

transfer system is considered to provide heat at HT  and cooling CT  at to each reactive flash in the 

network individually, according to its respective endo or exothermicity. 

The improved reactive flash separator model was employed in the systematic synthesis of 

reactive distillation networks through IDEAS, aiming to find the global minimum value for the 

entropy generated by the separation network. 

  

3.3.2. IDEAS formulation 

The IDEAS framework allows each operational unit in the process operator OP to 

interface with all other possible operating – network inlets, network outlets, and other 

operational units – by using mixing and splitting operations through the distribution network 

(DN), enabling the consideration of all possible flowsheets for a reactive flash separator network 

during the synthesis process. The resulting IDEAS framework for the reactive flash separator 
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synthesis problem featuring a distributed heating/cooling system and the respective infinite 

reservoirs operating at 
HT  and 

CT  is shown in Fig.3.2.  

 
 

Figure 3.2 - IDEAS representation for a reactive flash separator network featuring a 

distributed energy system coming from either a hot or a cold infinite reservoir 

 

Flow rate variables are represented by the cross-flow streams in the DN, which has molar 

fraction conditions fixed at the origin. Each flow variables are identified superscripts that 

indicate its destination and source, respectively. The notation used in previous works is 

maintained in this formulation: the DN inlet is identified as I , the DN outlet as O , the OP inlet as 

P , the liquid and vapor outputs from the OP as L  and V  respectively. Indexes designating 
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source and destination, respectively, are also used to identify each flow variable in the DN. 

Reactive holdups, capacities, the amount of heat transferred from/to the reactive flash, and 

entropy generated are variables associated with the process units within the process operator. 

The IDEAS ILP general formulation uses only mass and component balances on the 

distribution network (DN), since it is considered adiabatic in this work. Conversely, for the 

process units in the OP, mass, component and energy balances are developed. Starting with the  

mass and component balances, for each inlet flow ( )IF j  associated with one of the M  inlets of 

the DN, a splitting balance is written as shown in Eq.(3.4). 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

I OI PI

i i

F j F i j F i j j M


= =

− − =  =    (3.4) 

 

A mixing balances for each outlet flow ( )OF i  leaving the DN from one of its N  outlets is shown 

in Eq.(3.5). 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

O OI OL OV

j j j

F i F i j F i j F i j i N
 

= = =

− − − =  =     (3.5) 

 

The component flow ( )P

kf i  that feeds the thi  reactive flash separator can be considered as the 

sum of component flows feeding that specific mixing point of the DN (component balance). 

 
( ) ( ) ( ) ( ) ( ) ( ) ( )

1 1 1

, , , 0

1,..., ; 1,...,

M
P I PI L PL V PV

k k k k

j j j

f i z j F i j x j F i j y j F i j

i k n

 

= = =

− − − =

 =   =

  
  (3.6) 

 

Thus, the total mass flow in this mixing node is represented by Eq.(3.7) below. 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

P PI PL PV

j j j

F i F i j F i j F i j i
 

= = =

− − − =  =      (3.7) 
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After being processed in the OP, each liquid flow ( )LF j  and vapor flow ( )VF j  entering the 

DN have a splitting balance as shown in Eq.(3.8) and (3.9), respectively. 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

L OL PL

i i

F j F i j F i j j


= =

− − =  =     (3.8) 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

V OV PV

i i

F j F i j F i j j


= =

− − =  =     (3.9) 

 

Lower and upper bound constraints are introduced on each of the N  flow variables ( )OF i  as 

design parameters. The total balance for each flow exiting the DN is shown in Eq.(3.10). 

 ( )( ) ( ) ( ) ( ) ( )( )
1 1 1

, , , ; 1,...,
M

l u
O OI OL OV O

j j j

F i F i j F i j F i j F i i N
 

= = =

 + +   =     (3.10) 

 

Equation (3.10) can also be expressed by two independent inequalities as shown below: 

 ( ) ( ) ( ) ( )( )
1 1 1

, , , 0 ; 1,...,
M

l
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
     (3.11) 

 

 ( ) ( ) ( ) ( )( )
1 1 1

, , , 0 ; 1,...,
M

u
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
     (3.12) 

 

The component balances at the DN’s outputs, including upper and lower bounds for the 

product’s molar fractions are represented by Eq.(3.13). 

 ( )( ) ( )

( ) ( )

( ) ( )

( ) ( )

( )( ) ( )

1

1

1

,

1,...,
, ;

1,...,

,

M
I OI

k

j

l u
O O L OL O O

k k k

j

V OV

k

j

z j F i j

i N
z i F i x j F i j z i F i

k n

y j F i j

=



=



=

 
 
 
   = 

 +  
 = 

 
+ 

  







  (3.13) 
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The component balance for each reactive flash separators in the OP is expressed as 

shown in Eq.(3.14). 

 ( ) ( ) ( ) ( ) ( ) ( ) ( )
1,...,

0 ;
1,...,

P L L V V

k k k k

i
f i R i H i x i F i y i F i

k n

 = 
+ − − =

 =
  (3.14) 

 

Each feasible reactive flash separator in the network has a minimum residence time ( ). 

The capacity of each reactive flash in the OP is determined by either the reactive holdup, 

Eq.(3.15), or the residence time times the reactive flash inlet flow, Eq.(3.16), whichever is 

greater. 

 ( ) ( ) ; 1,...,C i H i i  =    (3.15) 

 ( ) ( ) ; 1,...,PC i F i i  =    (3.16) 

 

By substituting Eq.(3.7) in Eq.(3.16), the capacity must then satisfy: 

 ( ) ( ) ( ) ( )
1 1 1

, , , ; 1,...,
M

PI PL PV

j j j

C i F i j F i j F i j i
 

= = =

 
 + +  =  

 
     (3.17) 

 

The number of variables can be reduced by substituting Eq.(3.6) to Eq.(3.9) in Eq.(3.14): 

 

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1 1

1 1 1

1 1

, ,

1,...,
, , , ;

1,...,

, , 0

N
L OL PL

k k

j j

N M
V OV PV I PI

k k

j j j

L PL V PV

k k

j j

R i H i x i F j i F j i

i
y i F j i F j i z j F i j

k n

x j F i j y j F i j



= =



= = =

 

= =

 
− + 

 

   = 
− + + 

 = 

+ + =

 

  

 

  (3.18) 

 

From Eq.(3.18), self-recycling flows are naturally eliminated from the system. This fact 

can lead to further simplifications as shown in Eq.(3.19): 
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( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

1

1 1

1

1

,

, ,

1,...,
;

1,...,, ,

, , 0

M
I PI

k k

j

N N
L OL V OV

k k

j j

L PL L PL

k k

j
j i

V PV V PV

k k

j
j i

R i H i z j F i j

x i F j i y i F j i

i

k nx j F i j x i F j i

y j F i j y i F j i

=

= =



=




=


+

− −

 = 

 = + − 

 + − = 



 





  (3.19) 

 

By substituting Eq.(3.10) in (3.11), some variables in the component outlet bounds 

equations can be eliminated, as shown in Eq.(3.20). 

( )( )

( )

( )

( )

( ) ( )

( ) ( )

( ) ( )

( )( )

( )

( )

( )

1 1 1

1 1 1

1 1 1

, , ,

1,...,
, , , ;

, , ,

M M M
OI I OI OI

k

j j j

l u
O OL L OL O OL

k k k

j j j

OV V OV OV

k

j j j

F i j z j F i j F i j

i N
z i F i j x j F i j z i F i j

F i j y j F i j F i j

= = =

  

= = =

  

= = =

     
     
     
       =
+  +  +     
     
     
     + + +
          

  

  

  

1,...,k n =

  (3.20) 

 

One can split Eq.(3.20) into two inequalities, facilitating the implementation that will be 

carried on later: 

 

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1

1

1

,

1,...,
, ;

1,...,

, 0

M
l

O I OI

k k

j

l
O L OL

k k

j

l
O V OV

k k

j

z i z j F i j

i N
z i x j F i j

k n

z i y j F i j

=



=



=

 −
  

 = + −
   = 

 + − 
  







  (3.21) 
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( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

( )( ) ( )( ) ( )

1

1

1

,

1,...,
, ;

1,...,

, 0

M
u

O I OI

k k

j

u
O L OL

k k

j

u
O V OV

k k

j

z i z j F i j

i N
z i x j F i j

k n

z i y j F i j

=



=



=

 −
  

 = + −
   = 

 + − 
  







  (3.22) 

 

A total capacity constraint with upper bound 
ubC  is also considered in this formulation. 

This constraint, Eq.(3.23), is used to investigate process intensification opportunities in the 

network, enabling the search for the smallest feasible network for the specified problem. 

 ( )
1

tot ub

i

C C i C


=

=    (3.23) 

 

Similarly, a total reactive holdup totH  has been added to the model with an upper bound 

constraint ubH , as shown in Eq.(3.24), so that the total reactive holdup in the system can be 

controlled during the synthesis process. 

 ( )
1

tot ub

i

H H i H


=

=    (3.24) 

 

A constraint for the total flow circulating in the network ( )
tot

PF  has also been considered 

in this work, as shown in Eq.(3.25). This variable takes in account all flows entering the OP and 

has its upper bound constrained by ( )
ub

PF . 

 ( ) ( ) ( ) ( ) ( ) ( )
1 1 1 1 1 1 1

, , ,
M

tot ub
P P PI PL PV P

i i j i j i j
j i j i

F F i F i j F i j F i j F
     

= = = = = = =
 

= = + +       (3.25) 
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A distributed heat system is considered so that each reactive flash separator has the 

ability to exchange heat with either one of the two heat reservoirs available to the system, 

providing the necessary load for the reactive-separative operation. Therefore, for the isobaric, 

isothermal, steady-state reactive flash separator i  in the network, the energy balance is presented 

in Eq.(3.26).  

 ( ) ( ) ( ) ( ) ( ) ( ) ( ) ( ) ; 1,...,P P L L V VQ i h i F i h i F i h i F i W i i+ = + +  =    (3.26) 

 

In the equation above, Q  is the heat transferred from or to the system, while Ph , Lh  and 

Vh  correspond to the total molar enthalpy of the reactive flash inlet, liquid outlet, and vapor 

outlet, respectively. The use of total enthalpy instead of partial enthalpies allows a more general 

formulation since the relation between the total enthalpy of the mixture and the enthalpy of each 

of the mixture component can be treated later through ideal or non-ideal enthalpy models. 

Moreover, since no work is done or received by the flash separator and the system is considered 

isobaric, W  is zero for all reactive flashes in the network, and all energy effects are captured 

through heat transfer and enthalpy changes.  

An entropy balance for an open system shows that the rate of entropy generation in a 

system GS  accounts for the second-law requirement that the total entropy change associated with 

any process must be positive. The limiting case where the rate of entropy generation is zero 

occurs only for completely reversible processes, thus, entropy generation measures the 

irreversibility of processes that are taking place on a given system. There are two sources of 

irreversibility, the ones that occur within the control volume, called internal irreversibilities, and 

those occurring at the outside limit of the control volume such as heat transfer across finite 

temperature differences between system and surroundings, called external irreversibilities.  
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In the presence of heat-transfer irreversibility between the thi  reactive flash separator, 

which is operating at ( )T i , and either one of the infinite reservoirs available, where the high  

and low-temperature reservoirs operate at HT  and CT , respectively, an entropy balance for the 

same process is presented in Eq.(3.27). Heat given to (released by) the system is represented by 

HQ  ( CQ ). 

( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )
( ) ( )0; 0, 0, 1,...,

L L

H C

V V H C

G H C

P P

s i F i
Q i Q i

S i s i F i Q i Q i i
T T

s i F i

 
 

= + − +     =  
 

− 

  (3.27) 

 

The IDEAS distribution network for this problem indicates that ( )PF i , ( )Ph i , and ( )Ps i   

can be determined by mixing the streams originated in all other points of the network that feed 

the reactive flash i , excluding any self-recycling flow as shown in the component balance 

presented in Eq.(3.18). Thus, the equivalent energy flow entering the control volume of the thi  

reactive flash separator is shown in Eq.(3.28). 

  ( ) ( )

( ) ( )

( ) ( )

( ) ( )

1

1

1

,

, ; 1,...,

,

M
I PI

j

P P L PL

j
j i

V PV

j
j i

h j F i j

h i F i h j F i j i

h j F i j

=



=




=


 
 
 
 
 
 

= +  =  
 
 
 

+ 
  







  (3.28) 

 

For the enthalpic flow entering the control volume an important assumption is that the 

control volume encompasses the mixing point in the DN. Therefore, the rate of entropy 

generation due to mixing is considered an internal irreversibility and its occurrence is accounted 
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in GS . Considering this fact, the entropic flow entering the control volume of the thi  reactive 

flash separator is presented in Eq.(3.29). 

 

 ( ) ( )

( ) ( )

( ) ( )

( ) ( )

1

1

1

,

, ; 1,...,

,

M
I PI

j

P P L PL

j
j i

V PV

j
j i

s j F i j

s i F i s j F i j i

s j F i j

=



=




=


 
 
 
 
 
 

= +  =  
 
 
 

+ 
  







  (3.29) 

 

In Eq.(3.28) and (3.29), M  represents the number of network inlets while ( )Ih j and 

( )Is j  represent the total enthalpy and total entropy of the thj  inlet stream, respectively. 

Considering that, the energy and entropy balances in each reactive flash separator in the OP can 

be rewritten as shown in Eq.(3.30) and (3.31). 

 ( )

( ) ( ) ( ) ( )

( ) ( )

( ) ( )

( ) ( )

1

1

1

,

; 1,...,,

,

L L V V

M
I PI

j

L PL

j
j i

V PV

j
j i

h i F i h i F i

h j F i j

Q i ih j F i j

h j F i j

=



=




=


 +
 
 −
 
 
 

=  =  −
 
 
 

− 
 
 







  (3.30) 
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 ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )
( ) ( )

1

1

1

,

0; 0, 0, 1,...,,

,

L L

V V

M
I PI

j
H C

H C
L PL

G H C

j
j i

V PV

j
j i

s i F i

s i F i

s j F i j

Q i Q i
S i Q i Q i is j F i j T T

s j F i j

=



=




=


 +
 
+ 
 
 −
 
 

= − +     =  −
 
 
 
 −
 
 
  







 (3.31) 

 

Equations (3.8) and (3.9) show the splitting balance when the ( )LF i  liquid and ( )VF i  

vapor flows enter the DN’s after being processed in the OP. Thus, Eq.(3.30) and (3.31) can be 

rewritten as a function of all the flows present in the DN, as presented in Eq.(3.32) and . 

 ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( )

1 1

1 1

1 1

1

, ,

, ,

; 1,...,

, ,

,

N
L OL L PL

j j
j i

N
V OV V PV

j j
j i

M
I PI L PL

j j
j i

V PV

j
j i

h i F j i h i F j i

h i F j i h i F j i

Q i i

h j F i j h j F i j

h j F i j



= =




= =




= =




=


  
  +
  
   
 

  
  + +
  

=  =    
 
 − −
 
 
 
 −
 
 

 

 

 



  (3.32) 
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( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

( ) ( )

1

1

1

1

1

1

1

,

,

,

,

,

,

,

N
L OL

j

L PL

j
j i

N
V OV

j

V PV

j
j iG

M
I PI

j

L PL

j
j i

V PV

j
j i

s i F j i

s i F j i

s i F j i

s i F j i

S i

s j F i j

s j F i j

s j F i j

=



=


=



=


=



=




=


  
+  

  
  
+  

  
  
  

+  
  
+  

+  
  =  
 
 −
 
 
 −
 
 

 −



 















( ) ( )
( ) ( ); 0, 0, 1,...,

H C

H C

H C

Q i Q i
Q i Q i i

T T
− +    = 







 (3.33) 

  

The value of the heat transferred to each reactive flash can have negative or positive 

values, indicating that heat is either released by the system or given to the system, respectively. 

This value depending on the energy needs of each given unit during the synthesis process, so the 

identification of either endothermicity or exothermicity in each reactive flash is established by 

the optimization process. The calculation of the entropy generation rate follows the energetic 

needs of the reactive flash, transferring (rejecting) heat to (from) the system using the infinite 

reservoir at ( )CT  accordingly.  

A variable that accounts for the total rate of entropy generation in the system, tot

GS , has 

been added to the model with an upper bound constraint ( )
ub

tot

GS , as shown in Eq.(3.34), so that 

the total reactive holdup in the system can be controlled during the synthesis process. 
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 ( ) ( )
1

ub
tot tot

G G G

i

S S i S


=

=    (3.34) 

 

The ability to bound the total rate of entropy generation is a key element on the minimization 

problem pursued in this work. 

 

3.3.3. IDEAS ILP approximation by finite LPs 

The IDEAS framework creates an infinite linear programming (ILP), which cannot be 

solved explicitly. Nevertheless, its solution can be approximated by a series of finite linear 

programming of increasing size, whose sequence of optimum values converges to the infinite 

dimensional problem’s infimum. Thus, if one considers a finite number G  instead of an infinite 

number of dimensions, where G  corresponds to the number of reactive flash separators 

available for the synthesis problem, the problem becomes an LP which in turns is convex and 

can be solved by a variety of different LP solvers.  

The ILP approximation occurs when one allows G  to contain an ever-increasing number 

of reactive flash-separator units, such that the optimum objective function values of each LP 

solved forms a non-increasing sequence that converges to the ILP infimum. Thus, considering 

that the optimal value for the corresponding finite LP is  , and that the finite LP can be solved   

times using an ever-increasing number G  of reactive flash separators, i.e. 

( ) ( ) ( )1 2 ...G G G    , the resulting optimal values of each finite LP form a non-increasing 

sequence ( ) ( ) ( )1 2 ...      , which converges to the infimum of the ILP when  → . 

The convergence to the infimum is shown in the case study presented in this work. 
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3.3.4. Objective function and final IDEAS LP formulation 

In order to find a solution for the total entropy generation minimization problem, the 

external irreversibility caused by the heat transfer term must be calculated. The objective 

function presented in Eq.(3.35) has been used in this work, where G  corresponds to the number 

of reactive flash separators in the OP for the finite LP formulation and IDEAS ILP procedure 

infimum approximation. 

 ( ) ( )
1

min
G

H C

i

Q i Q i
=

 +    (3.35) 

 

The physical meaning of HQ  and CQ  are consistent with common design variables used in 

defining heat or cooling needs of a process unit, and represents the heat consumed or discarded 

by the system, respectively. The energy balance and entropy balance constraints are shown in 

Eq.(3.36) to (3.38). 

( ) ( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( )

1 1

1 1

1 1

1

, ,

, ,

0 ; 1,...,

, ,

,

N G
H C L OL L PL

j j

N G
V OV V PV

j j

M G
I PI L PL

j j

G
V PV

j

Q i Q i h i F j i h i F j i

h i F j i h i F j i

i G

h j F i j h j F i j

h j F i j

= =

= =

= =

=

  
− − +  

  
 

  − +    =  = 
 

+ + 
 
 

+ 
 

 

 

 



  (3.36) 

 

 ( ) ( )0; 0H CQ i Q i    (3.37) 
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( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( )

( ) ( )

1 1

1 1

1 1

1

, ,

, ,

; 1,...,

, ,

,

N
L OL L PL

j j
j i

N
V OV V PV

H C

j j
j iG H C

M
I PI L PL

j j
j i

V PV

j
j i

s i F j i s i F j i

s i F j i s i F j i
Q i Q i

S i i G
T T

s j F i j s j F i j

s j F i j



= =




= =




= =




=


  
  +
  
   
 

  
  + +
  

= − +  =   
 
 − −
 
 
 
 −
 
 

 

 

 



  (3.38) 

 

Thus, the final IDEAS finite LP formulation for the total energy minimization problem in 

a reactive distillation network has the objective function shown in Eq.(3.39), subject to the 

constraints presented in Eqs.(3.4), (3.11), (3.12), (3.15), (3.17), (3.19), (3.21), (3.22), (3.23), 

(3.24), (3.25), (3.34), (3.36), (3.37) and (3.38), all summarized in Eq.(3.39), where totQ  is used 

to store the value of optimal solution. 

( ) ( )tot

1

min

. .

G

H C

i

Q Q i Q i

s t

=

 = +     (3.39) 

( ) ( ) ( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( )

( ) ( )

1 1

1 1

1 1 1

1

, ,

, ,

0 1,...,

, ,

,

N G
L OL L PL

H C

j j

N G
V OV V PV

j j

M n G
I I PI L PL

k k

j k j

G
V PV

j

Q i Q i h i F j i h i F j i

h i F j i h i F j i

i G

z j h j F i j h j F i j

h j F i j

= =

= =

= = =

=

  
− − +  

  
 

  − +    =  = 
 

+ + 
 
 

+ 
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( )
( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( )

( ) ( ) ( ) ( ) ( ) ( )

1 1

1 1

1 1 1

, ,

, , 0 1,...,

, , ,

H C N
L OL L PL

G H C
j j

j i

N
V OV V PV

j j
j i

M
I PI L PL V PV

j j j
j i j i

Q i Q i
S i s i F j i s i F j i

T T

s i F j i s i F j i i G

s j F i j s j F i j s j F i j



= =




= =


 

= = =
 

  
  + − − +
  
   
 

  
  − + =  =  
    
 
+ + + 

 
  

 

 

  

  

( ) ( ) ( )
1 1

, , 0 1,...,
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Since all variables represent physical quantities (flowrate, catalyst amount, stage volume, 

stage duty), they can have only non-negative values. In addition to that, the total reactive holdup, 

total capacity, total flow, total energy consumption, and total entropy generated can have their 

upper bound specified in the synthesis process. 

Since the objective function is being used to identify the correct direction of the heat 

transferring in each flash, the minimum rate of entropy generation in the reactive separation 

process is identified by tightening the value of ( )
ub

tot

GS  in the LP presented in Eq.(3.39), until the 

system becomes infeasible. 
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3.3.5. Enthalpy and entropy model discussion 

In general, for a multicomponent mixture of n  species and component molar fraction 
iz , 

the molar enthalpy is quantified by summing its ideal value idh  with its excess value Eh  53, as 

shown in Eq.(3.40). 

  ( )  ( )  ( )1 1 1
, , , , ,

n n nid E

k k kk k k
h T P z h T z h T P z

= = =
= +   (3.40) 

 

Since the ideal model is independent of pressure, each component enthalpy can be evaluated at 

the mixture pressure instead of its correspondent component partial pressure 53. Therefore, due to 

the summability relation of the partial properties, the ideal mixture molar enthalpy can be 

calculated as shown in Eq.(3.41). 

  ( ) ( )
1

1

,
n

nid

k k kk
k

h T z z h T
=

=

=   (3.41) 

 

The excess molar enthalpy Eh  can be evaluated from the excess Gibbs free energy EG , which is 

a function of the mixture temperature, pressure, and composition. Moreover, the excess Gibbs 

free energy can be expressed in terms of the components’ fugacity pressure 53. In this case study 

present in this work, the mixture is considered to be ideal. Thus, the excess molar enthalpy Eh  is 

considered zero and the molar enthalpy of the multicomponent mixture h  is equal to its ideal 

value idh , as shown in Eq.(3.42). 

  ( )  ( ) ( )
1 1

1

, ,
n

n nid

k k k kk k
k

h T z h T z z h T
= =

=

= =   (3.42) 
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Any applicable model can provide enthalpy values. The choice depends primarily on the 

nature of the fluids. For a reactive flash separator operating at constant pressure, the total molar 

enthalpy h  is a function of temperature, and composition only. Therefore, one can write the 

liquid and vapor enthalpies of the thk  component in the thi  reactive flash as shown in Eq.(3.43) 

and (3.44) below: 

 ( ) ( ) ( )( )
 

 

1,...,
, ;

1,...,

L L

k k k

k n
h i h T i x i

i G

 
=

 
  (3.43) 

 ( ) ( ) ( )( )
 

 

1,...,
, ;

1,...,

V V

k k k

k n
h i h T i y i

i G

 
=

 
  (3.44) 

 

Let the heat capacity be denoted 
,p L

kC  and 
,p V

kC  for the liquid and vapor of component k , 

respectively. Then the thk  component molar liquid and vapor enthalpy is given by Eq.(3.45) and 

(3.46). 

 ( ) ,L p L

k kh T C dT=    (3.45) 

 ( ) ,V p V

k kh T C dT=    (3.46) 

 

The thk  component enthalpy of formation 
0

kh  is by definition the enthalpy of the pure component 

at the standard reference state, i.e., temperature equals 25oC and pressure equals 1 atm. Thus, 

assuming a 3rd order polynomial that correlates both liquid and vapor heat capacities of species   

k  , as shown in Eq.(3.47) below,  

 2 3

,1 ,2 ,3 ,4

P

k
k k k k

C
c c T c T c T

R
= + + +   (3.47) 

 

the enthalpy from the temperature of the reference state 
0T  to the operating temperature T  one 

can be solved as shown in Eq.(3.48). 
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2 3 4

2 3 4

T

k k k k k k
T

T T T T

k k k k
T T T T

T

k k k k

T

k k k k

h T h T R c c T c T c T dT

R c dT c T dT c T dT c T dT

R R R
Rc T c T c T c T

R R R
Rc T T c T T c T T c

− = + + + =

 = + + + =
  

 
= + + + = 
 

    = − + − + − +        



   

( )
4

4 0

,4 T T −
  

  (3.48) 

 

In the reactive flash separator outlets, the multicomponent mixture streams exit the 

system in saturated forms, either liquid or vapor, depending on the flash separator outlet. If pure 

species k  is liquid at the standard condition, i.e., 0T  is lower than the species normal boiling 

point 
b

kT , the fraction of k  that appears in the mixture at the vapor outlet must consider its the 

heat of vaporization regardless of the flash temperature. The same approach is valid when pure 

species k  is in vapor phase at standard condition ( )0 b

kT T  and shows up in the liquid output of 

a multicomponent list at VLE conditions. In the latest case, the component k  enthalpy at the 

mixture liquid stream should consider the heat necessary for its liquefaction. By defining 
b

k  as 

the dimensionless heat of vaporization of species k , this approach is described below by 

Eq.(3.49) and (3.50) for the liquid and vapor enthalpic contribution of species k  in a mixture, 

respectively. 

 

 
( )

( )

0

0

;

;

L b

k k k

L b b b

k k k k k

h h T if T T

h h T RT if T T

 = 


= − 

  (3.49) 

 
( )

( )

0

0

;

;

V b b b

k k k k k

V b

k k k

h h T RT if T T

h h T if T T

 = + 


= 

  (3.50) 
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Separations of different species in both reactive and non-reactive flashes rely on vapor-

liquid equilibrium (VLE) conditions to occur. Thus, once species composition is specified in a 

flash liquid outlet for example, the vapor molar fractions the flash’s operating temperature are 

also fixed due to the equilibrium conditions and can be calculated iteratively. This procedure was 

successfully used in several applications featuring reactive and non-reactive distillation systems 

18,19,29. Considering that the reactive flash’s temperature, pressure, and outlet compositions are 

fixed by the VLE condition, so are the specific total molar enthalpies at the outlets, regardless of 

the enthalpy model used. Thus, by recalling Eq.(3.42) for the reactive flash separator presented 

in this work, the total molar enthalpy for the vapor and liquid mixture streams exiting each flash 

have the form shown in Eq.(3.51) and (3.52) , respectively, under the conditions presented in 

Eq.(3.49) and (3.50). 

 ( ) ( ) ( )  
1

; 1,...,
n

L L

k k

k

h i x i h i i G
=

=     (3.51) 

 ( ) ( ) ( )  
1

; 1,...,
n

V V

k k

k

h i y i h i i G
=

=     (3.52) 

 

The entropy model used in this work follows the assumptions and procedure presented 

above for the enthalpy model. Let the heat capacity of the pure substance k  be denoted 
p

kC . Then, 

for an isobaric system, the infinitesimal variation of the entropy for the thk  substance is only a 

function of the temperature, as shown in Eq.(3.53). 

 ( )

Isobaric
System

p p

k k k k

dT dP dT
ds C R s T C

T P T
= −  =    (3.53) 
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Thus, considering that the heat capacity of the liquid 
,p L

kC  and vapor 
,p V

kC  phases of the thk  

pure substance can be described by a continuous function for example, the thk  component molar 

liquid and vapor entropy for an isobaric system is given by Eq.(3.54) and (3.55). 

 

 ( ) ,L p L

k k

dT
s T C

T
=    (3.54) 

 

 ( ) ,V p V

k k

dT
s T C

T
=    (3.55) 

 

Considering the 3rd order polynomial shown in Eq.(3.47), the entropy variation for pure 

component k  from the temperature of the reference state 0T  to the operating temperature T  can 

be calculated as shown in Eq.(3.48). Considering the assumptions presented, although entropy 

variation depends only on temperature, the value of the entropy at the reference state depends on 

the pressure of the reference state 0p . 
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( )

( ) ( ) ( )
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0

,10 0 0 0 2
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2 3
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2 3
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2 3
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2 3
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T
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s T p s T p R c c T c T dT

T

R R
Rc T Rc T c T c T

T R R
Rc Rc T T c T T c T T

T

  
− = + + + =  

  

 
= + + + = 
 

     = + − + − + −         



  (3.56) 

 

The liquid and vapor entropy values for each component in the mixture follows the approach 

presented previously for enthalpy calculations, i.e., for liquid (vapor) entropy of a component in 

the mixture in which the temperature is above (below) the component’s boiling point, latent heat 

is considered as presented in Eq.(3.57) and (3.58). 
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k k k
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L bk
k k kb
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R
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  (3.57) 
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0

0

;

;

b
V bk
k k kb

k

V b

k k k

R
s s T if T T

T

s s T if T T


= + 


 = 

  (3.58) 

  

Thus, the total entropy for the liquid and vapor phases of an ideal mixture of pure component k  

exiting each flash have the form shown in Eq.(3.59) and (3.60), respectively, where the 

individual species entropy value are calculated using Eq.(3.57) and (3.58). 

 ( ) ( ) ( ) ( ) ( )  
1 1

ln ; 1,...,
n n

L L

k k k k

k k

s i x i s i R x i x i i G
= =

= −      (3.59) 

 

 ( ) ( ) ( ) ( ) ( )  
1 1

ln ; 1,...,
n n

V V

k k k k

k k

s i y i s i R y i y i i G
= =

= −      (3.60) 

 

The equations above show that even for ideal substances the relation between pure substance’s 

entropy and the entropy of mixtures has a component that accounts for the entropy generated in 

the mixing process. The formulation described in this session, based on the IDEAS framework 

and applicable thermodynamic concepts, was applied in a study case featuring the metathesis of 

2-pentene. 
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3.4. Case study: Olefin metathesis 

3.4.1. Thermodynamic data and problem specifications 

The study case shows a continuation of the work done previously involving the 

metathesis reaction, a process commonly used in the petrochemical industry to rebalance the 

light olefins originated during the catalytic and steam cracking processes. In this case study, the 

minimization of the rate of entropy generated is investigated through the IDEAS framework. The 

metathesis of 2-pentene is assessed in this intensification study of reactive separation networks. 

The overall metathesis reaction is shown in Eq.(3.61). 

 
5 10 4 8 6 122C H C H C H+   (3.61) 

 

The hydrocarbons involved in this system are similar in chemical structure, and 

deviations from ideality are negligible. Moreover, the components in the mixture have normal 

boiling points temperatures that are far from each other – 2-pentene at 310 K, 2-butene at 277 K, 

and 3-hexene at 340 K – allowing an easy separation through distillation process.  

This reactive distillation system has negligible heat of reaction and, due to this fact, the 

system can run at atmospheric pressure or other low-pressure operating values without 

significant changes on the value of the equilibrium constant. Considering 2-pentene as the 

reference component, the temperature dependent rate expression is given by Eq.(3.62) (Chen et 

al. 2000),  while the reaction equilibrium constant eqK  and the kinetic rate constant ( )1

fk h−  are 

shown in Eq.(3.63) and Eq.(3.64), respectively: 

 
4 8 6 12

5 10

2 C H C H

f C H

eq

a a
R k a

K

 
= −  

 
  (3.62) 

 0.25eqK =   (3.63) 
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 ( )( ) ( )3321.25 11.0661 10
T K

fk e h
− −=    (3.64) 

 

The ideal behavior of this system allows the consideration of both the fugacity and the 

activity coefficient functions are equal the unity and Raoult’s law is assumed. Moreover, the 

values of the species’ molar fractions can be used in place of the respective activity coefficient in 

Eq.(3.62). Antoine’s model is used to calculate the saturated pressure of each component in the 

mixture, and coefficients can be found in Table 3.1 for T  in K and P  in Pa.  

 

Table 3.1. Antoine coefficients for 2-butene, 2-pentene, 3-hexene (Okasinski and Doherty 1998). 

 4 8k C H=  
5 10k C H=  

6 12k C H=  

1,kA  20.6909 20.723 20.7312 

2,kA  −2202.188 −2462.02 −2680.52 

3,kA  −36.578 −42.391 −48.401 

 

 

As demonstrated in previous works18,19,29, for a fixed value of the operating pressure P  

and for an specified liquid outlet composition, the respective bubble point temperature, reaction 

rate, and vapor outlet composition can be calculated iteratively by changing ( )T i  in Eq.(3.65) 

until the sum of the molar fractions in the vapor phase is equal to unity, as specified in Eq.(3.68).  

 ( )
( )( )

2,

1, 5 10 8 8 6 12

3,

ln ; , ,
ksat

k k

k

A
P i A k C H C H C H

T i A
= +  =

+
  (3.65) 

 

 ( )
( ) ( )( )

5 10 8 8 6 12; , ,

L sat

k kV

k

x i P T i
y i k C H C H C H

P
=  =   (3.66) 

 

 ( ) ( )( ) ( )( )
( ) ( )

4 8 6 12

5 10

23321.251.0661 10
0.25

T i C H C H

C H

x i x i
R i e x i

−  
=  − 

 
  (3.67) 
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 ( ) ( ) ( )
5 10 4 8 6 12

1 0V V V

C H C H C Hy i y i y i+ + − =   (3.68) 

 

The coefficient values of the third order polynomial shown in Eq.(3.47), applied in the 

calculation of both liquid and vapor heat capacities, as well as the value of the dimensionless 

heat of vaporization for the 2-pentene metathesis system, are shown in Table 3.2. 

 

Table 3.2. Thermodynamic data for the metathesis of 2-pentene (Okasinski and Doherty 1998). 

Component: 
4 8k C H=  

5 10k C H=  
6 12k C H=  

    

Liquid Heat Capacity    

1,kc  13.357 21.224 19.897 

2,kc  −3.9752E−03 −6.9842E−02 −1.4182E−02 

3,kc  3.3249E−05 2.5206E−04 8.2626E−05 

4,kc  0.0 −1.7167E−07 0.0 

    

Vapor Heat Capacity    

1,kc  −6.256E−01 −1.8739 −2.9336 

2,kc  3.8721E−02 5.6102E−02 7.1697E−02 

3,kc  −1.6763E−05 −3.1656E−05 −4.3559E−05 

4,kc  1.877E−09 6.9946E−09 1.0609E−08 

    

Normal Boiling  

Point (K) 

276.87 310.08 339.60 

    

Dimensionless Heat of 

Vaporization 

10.178 10.294 10.166 

 

Enthalpy and entropy calculations are based in the values shown in the table above, 

employed using Eq.(3.49) to (3.52), and (3.57) to (3.60), respectively. 
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For the reactive distillation process in this case study, the distribution network of IDEAS 

is set to have one inlet stream of pure 2-pentene at saturated liquid state, i.e., feed quality 1q =  

as defined by Doherty and Malone 54, and two outlets streams: the first rich in 2-butene at 

saturated vapor state and the second rich in 3-hexene at saturated liquid state. Simulations were 

performed for the operating conditions specified in Table 3.3. 

 

Table 3.3. Specifications for the 2-pentene metathesis problem example. 

    

Feed Flow (kmol/h) 100 

Outlet Flow 1 (Distillate) (kmol/h) 50 

Outlet Flow 2 (Bottom) (kmol/h) 50 

Residence Time (s) 60 

Operating pressure (bar) 1 

Feed quality 1 

  

Inlet molar fractions  

C4H8 0.0000 

C5H10 1.0000 

C6H12 0.0000 

  

Outlet molar fraction target bounds  
Outlet Flow 1  

C4H8 0.9800 - 1.0000 

C5H10 0.0000 - 0.2000 

C6H12 0.0000 - 0.2000 

  

Outlet Flow 2  
C4H8 0.0000 - 0.2000 

C5H10 0.0000 - 0.2000 

C6H12 0.9800 - 1.0000 

    

 

3.4.2. Discretization strategy and IDEAS convergence 

The strategy developed to discretize the ternary liquid composition space follows the 

concept presented in a previous works 19, where different discretization steps were used in 
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different regions of the composition domain to generate a finite set of reactive flash separators. 

In this work, three different regions are considered in the discretization strategy, whose limits are 

specified by the molar fractions   and  , as shown schematically in Fig. 3.3. 

 

Figure 3.3 - Discretization strategy for the ternary liquid molar fraction domain 

 

 

 Considering that the total energy minimization and the entropy generation minimization 

have similar behavior in relation to the impact of the discretization in each region, the 

discretization sets used in this work follows the sets used in the total energy minimization 

problem for the same system. 

 The IDEAS full convergence plot for a minimum purity of 87.5% in the separation 

products is shown in Fig. 3.4. This result was obtained by setting 0.75 =  and 0.875 = as the 

region edges, and for the discretization shown in Table 3.4. 
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Table 3.4. Optimal value for the minimum entropy generation problem (87.5% purity, 0.75 = , 

0.875 = ) per discretized set in regions I, II and III 

Discretized step size 
Number of 

Flashes in G 

Minimum total 

entropy generation 

(kJ/K.s) Region I Region II Region III 

1/16 1/8 1/8 92 14555.70 

1/16 1/16 1/8 120 5650.86 

1/16 1/16 1/16 153 7813.20 

1/32 1/32 1/16 243 6655.22 

1/32 1/32 1/32 561 5740.74 

1/64 1/64 1/32 885 5572.83 

1/128 1/64 1/32 1209 5503.05 

 

 

Figure 3.4 - IDEAS convergence plot for the minimum entropy generation problem in the 

metathesis of 2-pentene (87.5% purity in the products). 
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3.4.3. IDEAS minimum entropy generation results 

The optimization problem presented in Eq.(3.43) is used to find the minimum total 

entropy generated by reactive separation systems performing the 2-pentene metathesis process. 

To define the finite set used by the IDEAS OP, a discretization level of 1/256, 1/128, and 1/32 

was employed in regions I, II, and III, respectively. The total number of reactive flash separators 

in the set G  is 1065, which is the result obtained when 0.96875 =  and 0.875 = are specified 

as the edges of the regions inside the liquid molar fraction domain. 

A 2-pentene metathesis system simulated in UniSim® Design, featuring a reactor 

followed by sequence of distillation columns (Fig.2.6), is considered the baseline for comparison 

with the results obtained by the IDEAS approach. The system consists of a reactor operating with 

48% conversion, which is close to the equilibrium conversion of 50%. The effluent from the 

reactor is sent to a distillation column (T-101) that separates the ternary mixture into a 2-butene 

stream with 98% purity at the distillate (saturated vapor state), and a binary mixtures of 2-

pentene and 3-hexene at the bottom. Following that, the bottoms from the T-101 are sent to the 

distillation column T-102, where 3-hexene is separated at the bottom with a 98% purity. The 

distillate stream rich in 2-pentene from T-102 is recycled to the reactor. The input conditions, 

output production, and purity target of this baseline design are the same used in the IDEAS 

simulation, as listed in Table 3.3. The total entropy generated by the baseline configuration 

system is 17,788.73 kJ/(h.K). 
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Figure 3.5 – UniSim® baseline for the Metathesis of 2-Pentene 
 

 

The minimum entropy generation rate obtained through IDEAS was 7,480.91 kJ/(h.K), 

which can be considered a close approximation to the global minimum that this technology can 

achieve for the conditions specified in Table 3.3. The results obtained by the IDEAS reactive 

separation network shows that the optimized system generates 57.94% less entropy than 

proposed baseline design. The results are shown in Fig.3.6 for comparison. 
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Figure 3.6 - Comparison between IDEAS results and Baseline 

 

The connection between the amount of irreversibilities in reactive distillation systems and 

the design of corresponding intensified system is assessed in this work. The goal is to rigorously 

quantify tradeoffs between the network’s total entropy generation and its total capacity. The LP 

problem presented in Eq.(3.39) is solved several times with an increasingly smaller value for the 

capacity upper bound until it reaches the feasibility limit, which allows the identification of the 

minimum entropy generation rate for each feasible capacity value needed to deliver the desired 

purity specifications. The tradeoff curve for the metathesis study case and the indication of the 

feasible region are presented in Fig.3.7. 
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Figure 3.7 - Minimum entropy generation rate limit for the 2-pentene metathesis problem 

for different network capacity values (feasible region in green). 

 

As expected for a globally optimal synthesis problem, the minimum entropy generation 

rate and the minimum energy consumption, presented in another work, have a similar pattern. 

The indication, that size-intensified reactive distillation processes may require more energy, 

seems more meaningful when considered in the light of entropy generation: an intensified system 

close to the feasible limit will inevitably be more irreversible if further intensified. Nevertheless, 

systems that are located far from the performance limit curve can possibly enjoy energy, size, 

and irreversibility reductions through process intensification. 
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3.5. Conclusions 

 

The Infinite DimEnsionAl State-Space (IDEAS) framework is used as a tool to identify 

the performance limits of reactive separation systems featuring the minimization of the total 

entropy generation rate of the system. The rate of entropy generation measures the amount of 

irreversibilities in a given process, indicating by how much a system is far from its ideal 

configuration, and serving as a comparison tool between different process configurations. A 

model for the evaluation of entropy generation using an isobaric reactive vapor-liquid 

equilibrium flash separator, with liquid holdup, capacity, and a distributed heat (cooling) system. 

Kinetically and/or equilibrium limited reactions are assumed to occur in the liquid phase. A 

formulation of the mass, energy and entropy balances is then developed through the IDEAS 

approach. The procedure leads to a linear convex problem formulation, in which the optimal 

solution is guaranteed to be global over all possible network configurations. The model was used 

in the investigation of reactive separation for olefin metathesis. The case study features the 

metathesis of 2-pentene to form 2-butene and 3-hexene, an important chemical process for the oil 

industry. The minimum total energy required by the system was considered as the problem’s 

objective while the minimum total entropy generation rate was obtained through tightening the 

respective variable during the solution process. Results were obtained for unbounded systems 

and for increasingly smaller capacity values, a variable of interest for process intensification. The 

goal is to rigorously quantify tradeoffs between the network’s irreversibilities and its total 

capacity.  

The globally minimized total entropy generation rate found through the application of 

IDEAS in the reactive-separative metathesis system was 7513.62 kJ/(K.s). Using a traditional 
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reactor-followed-by-separation-system scheme as a baseline, the optimized IDEAS based 

reactive separation network generates 57.94% less entropy than proposed baseline design.  

The tradeoff curve for minimum total entropy generation rate shows that the amount of 

irreversibility connected to reactive separation systems increases for reductions in the capacity 

value. This result is consistent with the energy implications shown in other works, and implicates 

that not only energy consumption increases, but also the irreversibility of the system increases 

with the system’s intensification. Nevertheless, systems located far from the performance limit 

curve in the minimum entropy generated-capacity space can pursue further reductions in both 

energy consumption, size, and irreversibility of processes through process intensification.  

 

3.6. Notation 

Thermodynamic Variables: 

P    Reactive flash separator pressure ( )Pa   

 T    Reactive flash separator temperature ( )K   

( )V

ky i    thk Species equilibrium vapor composition leaving the thi unit ( )dim  

( )L

kx i    thk Species equilibrium liquid composition leaving the thi unit ( )dim  

( )sat

kP T   thk Species temperature dependent saturated vapor pressure ( )Pa  

 ( )1
, ,

n
V

k l
l

y T P
=

 thk Species non-ideal fugacity coefficient 
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 ( )1
,

n
L

k l
l

x T
=

 thk Species non-ideal liquid activity coefficient 

ka    Activity of the thk species ( )dim  

,j kA    Antoine equation thj  parameter of the thk species ( )dim   

eqK    Reaction equilibrium constant ( )dim   

fk    Forward reaction rate constant ( )1/h   

 

IDEAS Variables: 

( )IF i    thi DN inlet stream

 

( )OF i    thi DN outlet stream 

( )LF i    thi  OP liquid outlet 

( )VF i    thi  OP vapor outlet 

( ),OIF i j   thj DN inlet stream to thi DN outlet 

( ),PIF i j   thi  OP inlet stream from thj DN network inlet 

( ),OLF i j   thi  DN outlet stream from thj OP liquid outlet 

( ),OVF i j   thi  DN outlet stream from thj OP vapor outlet 
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( ),PLF i j   thi  OP inlet stream from thj OP liquid outlet 

( ),PVF i j   thi  OP inlet stream from thj OP vapor outlet 

( )H i    Reactive holdup of the thi  reactive flash separator unit in the OP 

( )C i    Capacity of the thi  reactive flash separator unit in the OP 

( )HQ i    Heat transferred to the thi  reactive flash separator unit in the OP 

( )LQ i    Heat released by the thi  reactive flash separator unit in the OP 

( )I

kz i    thk species, thi DN inlet stream composition 

( )O

kz i    thk species, thi DN outlet stream composition 

( )( )
l

O

kz i   thk species, thi DN outlet stream composition vector, lower bound 

( )( )
u

O

kz i   thk species, thi DN outlet stream composition vector, upper bound 

( )L

kx i    thk species, thi OP liquid outlet composition 

( )V

ky i    thk species, thi OP vapor outlet composition 

G   Total number of reactive flashes in the OP  

M   Number of IDEAS network inlets 

N   Number of IDEAS network outlets 
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4. CHAPTER 4 

Process Intensification of Multi-Pressure Reactive Distillation Networks Using IDEAS 

 

4.1. Abstract 

The Infinite DimEnsionAl State-Space (IDEAS) conceptual framework is put forward as 

an intensification tool for the synthesis of globally optimal, multi-pressure, reactive, azeotropic, 

distillation networks. To this end, a unit operation model is proposed for reactive vapor-liquid 

equilibrium flash separators employed as network building blocks, and the concepts of reactive 

holdup, and capacity are introduced as network performance metrics. The method is 

demonstrated on a case study involving MTBE production using multi-pressure reactive 

distillation of methanol/isobutene/MTBE azeotropic mixtures. The globally optimal solutions for 

the minimum total reactive holdup, minimum total flow, and minimum capacity problems are 

obtained for a dual-pressure reactive distillation process operating simultaneously at 1.0 atm and 

5.0 atm. For the problem of minimum capacity, the global optimum is found to have both 

reaction and pressure swing features, indicating those are complementary rather than competing 

technologies for process intensification purposes. 

 

4.2. Introduction 

Process intensification (PI) is a concept that encompasses any drastic improvement in 

chemical processing, substantially decreasing equipment volume, energy consumption and/or 

waste formation 1,2, aiming to maximize the effectiveness of chemical processes from molecular 
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to macro-scale level 3. Reactive distillation (RD) systems employ simultaneous reaction and 

distillative separation, offering a distinct set of advantages over conventional processes 

employing separate reactor and distillation units: improvements of selectivity and conversion, 

ability to overcome azeotropes, energy savings, and capital cost savings from the elimination of 

unit operations 4. A successful industrial implementation of reactive distillation is the methyl 

acetate production process by the Eastman Chemical Company, where a single reactive 

distillation column replaced eleven major operational units along with heat exchangers, pumps 

and controllers, reducing by five times the capital investment and energy consumption over a 

conventional design for methyl acetate production 5,6. 

The separation of azeotropic mixtures can often benefit from the use of pressure swing 

distillation (PSD) 7. Multiple columns at different pressures are used in the PSD process to 

bypass pressure-dependent azeotropic pinch points and to recover high purity products. Although 

RD and PSD are usually considered competing technologies 8, the implications of multiple 

operating pressures in reactive distillation processes are rarely explored. Indeed, the fact that 

only one of these technologies is sufficient to separate azeotropic mixtures discourages the 

exploration of synergies between those technologies. Nevertheless, from a PI perspective, the 

association or those two technologies is justified if the resulting system has advantages over all 

solutions that use those technologies separately.  

Different approaches have been proposed to assess and design reactive distillation 

systems 9–16,  including the residue curve maps approach 17,18, driving-force based design 

methods19,20, and mixed integer nonlinear programs (MINLP) numerical approaches 21–23. Those 

methods can be applied in the design of reactive distillation columns to rapidly provide feasible 

solutions, although none of them guarantees global optimality. 21–23The MINLP methods, for 
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instance, can lead to nonconvex optimization formulations, which also do not guarantee global 

optimality for typical optimization problem sizes. In addition, none of these methods takes 

allows for the occurrence of different operating pressure levels in the process network. 

In this paper, the Infinite DimEnsionAl State space (IDEAS) framework is applied to the 

synthesis of reactive distillation networks operating at different pressures. The networks are 

compound by reactive flash separators, which are surrogates for trays in distillation columns. 

The application of IDEAS framework to the synthesis problem can overcome the non-linearity of 

previous approaches and can lead to a globally optimum solution over all possible networks.  

The IDEAS conceptual framework has been successfully applied to the globally optimal 

synthesis of various types of process networks.  Some IDEAS applications include the synthesis 

of multicomponent mass exchange networks 24, ideal distillation networks 25,26, separator 

networks 27, power cycles 28, heat/power integrated distillation networks 29,30, reactive distillation 

networks 31,32, reactor network attainable region construction 33–42, azeotropic distillation 

networks 43, reactor networks 44–46, compressor sequences 47,48, batch reactor networks 49, and 

process network attainable region 50. 

 

4.3. IDEAS framework review 

In any process network synthesis task, a feasible network design is sought that can 

deliver a product from given raw materials using available process technologies. Many 

researchers have pursued process network synthesis over the years 51–54. One of the frameworks 

for this task is the Infinite DimEnsionAl State space (IDEAS) approach to process network 

synthesis, which has been developed in numerous publications over the years 24–50. IDEAS 
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organizes the flow of information in the network, leading to a simple and elegant formulation of 

the generalized process synthesis problem. The IDEAS framework can be explained by first 

exploring its structure, and then introducing the chemical properties that lead to important 

features such as linearity and convexity. 

The process network in IDEAS is decomposed into two blocks of operations (figure 4.1). 

The first is called the distribution network (DN). It is here that all mixing, splitting, recycling, 

and bypassing of process flow streams occurs. The second is called the process operator (OP). 

Here, all other process unit operations take place. The process input streams feed into and the 

process outlet streams emerge from the DN. The OP is fed by a set of streams from the DN and 

in turn feeds the DN. Additionally to this block organization, IDEAS framework uses a process 

operator whose domain and range lie in infinite dimensional spaces. This process representation 

allows the consideration of all possible process networks for an a priori given set of technologies. 

 

Figure 4.1 - IDEAS structure representation 



145 

Traditionally, process operations have been considered to take inlet stream information 

(such as flows, component concentration, enthalpies, and so on) and transform it to similar outlet 

stream information. The resulting process operators were nonlinear, giving rise to nonconvex 

optimal network synthesis formulations. The IDEAS framework provides a radical departure 

from this approach. It considers that the process operator takes extensive (quantity) inlet stream 

information, represented by ( )PF i  in Fig.4.1 (where 1,...,i =  ), available at its respective 

( )P i  intensive (quality) stream condition (that is, the thi  component concentration, enthalpy, 

and so on) and unit operation parameter conditions (that is, the thi  residence time, number of 

transfer units, and so on) and transforms it to extensive outlet stream information, represented by 

flow ( )MF i , available at the corresponding intensive outlet stream condition ( )M i  provided  

by the unit operation model.  

When viewed in this manner, it is easy for the reader to verify that the resulting IDEAS 

process operator OP is linear for any chemical process. This is the direct result of the following 

property of chemical processes: When their inlet flow rates are increased proportionally (without 

altering the other intensive inlet conditions), their outlet flow rates are also increased by the same 

proportion, while their intensive outlet conditions remain unaltered, as long as appropriately 

defined design parameters are kept constant. Heat exchangers, mass exchangers, reactors and 

reactive systems, distillation columns, flash drums, and all other chemical processes satisfy this 

property. 

The structure of IDEAS guarantees that all possible process networks are taken into 

account in the synthesis problem. Additionally, considering the linearity of the IDEAS process 

operator OP, a claim that the IDEAS representation gives rise to convex (linear) problem 

formulations can be made. Indeed, since the constraints in the DN are solely mixing and splitting 
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operations, the intensive (quality) information concerning any flow entering or leaving the DN is 

now fixed, resulting in DN constraints that are linear in the extensive (flow) variables. This fact, 

combined with the linear OP, results in a convex (linear) feasible region. Therefore, the IDEAS 

framework allows the formulation of convex (linear) process network synthesis problems that 

guarantee global optimality of the obtained solutions. 

The applicability of IDEAS to the reactive distillation problem can be assessed by 

checking the properties of both the DN and the OP for the chemical process model used to solve 

the design problem. In the DN, the model requisites are conservation of mass and conservation 

of quality related entities (component balances and energy balances, for instance). In chemical 

process, mass conservation is easily verified since it must hold throughout the flow distribution 

process, but if a spontaneous reaction can occur in the mixing process for instance, component 

balances may not hold in the DN. Nevertheless, even in such case, IDEAS can be applicable with 

a review of the proposed model that contemplates this reaction, transferring it to the OP or 

adding mixture constraints to the DN. In the OP, besides the application of the conservation laws 

for any chemical system, the model formulation of the process unit must guarantee the linearity 

of the OP with the mass flow. 

In this work, the reactive distillation process is modeled by using reactive flash separators 

as process units in the OP. Reactions can occur when catalyst is present, and no catalyst is used 

outside the process units. As a result, the DN conditions for IDEAS application hold for the 

proposed model. For the case study presented, energy balances are not incorporated in the 

reactive flash separator model since any cooling/heating required by the process can always be 

met after the network synthesis is carried out. In the IDEAS framework, changes in the flow 
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properties are carried by an infinite number of process units in the OP. In the next sections, the 

process unit model equations are presented, and the linearity of the OP is illustrated. 

4.4. Mathematical formulation 

4.4.1. Process unit model: Reactive flash separator 

In this work, the isothermal, isobaric reactive flash separator shown in Fig.4.2 is 

considered. The separator’s vapor and liquid output streams are in phase equilibrium with one 

another and depending on the reactive holdup H  – a surrogate for the amount of catalyst in the 

system – reactions may occur. A capacity variable C , which is associated to the liquid holdup, is 

considered in this flash separator model.  

 

Figure 4.2 - Representation of the reactive flash separator 

 

This approach not only gives to the flash the capability to act as a reactor and VLE 

separator simultaneously, but also has the flexibility to induce isolated process behavior, if 
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necessary. This induced behavior can be expressed as follows: if the reactive holdup is zero, the 

reactive flash separator acts as a VLE flash separator only; and if the synthesis process results in 

zero vapor stream from a specific flash, the separator behaves as a CSTR reactor only and 

delivers only a liquid exit stream. 

The reactive flash separator model is shown in Eq.(4.1). It employs a CSTR component 

balance formulation with no accumulation and vapor-liquid equilibrium at the outlets. 

  ( )1
, , 0 ; 1,...,

n
P L L L V V

k k j k k
j

f R x T P H x F y F k n
=

+ − − =  =   (4.1)  

 

Phase equilibrium condition for each thk -component in the mixture is obtained from the 

Gamma-Phi vapor-liquid equilibrium formulation as shown in Eq.(4.2), creating a correlation 

between the liquid molar fraction L

kx  with the vapor molar fraction V

ky  for each reactive flash 

separator.  

  ( )  ( ) ( )
1 1
, , , 1,...,

n n
V V L L sat

k k l k k l k
l l

y y T P P x x T P T k n 
= =

=  =   (4.2) 

 

For a given a reaction that is going to be carried out inside the reactive flash, the 

production or consumption rate 
kR  of the thk -component is usually defined by a kinetic rate 

expression, which is a function of the reaction rate constant ( )fk T , the equilibrium constant 

( )eqK T , the species activities ( ),i i ia x  and the species stoichiometric coefficients 
i , as shown in 

Eq.(4.3). 

 ( ) ( )
( )

( )
1

, ,
pr

k f r r r p p p

reactants productseq

R k T a x a x
K T


 

 
= −  

 
    (4.3) 
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The species activity for the thi -component in the mixture is related to the activity coefficient in 

the liquid phase and the liquid molar fraction as shown in Eq.(4.4). 

  ( )1
,

n
L

i i l il
a x T x

=
=   (4.4) 

 

Total balances are calculated from the molar fraction definition, Eq.(4.5) and Eq.(4.6), for 

the liquid and the vapor phases respectively, and Eq.(4.7) for the thk -component inlet flow P

kf . 

The component inlet flow P

kf  is equal to the total molar inlet flow 
PF  times P

kz , which is the 

molar fraction of the thk -component in the flash separator inlet stream. 

 
1

1
n

L

k

k

x
=

=   (4.5) 

 
1

1
n

V

k

k

y
=

=   (4.6) 

 ( )
1 1 1

1,.....,
n n n

P P P P P P

k k k

k k k

f z F F z F k n
= = =

 
= = =  = 

 
     (4.7) 

 

For a mixture containing n  different chemical species, a variety of thermodynamic 

models can be used to calculate the fugacity coefficient function  ( )1
, ,

n
V

k l
l

y T P
=

, the activity 

coefficient function  ( )1
,

n
L

k l
l

x T
=

 and the saturated pressure ( )sat

kP T  for the thk  species in the 

mixture. 

In this work, ideal gas behavior is assumed in the gas phase of the reactive flash 

separators, therefore  ( )1
, ,

n
V

k l
l

y T P
=

 is unitary for all species. The Wilson model is considered 
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in the calculation of the thk -component activity coefficient k  in the non-ideal liquid mixture, as 

shown in Eq.(4.8) and Eq.(4.9).  

  ( )( ) ( )
( )

( )

,

,
1

1 1
,

1

ln , 1 ln 1,

Ln n
n

i i kL L

k l j k j nl
Lj i
j i j

j

x T
x T x T k n

x T


=

= =

=

 
   
 = −  −  = 
    
 

 


  (4.8) 

 ( ) ,

, exp 1, ; 1,

L

j k j

k j L

k

V A
T k n j n

V RT

− 
 =  =  = 

 

  (4.9) 

 

The Antoine equation, Eq.(4.10), is used to calculate the vapor pressure ( )sat

kP T  of the thk

component in the mixture. 

 ( )( )ln 1,sat k
k k

k

B
P T A k n

T C
= +  =

+
  (4.10) 

 

Given the thermodynamic model presented, Eq.(4.2) can be solved iteratively for a 

specified operational pressure P of the reactive flash separator. As part of this procedure, for any 

given liquid molar fraction vector  
1

n
L

k k
x

=
, an initial temperature T is chosen to solve Eq.(4.8) to 

Eq.(4.10) for all components in the mixture. Then, Eq.(4.2) is solved for all V

ky  and the condition 

given by Eq.(4.4) is checked. If the condition holds, the vapor molar fraction vector  
1

n
V

k k
y

=
 is 

considered to be in phase equilibrium and the respective activity coefficients vector  
1

n

k k


=
 is 

considered valid. If the check fails, the initial temperature is slightly modified in the next 

iteration, until the condition returns true. Since uniqueness of the solution of Eq.(4.2) is not 
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guaranteed, a wide enough temperature interval is considered, so that all physically meaningful 

solutions can be identified. 

 

4.4.2. IDEAS ILP formulation for the multi-pressure RD synthesis problem 

To account for all possible multi-pressure reactive distillation network combinations, the 

process operator OP is connected with a distribution network (DN), which manages all flow-

related functions (splitting, mixing, origin, destination). The resulting IDEAS framework for the 

reactive distillation synthesis problem is shown in Fig.4.3. Each stream in the DN has a flowrate 

variable and fixed process conditions in the origin, which in the multi-pressure case are molar 

fractions and pressure. The identification of the destination/source pair for each flow variable is 

carried by superscripts: the DN inlet is identified as I , the DN outlet as O , the OP inlet as P , 

the liquid and vapor outputs from the OP as L  and V  respectively. In addition, the flow 

variables use a 4-tuple index to identify the elements of the OP that are being connected and their 

respective operating pressures. Variables representing the flash separator reactive holdup H  and 

capacity C  carry no superscript and are identified by the respective element of the OP and its 

operating pressure.  
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Figure 4.3 - : IDEAS representation for the multi-pressure reactive flash separator system 

 

A variety of infinite LP (ILP) formulations can be derived using the IDEAS framework. 

To simplify the application on the case study, a general ILP formulation is presented can be 

modified for any specific case. This formulation considers a system with M inlets, N  outlets, S  

different operating pressures, and a n  different species. At this point, one can define a generic 
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linear objective function as shown in Eq.(4.11) , where the vector X  includes all flows from the 

DN, all inlet flows, all reactive holdups and capacities for the reactive flashes in the OP. 

 Tc X   (4.11) 

 

The above objective function can compute a wide array of objectives through appropriate 

selection of the coefficients of Tc  associated with each of the problem’s variables. Such 

objectives may include total reactive holdup, total capacity, operating cost, capital cost, energy 

cost, pumping/compression cost, among many other options.  

The development of the constraints for the ILP general formulation uses mass and 

component balances on the DN, and the reactor model in the OP. For each ( )IF j  inlet flow 

entering the DN a splitting balance is considered, as shown in Eq.(4.12). 

 ( ) ( ) ( )
1 11

, , , 0 ; 1,...,
P

N S
I OI PI P

i ip

F j F i j F p i j j M


= ==

− − =  =    (4.12) 

 

A mixing balance, Eq.(4.13), is also considered for each ( )OF i  output flow (final product) 

leaving the DN: 

 
( ) ( ) ( ) ( )

1 1 11 1

, , , , , 0

1,...,

L V

M S S
O OI OL L OV V

j j jp p

F i F i j F p i j F p i j

i N

 

= = == =

− − − =

 =

  
  (4.13) 

 

The component flow ( ),P P

kf p i  that feeds the thi reactive flash operating at pressure 
Pp  

is calculated as the sum of the species flows feeding that specific the mixing point of the DN 

(component balance), as shown in Eq.(4.14). 
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  (4.14) 

 

Therefore, the total mass flow in this mixing node is represented by Eq(4.15). 
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  (4.15) 

 

A splitting balance is implemented for each ( ),L LF p j  liquid and ( ),V VF p j  vapor 

input flow entering the DN’s after being processed in the OP, as shown in Eq.(4.16) and 

Eq.(4.17). 

 ( ) ( ) ( )
1 11

1,...,
, , , , , , 0 ;

1,...,P

N S
L L OL L PL P L

L
i ip

j
F p j F p i j F p p i j

p S



= ==

 = 
− − =

 =
    (4.16) 

 

 

 ( ) ( ) ( )
1 11

1,...,
, , , , , , 0 ;

1,...,P

N S
V V OV V PV P V

V
i ip

j
F p j F p i j F p p i j

p S



= ==

 = 
− − =

 =
    (4.17) 

 

The reactive distillation process output is found on the DN outlet flows ( )OF i . Lower 

and upper bounds are introduced for these variables as design parameters, allowing the 

specification of the desired product in each DN exit. The mass balance for each flow variable 

exiting the DN is shown in Eq.(4.18). 
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 + + 
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  (4.18) 

 

The constraint presented in Eq.(4.18) can be rewritten as two independent constraints, Eq.(4.19) 

and Eq.(4.20): 
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1 1 11 1
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L V
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  (4.20) 

 

The specification of the final product in each exit is done by the definition of lower and upper 

bounds for each individual component at each of the DN’s outlets, as shown in Eq.(4.21). 
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   = 
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  (4.21) 

 

The reactive-separative functionality of the process units are carried through a component 

balance constraint for each reactive flash separator presented in the OP, as presented in 

Eq.(4.22). 
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For any reactive flash separator presented in Eq.(4.22), the process occurs at its 

respective operating pressure. To reflect this fact in the notation, the pressure superscript that 

identifies the origin of a given stream is adjusted to Fp , indicating the operating pressure of the 

flash actually carrying the process at that point, as shown in Eq.(4.23). 

 
( ) ( ) ( )

( ) ( ) ( ) ( )
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  (4.23) 

 

The set of equations presented can be combined to reduce the number of variables substituting 

Eq.(4.14), Eq.(4.16), and Eq.(4.17) in Eq.(4.23): 
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  (4.24) 

 

One can verify that self-recycling flows, i.e., flows in which the origin and destination 

reference the same reactive flash operating at the same pressure, are naturally eliminated from 

Eq.(4.24). 



157 

A minimum residence time   is proposed for the feasible reactive flash separators in the 

network. The capacity of each reactive flash in the OP is determined by either the reactive 

holdup, Eq.(4.25) or the residence time times the reactive flash inlet flow, Eq.(4.26), whichever 

is greater. 
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By substituting Eq.(4.15) in Eq.(4.26), the capacity constraint must satisfy: 
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  (4.27) 

 

Some variables in the component outlet bounds equations can be eliminated substituting 

Eq.(4.13) in Eq.(4.21): 
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  (4.28) 

 

Equation (4.28) can then be split in two inequalities: 
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A total capacity variable totC  has been included in the model, Eq.(4.31), and has an 

upper bound constraint ubC .  

 ( )
11

,
F

S
tot F

ip

C C p i


==

=    (4.31) 

 

Similarly, a total reactive holdup totH  has been added to the model with an upper bound 

constraint ubH , as shown in Eq.(4.32). 

 ( )
11

,
F

S
tot F

ip

H H p i


==

=    (4.32) 

 

In addition, a constraint for the total flow circulating in the network ( )
tot

PF  has also been 

considered in this work, as shown in Eq.(4.33). This variable takes in account all flows entering 

the OP and has its upper bound constrained by ( )
ub

PF . 
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  (4.33) 

 

Those three last variables defined in Eq.(4.31) to Eq.(4.33) are particularly important 

because they can be used in the definition of the vector X  presented in Eq.(4.11), with unitary 

coefficients, embedding the totality of holdup volume, capacity volume and system flowrate 

respectively. 

The final general ILP formulation for the multi-pressure reactive distillation has a general 

objective function as showed in Eq. (4.11) subject to the constraints presented in Eqs.(4.12), 

(4.19), (4.20), (4.24), (4.25), (4.27), (4.29), (4.30), (4.31), (4.32), and (4.33). Since all variables 

represent physical quantities (flowrate, catalyst amount, stage volume), they can have only non-

negative values. In addition to that, the total reactive holdup, total capacity and total flow can 

have their upper bound specified in the synthesis process, as shown in Eq.(4.34). 

( ) ( )

0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0 ; 0

0 ; 0 ; 0

I O OI PI OL OV PL PV

tot ub
tot ub tot ub P P

F F F F F F F F H C

H H C C F F

         

     

  (4.34) 

  

The infimum value of an infinite linear programming cannot be solved explicitly. Nevertheless, 

its solution can be approximated by a series of finite linear programming of increasing size, 

whose sequence of optimum values converges to the infinite dimensional problem’s infimum. 

Thus, if instead of an infinite number of dimensions one considers a finite number G , 

corresponding in this problem to the number of reactive flash separators available for this multi-



160 

pressure synthesis problem, the problem formulation becomes an LP which in turns can be 

solved by a variety of methodologies. By allowing G  to contain an ever-increasing number of 

reactive flash-separator units, the optimum objective function values of each LP solved forms a 

non-increasing sequence that converges to the ILP infimum. Taking in account this solution 

methodology, the general LP formulation that takes in account a finite number of units G  has 

the following inequality form: 
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Next, the proposed IDEAS framework is illustrated on a case study involving a dual-

pressure reactive separation of a ternary azeotropic mixture. 

 

4.5. Case study: MTBE production through dual-pressure reactive distillation 

MTBE (Methyl-tert-butyl ether) is an important chemical compound used as an 

antiknock agent in unleaded gasoline. Although MTBE was banned in the United States in 2005 

and in several other countries after that, it is still largely used as fuel oxygenate worldwide, 

including by countries in Europe and Asia 55. China consumed 7.3 million tons of MTBE in 

2015, blended in gasoline for road use 56. MTBE production through reactive distillation has also 
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been investigated as a potential route for separating the C4 by-product mixture from oil refining, 

aiming to recover pure isobutene 57.  

MTBE is synthesized from the reaction between isobutene and methanol, as shown in 

Eq.(4.35). 

 
4 8i C H MeOH MTBE− +   (4.35) 

 

For the acid-catalyzed reaction, the traditional reactor-followed-by-distillation concept is 

particularly complex since the ternary mixture leaving the reactor forms two minimum boiling 

binary azeotropes. The utilization of single pressure reactive distillation on the MTBE 

production has been studied for several authors 58,16,59–63 and the obtained results from this 

technology are shown to be close to 100% conversion. On the other hand, it is also known that 

the MTBE minimum boiling azeotropes are pressure-dependent, and that reaction constants are 

dependent on the temperature of the mixture, defined by its pressure. Therefore, the investigation 

of a multi-pressure influence in the reactive distillation for MTBE production is highly desired.  

The kinetics for the MTBE reaction can be found on the literature 16. The thermodynamic 

equilibrium constant as a function of the reaction temperature and the reaction rate constant are 

shown in Eq.(4.36) and Eq.(4.37). 

 ( )
6,820.0

ln 16.33eqK
T

= −   (4.36) 

 

 
3,187.074.40 T

fk e−=   (4.37) 

 

The constants for the Antoine’s equation, Eq.(4.10), and the binary interaction parameters for the 

Wilson model, Eq.(4.8) and Eq.(4.9), are shown in Table 4.4 in the appendix.  
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Based on the kinetic parameters for MTBE reaction from isobutene and methanol, the 

system of modeling equations for the reactive flash can be solved for any liquid molar fraction 

vector in a given operational pressure  , , ,L L L

IB MOH MTBEP x x x . Each species’ molar fraction in the 

ternary mixture can take values in the interval 0 1L

ix   and the sum over all species must be 

equal one. Therefore, an infinite number of combinations are possible for each pressure. To solve 

the proposed finite LP, the composition domain must be discretized in a finite number of triplets 

, ,L L L

IB MOH MTBEx x x  for each operational pressure, forming a G  number of available units for the 

IDEAS finite LP on this synthesis procedure. Several sets of discretized liquid molar fraction 

triplets were then generated from the available domain considering a constant interval size on the 

interval  : 0 1j jx x x =   , as shown in Table 4.5 in the appendix. 

As a design parameter, a minimum of 95% purity for MTBE has been selected as the 

production goal for the system. Based on this target, each set G  of reactive distillation flashes is 

tested to determine if they could deliver MTBE with the selected purity. To proceed with this 

verification, the IDEAS finite LP was run with three inlets ( )3M =  containing isobutene, 

methanol, and MTBE respectively, all at 100% purity, and one process outlet ( )1N = . In the 

process outlet, the upper bound for MTBE molar fraction at the outlet was set to 0.95 and the exit 

flow to be 1.0 kmol/h. A single-pressure system ( )1S =  operating at 1 bar was considered in the 

evaluation of the discretized sets. The objective function maximizes the MTBE content in the 

system outlet, reflecting the production goal for each set of reactive flash separators as shown in 

Eq.(4.38). 

 ( ) ( ) ( ) ( )
1

max , , ; 1 ;
G

L OL V OV

k k

j

x j F i j y j F i j i k MTBE
=

+ = =   (4.38) 
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The constraints were implemented as presented in the finite IDEAS-LP. What this procedure 

accomplishes is that, if the set for a given discretization is not able to deliver 1 kmol/h with 95% 

MTBE purity, a flow from the inlet to the outlet containing 100% MTBE enriches the mixture so 

that the specified purity target is reached at the exit. Therefore, this problem has always a 

feasible solution and the sets can be tested until the inlet MTBE flow is equal zero. From this 

procedure, the 1/20 discretization was found to be the largest discretization interval (which 

generates the smallest reactive distillation set) that is able to produce MTBE with 95% purity 

from pure isobutene and pure methanol. Figure 4.4 shows the pure MTBE flow required to meet 

the desired specification of (95% MTBE in the output) as a function of the number of reactive 

flash separators. 
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Figure 4.4 - MTBE flow required as a function of the number of reactive flashes 

 

Now that the feasibility of the problem was verified, a variety of optimization problems 

can be addressed. For the dual-pressure reactive separation system, the objective is finding the 

global minimum total reactive holdup, the global minimum total capacity, the global minimum 

total flow in the network, and how those three characteristics of the system behaves in a dual-

pressure system when compared with the respective single pressure systems. The objective 

function for those cases are presented in Eq.(4.39) to Eq.(4.41). The total reactive holdup is 

considered a surrogate for capital costs associated with reactors, particularly the amount of 

catalyst used in the process to carry out the reaction 64,65. The system’s total capacity is a 

surrogate for capital costs associated with vessels (flashes/stages), and is also a surrogate for 



167 

operating costs, as one of its components is proportional to the total flowrate. In addition, the 

system’s total flowrate per se is a surrogate for the reactive separation system’s energy 

consumption, as higher energy consumption results in higher material flows within the network 

64,65. 

 min totH   (4.39) 

 min totC   (4.40) 

 ( )min
tot

PF   (4.41) 

 

As shown in the test of the discretized sets, the use of sets with discretization intervals smaller 

than 1/20 guarantees the feasibility of the synthesis procedure. Thus, only two inlet feeds are 

required ( )2M = , each containing pure isobutene and pure methanol respectively. The IDEAS-

ILP globally optimal solution approximation is obtained through a sequence of solutions from 

LP1 of an ever-increasing number of reactive flash separator units G in the OP. In other words, 

the optimal solution for the finite LP converges to the global optimal solution of the ILP when

G → . To test the IDEAS convergence, the single-pressure ( )1S =  globally minimum reactive 

holdup problem was solved for a variety of reactive flash separators discretized sets operating at 

1 bar. The convergence plot for the minimum holdup global optimum is shown in Fig.4.5. 
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Figure 4.5 - IDEAS convergence plot for single-pressure minimum total holdup 

 

The minimum holdup synthesis problem was solved considering a design capable to 

produce 2,350 bpsd (barrel per stream day) of MTBE at 95% purity, which is equivalent to a 

production of 130 kmol/h. In order to compare the effect of the operating pressure, two different 

simulations were implemented first, producing MTBE at 1.0 bar and 5.0 bar respectively in two 

independent single-pressure systems. Then, minimum holdup was pursued in one unique dual-

pressure system, with two sets of reactive flash separators available to the synthesis procedure, 

one operating at 1.0 bar and the other at 5.0 bar. Those optimization problems were solved for a 

1/64 discretization considering a variety of different upper limits on the system’s total flowrate. 

The complete list of design parameters is shown in Table 4.1: 
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Table 4.1. Design parameters used in the MTBE production case study. 

System identification P1 P5 P1/P5 

Pressure levels available for RD Single Single Dual 

Production output (kmol/h) 130.00 130.00 130.00 

Residence Time (s) 60 60 60 

Operating pressure (bar) 1.0 5.0 1.0 and 5.0 

    

Inlet molar fractions    

Inlet 1    

Isobutene 1.0000 1.0000 1.0000 

Methanol 0.0000 0.0000 0.0000 

    

Inlet 2    

Isobutene 0.0000 0.0000 0.0000 

Methanol 1.0000 1.0000 1.0000 

    

Outlet molar fraction target bounds    

MTBE 0.950 - 1.000 0.950 - 1.000 0.950 - 1.000 

Isobutene 0.000 - 0.050 0.000 - 0.050 0.000 - 0.050 

Methanol 0.000 - 0.050 0.000 - 0.050 0.000 - 0.050 

      

 

For the specified conditions, the IDEAS solution for the single and double-pressure 

systems were found and are presented in Table 4.2. The minimum total flow in the network is 

obtained in a lower operating pressure (1 bar), although this limiting condition requires an 

extremely large value for the total reactive holdup. In its turns, the minimum reactive holdup 

happens at a higher operating pressure (5 bar), requiring a large total flow in the network. This 

apparent tradeoff between reactive holdup and total flow in the network is a manifestation of the 

separation needs for this process. If a small amount of catalyst is used, i.e., in a minimum 

reactive holdup state, the synthesis process must assure that separation occurs almost exclusively 

via flow interchanges amongst the VLE separators, and that the flow in the network is high 
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enough to meet the design output of MTBE in an environment of low reactivity. If the flow is to 

be small, i.e., in a minimum total flow situation, very few reactive flash separators are allocated 

by the synthesis process and the separation and specs are met almost exclusively through 

reaction. The dual-pressure system can emulate both scenarios since it contains the reactive flash 

separators for both 1 and 5 bar operating pressures. 

 

Table 4.2. Optimal values for different objective functions in each RD system. 

Objective function 
Single-pressure at 

1 bar (P1) 

Single-pressure at 

5 bar (P5) 

Dual-pressure at 1 bar 

and 5 bar (P1/P5) 

Min Total Flow 24735 74670 24735 

Min Reactive Holdup 152423 27669 27669 

 

 

To better understand the correlation between minimum total flow and minimum reactive 

holdup, the optimal value for reactive holdup was evaluated considering a variety of upper-

bound values for the total flow in the network, such that range between the global optimal 

reactive holdup and the global optimal total flow is covered in its totality for all the different 

systems studied. Such exercise led to the values presented in Table 4.3. 
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Table 4.3. Reactive Holdup optimal values for different total flow upper bounds for single and 

dual-pressure systems 

Total flow upper 

bound (kg/h) 

Optimal reactive 

holdup (H*) for P1 

(kg) 

Optimal reactive 

holdup (H*) for P5 

(kg) 

Optimal reactive 

holdup (H*) for 

P1/P5 (kg) 

Unbounded 27669 152423 27669 

5000000 38044 169363 28328 

3000000 43656 214793 29071 

2000000 47543 239737 30547 

1000000 55381 288159 41667 

900000 56711 297597 45159 

800000 58214 309139 48741 

700000 59937 323018 52402 

600000 61972 339882 56252 

500000 64646 360782 60686 

400000 68228 386994 66212 

300000 73479 422866 73368 

200000 86792 489937 86382 

150000 108445 551003 104398 

125000 138023 602435 130066 

100000 233903 689929 177736 

90000 380166 751095 231559 

80000 863946 834928 342622 

76962 1575210 870555 384405 

60000 Infeasible 1170220 674899 

50000 Infeasible 1487820 963535 

30000 Infeasible 7837900 7837900 

26000 Infeasible 19154000 19154000 

24735 Infeasible 31395900 31395900 

 

The effects of the dual-pressure system in relation with either one of the single-pressure 

operating systems occurs in a transition region in which both reactive holdup and total flow in 

the network have low but not optimal values. The region in which the dual-pressure system has a 

more prominent advantage over any of the respective single-pressure ones is shown in Fig. 4.6. 
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Figure 4.6 - Single and dual-pressure optimal reactive holdups as function of the total 

flowrate in the network 

 

 

In the region between 80,000 and 120,000 kg/h of total flow there the dual-pressure 

system can deliver feasible designs with less reactive holdup for the same flowrate when 

compared to either P1 or P5 systems. The access to this feasible region through an RD system 

that operates in two different pressure levels indicates that dual-pressure RD systems may deliver 

better results in terms of catalyst use than single pressure systems under specific conditions. In 

addition, by enabling a feasible design with reduced values of reactive holdup and total flowrate, 

the overall size of the dual-pressure RD system is proportionally smaller than its single-pressure 

peers, which indicates its potential to further intensify the RD processes. 
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To better understand how the dual-pressure system delivers better results, the main 

process connections for a system featuring 100,000 kg/h of total flow in the network is shown in 

Fig.4.7. For this system, reaction occurs exclusively at the high-pressure system (P5), and the 

first five stages function as reactor only since no phase separation occurs.  

 

 

Figure 4.7 - Synthesis result for the dual-pressure system featuring 100,000 kg/h of the total 

flowrate in the network 



174 

Phase separation occurs mostly in the low-pressure side (P1), and some of the vapor flows are 

sent to the high-pressure side to mix and further react. From the interconnection among stages 

within this dual-pressure system, one can argue that an RD system that combines high-pressure 

reactive systems with low-pressure separative systems can have a reduced value in both catalyst 

use and total flow requirements than a traditional RD solution. This fact is captured by finding 

the minimum capacity value for the three systems studied (P1, P5, and P1/P5), as shown in 

Fig.4.8. The dual-pressure RD system shows better results than its single-pressure peers, 

reducing the system capacity in 78.35% and 14.91%, when compared with similar RD systems 

for MTBE production operating at 1 bar and 5 bar respectively. 

 

Figure 4.8 - Minimum (globally optimized) capacity value for the single-pressure systems 

and for the dual-pressure system 
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4.6. Conclusions 

The effect of simultaneous reactive distillation (RD) and pressure swing distillation 

(PSD) were studied in this work through the application of IDEAS framework. IDEAS basic 

concepts and features were first reviewed and then its applicability to the multi-pressure reactive 

distillation was proved. A convex, infinite linear programming (ILP) was derived and the 

approximate solution of this IDEAS generated ILP was pursued through the solution of a number 

of finite dimensional linear programs (FLP) of ever-increasing size, whose optimum values form 

a sequence that converges to the ILP’s infimum.  

The methyl tert-butyl ether (MTBE) production was used as study case and a minimum 

discretized set on the MTBE, isobutene and ethanol molar fraction space was found to a 

production target of 95% pure MTBE. The minimum required set had a discretization of 1/20. 

Any finer discretization on the molar fraction space could reach the design constraints. 

The globally optimal value for minimum total reactive holdup and minimum total flow in 

the system was then calculated.  

From these results, it is possible to verify that IDEAS generates an RD process network 

for the minimum total flow problem, and a PSD process network for the minimum total reactive 

holdup problem. In the minimum total flow case, the separation of the azeotropic mixture is 

executed by reactions only, making the optimal network dense in terms of catalyst use. For the 

minimum reactive holdup case, azeotropic separation is being processed by constant changes in 

the available pressure levels, leading to a network dense in terms of reactive flash units and 

consequently in terms of mass flowing between these units. 
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The set of optimal solutions separating these two extreme cases has always a hybrid 

solution, showing the potential for the joint application of RD and PSD processing methods. A 

look into the solution for the dual-pressure system operating at 100,000 kg/h of total flow in the 

network indicates that an RD system that combines high-pressure reactive systems with low-

pressure separative systems can have a reduced value in both catalyst use and total flow 

requirements than a traditional RD solution. Lastly, considering the defined variable capacity as 

a measure of the system’s overall size, the dual-pressure RD system shows better results than its 

single-pressure peers, reducing the system capacity in 78.35% and 14.91%, when compared with 

similar RD systems for MTBE production operating at 1 bar and 5 bar respectively. Thus, for the 

cases of minimum capacity, the multi-pressure reactive distillation design shows a better 

performance than the application of any RD or PSD isolated process. 

 

 

4.7. Notation 

Thermodynamic Variables: 

P                      Flash unit pressure 

 T   Flash unit temperature 

( )V

ky i               thk Species equilibrium vapor composition leaving the thi unit 

( )L

kx i               thk Species equilibrium liquid composition leaving the thi unit 

( )sat

kP T              thk Species temperature dependent saturated vapor pressure 
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 ( )1
, ,

n
V

k l
l

y T P
=

     thk Species non-ideal fugacity coefficient 

 ( )1
,

n
L

k l
l

x T
=

         thk Species non-ideal liquid activity coefficient 

( ),k j T            Wilson equation temperature dependent parameters 

,i jA                            Wilson equation interaction parameters between thi and 
thj species 

, , , , ,k k k k k kA B C D E F           Antoine equation thk species parameters 

( )k jV V                     thk ( )thj species molar volume 

R            Universal gas constant 

eqK            Reaction equilibrium constant 

fk            Reaction rate constant 

 

IDEAS Variables: 

( )IF i                        thi DN inlet stream

 

( )OF i                       thi DN outlet stream 

( )LF i                       thi  OP liquid outlet 
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( )VF i                      thi  OP vapor outlet 

( ),OIF i j                 
thj DN inlet stream to thi DN outlet 

( ), ,PI PF p i j            thi  OP (operating at pressure
Pp ) inlet stream from 

thj DN network inlet  

( ), ,OL LF p i j            thi  DN outlet stream from 
thj OP (operating at pressure

Lp ) liquid outlet 

( ), ,OV VF p i j            thi  DN outlet stream from 
thj OP (operating at pressure

Vp ) vapor outlet 

( ), , ,PL P LF p p i j      thi  OP (operating at pressure
Pp ) inlet stream from 

thj OP (operating at 

pressure
Lp ) liquid outlet 

( ), , ,PV P VF p p i j      thi  OP (operating at pressure
Pp ) inlet stream from 

thj OP (operating at 

pressure
Vp ) vapor outlet 

 ( )I

kz i                       thk species, thi DN inlet stream composition 

( )O

kz i                       thk species, thi DN outlet stream composition 

( )( ) ( )( ),
l u

O O

k kz i z i
  

thk species, 
thi DN outlet stream composition vector, lower bound, upper 

bound  

( ),L L

kx p i                 thk species, thi OP (operating at pressure
Lp ) liquid outlet composition 
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( ),V V

ky p i                thk species, thi OP (operating at pressure
Vp ) vapor outlet composition 

( ),P

kR p i                thk species, thi OP (operating at pressure
Pp ) reaction rate 

( ),PH p i                 thi OP (operating at pressure
Pp ) reactive holdup  

G Total number of flashes generated in all pressure universes, for different 

discretizations  

M               Number of IDEAS network inlets 

N               Number of IDEAS network outlets 

 

4.8. Appendix 

4.8.1. Constants for Antoine’s equation and Wilson equation parameters 

The constants used to solve Antoine’s equation and Wilson equation parameters are 

presented in Table 4.4 16,61. 

 

 

( )
1

3

6

32

9.132635 2125.74886 33.16 0.0 169.9953 60.1022 93.33 10

11.986965 3643.31362 33.434 2576.853 0.0 1483.248 4

9.203235 2571.5846 48.406 271.5669 406.3

( )

( )

9 0

i
XX X

AA AComponent A B C

Isobutene IB

Methanol MOH

MTBE

V m mol

−− − − 

− −

− − −

6

6

4.44 10

118.8 10

−

−





 

 

 

Antoine Equation Constants Wilson Equation Parameters 

Table 4.4: Antoine equation’s constants and Wilson equation’s parameters 
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4.8.2. Reactive flash separation sets according to the discretization size. 

The discretization of the composition domain through a finite number of triplets 

, ,L L L

IB MOH MTBEx x x , defined for each operational pressure and considering a constant interval size on 

the interval  : 0 1j jx x x =   , result in the sets presented in Table 4.5. 

 

Table 4.5: Reactive flash separator sets according to the discretization size 

Discretization 

Low-pressure RD 

flash separators 

High-pressure RD 

flash separators 

Total number of RD 

flash separators G  

1/4 15 15 30 

1/8 45 45 90 

1/16 153 153 306 

1/20 231 231 462 

1/32 561 561 1122 

1/40 861 861 1722 

1/50 1326 1326 2652 
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5. CHAPTER 5 

Synthesis of Reactive Distillation Networks through IDEAS featuring Quaternary 

Azeotropic Mixtures 

 

5.1. Abstract 

The Infinite DimEnsionAl State-Space (IDEAS) conceptual framework is proven to guarantee 

global optimality for any chemical process. For a large set of chemical engineering synthesis 

problems, the benefits imposed by the theoretical assumption of infinite dimensions with infinite 

cardinality, such as linearity and convexity, exceed the computational costs associated with the 

solution of large-scale linear programs (LP). Nevertheless, the application of IDEAS in problems 

with high dimensionality may impose computational challenges to obtain global optimal 

solutions during the IDEAS infinite LP infimum approximation process. To this end, the column 

generation (CG) procedure – used to rigorously and efficiently determine the optimal solution of 

a large-scale LP – is introduced in this work. The association of IDEAS framework with the 

column generation process was applied in a high dimensional problem involving the separation 

of quaternary azeotropic mixtures through an isobaric reactive distillation network. The network 

is comprised of vapor-liquid equilibrium trays, with liquid holdup that changes from tray to tray. 

Kinetically and/or equilibrium limited reactions are assumed to occur in the liquid phase. The 

method is demonstrated on a case study involving the isobaric reactive distillation of an acetic 

acid/isopropanol/isopropyl acetate/water azeotropic mixture. The IDEAS-CG results shows 

feasible design solutions for of isopropyl acetate with purity of 94% through reactive distillation. 
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5.2. Introduction 

Separation studies of quaternary mixtures through reactive distillation (RD) systems has 

caught the attention of the scientific community due to the positive prospects of RD as an 

intensified process separation technology. In particular, the use of reactive distillation system in 

esterification processes is prospected as an alternative to increase reaction conversion – usually 

equilibrium limited – by continuous removal of products. Moreover, the reaction can help to 

break the azeotropes commonly found in those systems. 

Isopropyl acetate (IPAc) is an important organic industrial chemical that is widely used in 

the production of varnishes, paints, printing inks, synthetic resins, and adhesive agents1. A 

common difficulty related to the separation of IPAc is the existence of a three-component 

azeotrope when produced using isopropanol (IPOH) and acetic acid (AA) as reactants. The 

existence of a reactive azeotrope in this system2 also impacts the production of IPAc through 

reactive distillation. Due to these characteristics, a conventional reactive distillation column is 

reported to not be able to produce high purity acetate 3. Based on the same difficulties involving 

the reactive separation of isopropyl acetate, Tang et al.4 classified its production as pertaining to 

a type II configuration, which indicates that only the reaction and rectifying sections are present 

in the RD column, while further purification of acetate is carried out in a downstream stripper 

column. Also, in the type II configuration a decanter is necessary to recycle the organics back to 

the RD and Stripper. The possibility of improving this process through the use of the IDEAS 

conceptual framework is sought in this work. 
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The IDEAS conceptual framework has been successfully applied to either globally 

optimize or to identify the attainable region of numerous process synthesis problems.  Some 

examples of IDEAS application involves multicomponent mass exchange networks 9, ideal 

distillation networks 10,11, separator networks 12, power cycles 13, heat/power integrated 

distillation networks 14,15, reactive distillation networks 16,17, reactor network attainable region 

construction 18–27, azeotropic distillation networks 28, reactor networks 29–31, compressor 

sequences 32,33, batch reactor networks 34, and process network attainable region 35. 

All units in the OP can be used in the IDEAS framework to reach the desired process 

objective. A flow operator structure, the IDEAS distribution network DN, is employed to 

connect all inlet-outlet possibilities (i.e., process inlets to process units, process inlets to process 

outlets, process units to process units and process units to process outlets). Considering that the 

DN operations (mixing, splitting, recycling, and bypass) are linear in the flow variables, the 

IDEAS DN-OP representation is linear for any chemical process.  

Due to IDEAS’ innovative proposition for the process operations, which domain and 

range is considered to lie in an infinite (rather than finite) dimensional space, infinite 

dimensional linear programs (ILP) can be formulated for the synthesis of optimal process 

networks. In fact, since it is not possible to solve an ILP, its solution is approximated arbitrarily 

close by finite dimensional linear programs (LP) of ever-increasing size. The sequence formed 

by the LP optimal solutions converges to the global optimal solution of the ILP. 

For a large set of chemical engineering synthesis problems, the benefits imposed by the 

theoretical assumption of infinite dimensions with infinite cardinality, such as linearity and 

convexity, exceed the computational costs associated with the solution of large-scale linear 

programs (LP). Nevertheless, the application of IDEAS in problems with high dimensionality, 
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such as the quaternary azeotropic mixture of isopropanol, acetic acid, isopropyl acetate, and 

water, may impose computational challenges during the IDEAS convergence procedure. To 

address this potential issue, a column generation procedure is implemented in this work. 

Column generation (CG) procedures are used in a variety of different fields to solve 

large-scale optimization problems 5–8. Column generation in general refers to the application of 

decomposition procedures 9–12, where additional variables (or columns) are added to a reduced 

LP problem, usually referred as “restricted master problem”, during the iterative process solution 

until a defined stop criteria is reached. One of the predecessors of the column generation 

techniques, which falls in the same category, is called “cut generation”. The cut generation 

procedure is applied to the dual problem, and then violated constraints (or “cuts”) not present in 

the reduced LP problem are added to it. 

The fact that all possible process flowsheets are taken into account during the IDEAS 

application, increase the possibility of finding a breakthrough in any process synthesis problem. 

In this paper, the IDEAS framework is applied on a case study involving the isobaric reactive 

distillation of an acetic acid/isopropanol/isopropyl acetate/water azeotropic mixture, aiming to 

find the maximum isopropyl acetate purity value for the system. 

 

5.3. Mathematical formulation  

5.3.1. Reactive flash separator model 

The reactive flash separator model presented in previous works13–15 has been applied to 

the quaternary azeotropic separation problem featured in this study, with the difference that the 

capacity value is not being tracked in this work. A variety of different models had been proposed 
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to design and optimize reactive distillation systems. Procedures based on geometrical approach 

such as the residue curve maps and the fixed point method have been heavily utilized to attack 

the problem 16–25. In addition to the graphical approach, optimization-based methods using 

mixed-integer nonlinear programming (MINPL) formulations 26–33 have also contributed to the 

advancement of the reactive distillation process synthesis.  

 

Figure 5.1 - Reactive flash separator model used in the quaternary azeotropic mixture 

separation problem. 

 

The model proposed in this work (Fig.5.1) has the advantage of fully determine the outlet 

composition of a n  component mixture with the knowledge of 1n−  species in either the vapor 

or the liquid outlet. In addition, this approach has no dependence on the inlet composition. The 

reactive flash separator’s vapor and liquid exit streams are considered to be in phase equilibrium 

with one another, and reactions may occur in the liquid phase, depending on the reactive volume 

H  (the reactive holdup) of the flash separator.  
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This approach gives to the reactive flash the ability to account for several phenomena that 

can act together or isolated, depending on the necessity of the synthesis process. A fully 

operational reactive flash, i.e., none of the variables are equal to zero, will simultaneously act as 

a reactor and VLE separator. Moreover, if the reactive holdup is zero, the system acts as a VLE 

flash separator only; and if no separation is proceeded it is going to assume the behavior of an 

isolated CSTR reactor, with only one liquid flow as output. The component balance formulation 

for the reactive flash separator model is shown in Eq.(5.1): 

  ( )1
, , 0 ; 1,...,

n
P L L L V V

k k j k k
j

f R x T P H x F y F k n
=

+ − − =  =   (5.1) 

 

The general formulation for the phase equilibrium condition of each thk -component in 

the mixture uses the Gamma-Phi model to relate the liquid molar fraction 
L

kx  with the 

correspondent vapor molar fraction 
V

ky  inside the reactive flash separator, as shown in Eq.(5.2): 

  ( )  ( ) ( )
1 1
, , , 1,...,

n n
V V L L sat

k k l k k l k
l l

y y T P P x x T P T k n 
= =

=  =   (5.2) 

 

The thk -component’s generation rate 
kR  in the reactive flash is usually given by a kinetic 

rate expression in the form of Eq.(5.3), although other rate forms are also possible. 

 ( ) ( )
( )

( )
1

, ,
pr

k f r r r p p p

reactants productseq

R k T a x a x
K T


 

 
= −  

 
    (5.3) 

 

The species i  activity in a multicomponent mixture is related to the activity coefficient in 

the liquid phase and the liquid molar fraction for the respective component as shown in Eq.(5.4). 
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  ( )1
,

n
L

i i l il
a x T x

=
=   (5.4) 

 

To solve the vapor-liquid equilibrium model showed in Eq.(5.2), a variety of 

thermodynamic models can be utilized to describe the behavior of the fugacity coefficient 

function  ( )1
, ,

n
V

k l
l

y T P
=

, the activity coefficient function  ( )1
,

n
L

k l
l

x T
=

 and the saturated 

pressure ( )sat

kP T  for the thk -component in the mixture. Since vapor-liquid equilibrium is 

assumed in the reactive flash and considering ideal gas behavior, for each specified composition 

in the liquid output the specified thermodynamic models can be iteratively calculated for 

different temperatures until the vapor fractions sum up to the unit13–15.  

In this work, given the nonideality of the composition assumed in the study case, the 

NRTL model has been applied in the calculation of the activity coefficients of each species in the 

mixture. The Antoine equation was used to express the components’ partial pressures 

respectively.  

In the IDEAS ILP formulation, an infinite number of the aforementioned reactive flash 

separators are presented in the process operator (OP). The ILP formulation is presented in the 

next section. 

5.3.2. IDEAS ILP for the reactive distillation synthesis problem 

In order to consider all possible flowsheets for the reactive distillation network, the 

process operator OP is interfaced with a distribution network (DN) where all stream splitting, 

mixing and pressure adjustment occurs. Fig. 5.2 shows the resulting IDEAS framework for the 

reactive distillation synthesis problem.  
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Figure 5.2 - IDEAS representation for a reactive flash separator network. 

 

Each of the cross-flow streams in the DN is characterized by a flow rate variable, which 

has fixed destination and origin molar fraction conditions. The vector of flow variables are 

identified by a superscript that indicates their destination and source respectively: the DN inlet is 

identified as I , the DN outlet as O , the OP inlet as P , the liquid and vapor outputs from the OP 

as L  and V  respectively. The indexes that identify the elements of vector flow variables also 

follows the destination-source pair structure. The reactive holdups and the capacity are both 

variables associated with the elements of the OP.  
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Several infinite LP formulations can be derived using the IDEAS framework. In order to 

simplify the application on the case study, a general ILP formulation is developed can be 

modified for any specific case. A generic linear objective function is proposed at this point as 

 Tc F   (5.5) 

 

where the vector F includes all flows of the DN, the inlet flows, the reactive holdups for the 

reactive flashes and their respective capacity. The above objective function can be used to realize 

a wide array of objectives, through appropriate selection of the elements of the cost vector Tc .  

The development of the constraints for the ILP general formulation uses mass and 

component balances on the DN, and the proposed reactive flash separator model for the OP. For 

each inlet flow ( )IF j  associated with one of the M inlets of the DN, a splitting balance is 

written as shown in Eq.(5.6). 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

I OI PI

i i

F j F i j F i j j M


= =

− − =  =    (5.6) 

 

For each outlet flow ( )OF i  leaving the DN from one of its N  outlets, a mixing balance as shown 

in Eq.(5.7) is considered. 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

O OI OL OV

j j j

F i F i j F i j F i j i N
 

= = =

− − − =  =     (5.7) 

 

The component flow ( )P

kf i  that feeds the thi  reactive flash separator can be considered as the 

sum of component flows feeding that specific mixing point of the DN (component balance). 

 
( ) ( ) ( ) ( ) ( ) ( ) ( )

1 1 1

, , , 0

1,..., ; 1,...,

M
P I PI L PL V PV

k k k k

j j j

f i z j F i j x j F i j y j F i j

i k n

 

= = =

− − − =

 =   =

  
  (5.8) 
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Thus, the total mass flow in this mixing node is represented by Eq.(5.9) below. 

 ( ) ( ) ( ) ( )
1 1 1

, , , 0 ; 1,...,
M

P PI PL PV

j j j

F i F i j F i j F i j i
 

= = =

− − − =  =      (5.9) 

 

For each ( )LF j  liquid and ( )VF j  vapor input flow entering the DN’s after being processed in 

the OP, a splitting balance is written as: 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

L OL PL

i i

F j F i j F i j j


= =

− − =  =     (5.10) 

 ( ) ( ) ( )
1 1

, , 0 ; 1,...,
N

V OV PV

i i

F j F i j F i j j


= =

− − =  =     (5.11) 

 

 

The final products from the reactive distillation process can be found in the DN outlets. Lower 

and upper bounds constraints are introduced in the each of the N  flow variables ( )OF i  as design 

parameters. The total balance for each flow exiting the DN is shown in Eq.(5.12). 

 ( )( ) ( ) ( ) ( ) ( )( )
1 1 1

, , , ; 1,...,
M

l u
O OI OL OV O

j j j

F i F i j F i j F i j F i i N
 

= = =

 + +   =     (5.12) 

 

Equations (5.12) can also be expressed by two independent as shown below: 

 ( ) ( ) ( ) ( )( )
1 1 1

, , , 0 ; 1,...,
M

l
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
     (5.13) 

 

 ( ) ( ) ( ) ( )( )
1 1 1

, , , 0 ; 1,...,
M

u
OI OL OV O

j j j

F i j F i j F i j F i i N
 

= = =

 
+ + −   = 

 
     (5.14) 

 

The component balance at the DN’s outputs, including upper and lower bounds for the 

product’s molar fractions are represented by Eq.(5.15). 
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  (5.15) 

 

Finally, the balances for the reactive flash separators in the OP are expressed as shown in 

Eq.(5.16). 

 ( ) ( ) ( ) ( ) ( ) ( ) ( )
1,...,

0 ;
1,...,

P L L V V

k k k k

i
f i R i H i x i F i y i F i

k n

 = 
+ − − =

 =
  (5.16) 

 

The number of variables can be reduced by substituting Eq.(5.6) to Eq.(5.8) in Eq.(5.17): 

 

( ) ( ) ( ) ( ) ( )
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( ) ( ) ( ) ( )

1 1

1 1 1
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 = 
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  (5.17) 

 

 

 

From Eq.(5.17), self-recycling flows are naturally eliminated from the system. This fact 

can lead to further simplifications as shown in Eq.(5.18): 
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Some variables in the component outlet bounds equations can be eliminated substituting 

Eq.(5.7) in Eq.(5.15): 
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Moreover, Eq.(5.19) can then be split into two inequalities: 
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The final general ILP formulation for the reactive distillation network synthesis has a 

general objective function as showed in Eq.(5.5) subject to the constraints represented by Eqs. 

(5.6), (5.13), (5.14), (5.18), (5.20), and (5.21), summarized below in Eq.(5.22): 
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5.3.3. ILP infimum approximation by finite LPs 
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An infinite dimensional linear program cannot be explicitly solved. However, its solution 

can be approximated by a series of finite linear programs of increasing size, whose sequence of 

optimum values converges to the infinite dimensional problem’s infimum. In particular, instead 

of an infinite number, consider a finite set containing G  of reactive flash separators in the OP. 

Consequently, the aforementioned IDEAS infinite LP formulation becomes a finite LP, which is 

a convex problem and can be solved by any LP solver. 

Considering that the finite LP can now be solved   times using an ever-increasing 

number G  of reactive flash separators, i.e. ( ) ( ) ( )1 2 ...G G G    , the resulting finite linear 

programs form a non-increasing sequence of optimal values ( ) ( ) ( )1 2 ...      , which 

converges to the infimum of the ILP when  → .  

For a large set of chemical engineering synthesis problems, the benefits imposed by the 

theoretical assumption of infinite dimensions with infinite cardinality, such as linearity and 

convexity, exceed the computational costs associated with the solution of large-scale linear 

programs (LP). Nevertheless, the application of IDEAS in problems with high dimensionality 

may impose computational challenges to obtain global optimal solutions during the IDEAS 

infinite LP infimum approximation process. For the reactive distillation network synthesis ILP 

presented in Eq.(5.22), the total number of variables and constraints varies according to the total 

number of inlets ( )M  and outlets ( )N  in the IDEAS-DN, the total number of species in the 

system ( )n , and the total number of reactive flash separators ( ):G G →  in the IDEAS-OP. 

The total number of variables and constraints are represented by Eq.(5.23) and (5.24), 

respectively.  

 ( ) ( ) ( ) ( )2 2 1M M N G M G N N G G G+  +  +  + + +  −     (5.23) 
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 ( ) ( )2 2M N n G n N+ +  +    (5.24) 

 

Thus, one may note that the size of the finite IDEAS-LP for the reactive distillation 

problem increases quadratically (twice) with the number of units G , which invariably has the 

largest cardinality amongst the sets presented in this problem. For some problems, as the ones 

involving quaternary mixtures, the set G  starts with a large number of process units for a 

relatively coarse discretization of the molar fraction composition domain. In order to pursue the 

IDEAS convergence, the discretization has to become finer each time   increases, which may 

compromise the ability to solve the problem under constraints of computational power, memory 

and time to obtain a solution. This fact is shown in Table 5.1, which presents the value of G and 

the number of variables for ternary and quaternary mixtures according to the discretization used. 

 

Table 5.1. Number of variables and constraints of IDEAS-LP per discretization and system type 

System Species 

(n) 

Discretization DN-

Inlets 

(M) 

DN-

Outlets 

(N) 

IDEAS-

OP (G) 

Num. of 

variables 

Num. of 

constraints 

Ternary 3 1/8 3 2 45 4,331 154 

Ternary 3 1/16 3 2 153 47,747 478 

Ternary 3 1/32 3 2 561 632,819 1,702 

Quaternary 4 1/8 3 2 112 25,771 355 

Quaternary 4 1/16 3 2 969 1,883,747 2,926 

Quaternary 4 1/32 3 2 6545 85,713,331 19,654 

 

From the example above, it is clear that in order to obtain solutions close to the IDEAS infimum 

for quaternary systems, strategies for solving large-scale linear programs at reduced 

computational cost are required. To that end, the column generation procedure presented in the 

next session was applied to the solution of the IDEAS-LP for quaternary azeotropic mixtures. 



205 

 

5.3.4. Column Generation Procedure  

A common issue that impacts the computational viability of solving a large-scale linear 

program is memory capacity, since the problem can be large enough to make impractical the 

storage of all variables and constraints at the same time. To that end, the so‐called 

“decomposition” procedures are typically employed.  

Column generation (or cut generation) techniques are decomposition procedures and have 

been used in the solution of different large-scale optimization problems 5–7. A general feature of 

the column generation procedure is the decomposition of the optimization problem into a master 

problem, where the result (or approximation) for the optimal solution is pursued; and a related 

subproblem that contains the criteria (or heuristics) for including variables back in the master 

problem. Consider for example a large-scale linear program (LP) of the form presented in 

Eq.(5.25). 
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The respective dual problem can be written as shown in Eq.(5.26). 

 

1

1

1 2

1

2

min

. .

0

0

T

T

b

s t

A c


 

 





=

− =





  (5.26) 

 



206 

Since 
2 0  , the dual problem can be simplified as shown in Eq.(5.27). 
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  (5.27) 

 

Both primal and dual problems can be decomposed according to the definitions shown in 

Eq.(5.28). 
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Based on the notation above, the aforementioned LP (primal) and its dual can be rewritten as 

presented in Eq.(5.29) and (5.30), respectively.  
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Consider next the definition of a reduced master problem formed by setting 
2x  to zero. 

Then, the reduced master problem primal and its associated reduced dual are presented in 

Eq.(5.31) and (5.32). 
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  (5.32) 

Let 1 ,x   be the optimal solutions of the reduced master problem’s primal and dual 

respectively. Then, both the reduced primal and the reduced dual have the same value at the 

optimal solution, and all constraints of those respective problems have been satisfied, as shown 

in Eq.(5.33). 

 1 1 1 1 1 1 1, , , 0, 0Tc x b A x b A c x          = =       (5.33) 

 

It is then clear that   , since 1

0

x
x




 

=  
 

is a feasible point for the primal  . Two cases are then 

possible: 

1- If 2 2

TA c    is satisfied, then  is a feasible point for the dual  , and thus  = , 

1

0

x
x




 

=  
 

, is the optimal solution for the primal  , and  is the optimal solution 

for the dual  . 

 

2- If 2 2 0TA c −    is not satisfied, then   is not a feasible point for the dual  . 
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In the first case, the optimization search is stopped, since the optimum of the primal   is 

identified. In the second case, the optimum of the primal   is not identified, so a criterion to 

include variables (columns) into the reduced master problem has to be defined. In this work, the 

vector 
2 2A c  −  is evaluated at end of each interaction, so the vectors below a given tolerance 

−   are then identified. Each of these entries corresponds to an entry of the vector 
2x . These 

entries are then removed from the vector 
2x  and are incorporated in the vector 

1x . The new 

reduced primal and dual problems are then solved, and new values for 1 ,x    are identified. The 

procedure is repeated for increasingly smaller values of −  until case 1 is satisfied. 

  

5.3.5. IDEAS finite LP in inequality form 

The application of the aforementioned column generation procedure is based on the 

inequality form of the linear program to be solved. The inequality form of the finite IDEAS-LO 

for the quaternary reactive distillation problem is presented in Eq.(5.34). 
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 This inequality formulation and the column generation procedure described in the 

previous section were implemented using CPLEX in C++ to improve the purity of isopropyl 

acetate through reactive distillation, previously reported to have a limit of 58% purity for a single 

RD unit with multiple feeds 34. 

 

5.4. Case study: Isopropyl Acetate production 

5.4.1. Thermodynamic data and problem specifications 

In this section, the proposed IDEAS framework formulation is applied in the design of an 

reactive distillation network for the production of isopropyl acetate (IPAC) from isopropanol 

(IPOH) and acetic acid (AA) through esterification as shown in Eq.(5.35). 

 
2IPOH AA IPAc H O+ +   (5.35) 

 

Isopropyl acetate is an important organic industrial chemical and fine industrial solvent 

that are widely used in the production of varnishes, paints, printing inks, synthetic resins, and 
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adhesives. The interest in applying reactive distillation systems on the metathesis of 2-pentene is 

reflected in the recent literature 1–3,34–36. 

One of the challenges related to this quaternary system is that the IPAc exhibit nonideal 

phase behavior, has four azeotropes, and one reactive azeotrope. In order to accurately represent 

the phase equilibriums of the process, the selection of the form of the thermodynamic model and 

the determination of the parameters are essential. The nonidealities of the liquid phase were 

modeled using the NRTL equation, Eq.(5.36). The binary interaction parameters for the NRTL 

equation used to calculate the activity coefficient for each component are shown in Table 5.2.  
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  (5.36) 

 

Table 5.2. NRTL coefficients for Acetic acid(1), Isopropanol(2), Isopropyl acetate(3), water(4)19. 

 ( )1j AA=  ( )2j IPOH=  ( )3j IPAc=  ( )2 4j H O=  

ija      

( )1i AA=  0.0 -281.4482 141.0082 -219.7238 

( )2i IPOH=  81.3926 0.0 269.9609 39.8541 

( )3i IPAc=  154.7885 140.0972 0.0 1165.709 

( )2 4i H O=  842.6081 1655.255 1270.2036 0.0 

ij      

( )1i AA=  0.0 0.3048 0.3014 0.2997 

( )2i IPOH=  0.3048 0.0 0.3009 0.3255 

( )3i IPAc=  0.3014 0.3009 0.0 0.33 

( )2 4i H O=  0.2997 0.3255 0.33 0.0 

Note: All the 0ijb = . 
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The kinetics of this system is represented by the homogeneous model 34 shown in 

Eq.(5.37), where k  is constant over the temperature range of interest, i.e., ( ), 1f f refk k = . The 

respective reaction equilibrium constant is shown in Eq.(5.38). 

 2IPAc H O

f IPOH AA

eq

a a
R k a a

K

 
= −  

 

  (5.37) 

 

 8.7eqK =   (5.38) 

 

The saturated pressure of the mixture is calculated by using Antoine’s equation, 

Eq.(5.39), which coefficients can be found in Table 5.3 for T  in K and P  in Pa.  
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Table 5.3. Antoine coefficients for Acetic acid(1), Isopropanol(2), Isopropyl acetate(3), 

water(4)19. 

 ( )1k AA=  ( )2k IPOH=  ( )3k IPAc=  ( )2 4k H O=  

1,kA  23.3618 25.3358 21.7798 23.4776 

2,kA  −4457.83 −4628.96 −3307.73 −3984.92 

3,kA  −14.699 −20.514 −39.485 −39.724 

 

In order to perform the reactive distillation process, the distribution network of IDEAS is 

set to have three inlet streams, containing pure acetic acid, isopropanol, and water, respectively. 

Also, two outlets streams are considered according to the specifications for the final products 

presented in Table 5.4.   
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Table 5.4. Specifications for the isopropyl acetate reactive distillation example. 

    

Feed Flow (kmol/h) 200 

Outlet Flow 1 (Distillate) (kmol/h) 100 

Outlet Flow 2 (Bottom) (kmol/h) 100 

Operating pressure (bar) 1 

  

Inlet molar fractions  
Isopropanol (IPOH) 1.0000 

Acetic Acid (AA) 1.0000 

Water (H2O) 1.0000 

  

Purity target (lower - upper bounds)  

Outlet Flow 1  
Isopropanol (IPOH) 0.0000 - 1.0000 

Acetic Acid (AA) 0.0000 - 1.000 

Isopropyl Acetate (IPAc) 0.2500 - 1.0000 

Water (H2O) 0.0000 - 1.0000 

  

Outlet Flow 2  
Isopropanol (IPOH) 0.0000 - 1.0000 

Acetic Acid (AA) 0.0000 - 1.000 

Isopropyl Acetate (IPAc) 0.0000 - 0.2500 

Water (H2O) 0.0000 - 1.0000 

    

 

5.4.2. Objective function and discretization procedure 

For this reactive separation system, the objective function was selected to push the purity 

of the isopropyl acetate to the maximum possible, since relatively low values of purity in a single 

distillation system were reported previously as the maximum possible 34. Since IDEAS considers 

all the possible process flowsheets for a given technology, it becomes of interest to either 

confirm the maximum purity reported or to surpass, if possible, under the conditions reported in 

this work. The objective function of the IDEAS’ finite LP is shown in Eq.(5.40). 
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The procedure applied in this system uses the IDEAS convergence method presented 

previously. The LP in Eq.(1.36) is solved several times with an increasingly larger sets G  until 

no further improvement in the isopropyl acetate purity is observed, or until the purity of this 

component reaches 100%. 

This problem was processed in the UCLA Hoffman2 Cluster operated by the Institute of 

Digital Research and Education (IDRE). The average computational cost found for this problem 

in terms of memory allocation was 1.724 Megabytes per 1000 variables. Since the Hoffman2 

cluster has a maximum limit of 98,304 Megabytes per user, the maximum problem size for the 

quaternary azeotropic distillation that can be processed through in this server should contain 57 

million variables at most. As one could recall from Table 5.1, the quaternary problem would not 

be processable for the 1/32 discretization (with constant discretization step sizes) when this 

computational limitation is considered. 

As previously observed in other works13, one strategy to obtain meaningful results in 

reactive distillation systems while keeping the cardinality of the set G  under reasonable values is 

the use of different discretization step sizes in different regions of the molar liquid composition 

space. For most distillation systems, the addition of states close to the high purity edges of the 

composition space can improve the separation problem convergence when compared to the 

addition of states in regions far from the high purity points. This is physically expected since it is 

energetically expensive to achieve further separation for systems that already present high values 
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of purity. Following that, a non-modular discretization is applied in the generation of the set of 

reactive flash separator units for the IDEAS OP. The quaternary mixture’s liquid molar fraction 

domain was divided into three regions as shown in Fig.5.3.  Different discretization levels are 

allowed in each of the proposed regions, which edges specified by the molar fractions   and  . 

Note that the usually three-dimensional quaternary domain is represented as a plan in four 

different ternary mixture spaces. 

 

Figure 5.3 - Different discretization regions in the quaternary mixture liquid molar 

fraction domain for the isopropyl acetate production problem. 

 

5.4.3. IDEAS results 

The purity limit of the isopropyl acetate problem through reactive distillation is 

investigated by solving the optimization problem described in Eq.(5.40). Different values of   
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and   have been specified in the determination of the reactive flash separator set used by the 

IDEAS-OP. These values, as well as discretization step in each region and respective number of 

reactive flash separators in the set G  are presented in Table 5.5. 

 Table 5.5 – Results for the IDEAS quaternary reactive separation problem for max. IPAc purity. 

Set #     
Discretization step size #Flashes 

G  
# of variables 

Max IPAc 

purity Region I Region II Region III 

1 0.75 0.5 1/8 1/8 1/8 112 25,892 0.25 

2 0.75 0.5 1/16 1/8 1/8 234 111,170 0.25 

3 0.75 0.5 1/8 1/16 1/8 560 631,140 0.474353 

4 0.75 0.5 1/8 1/8 1/16 533 571,929 0.582854 

5 0.75 0.5 1/16 1/16 1/8 682 935,042 0.474353 

6 0.75 0.5 1/16 1/16 1/16 969 1,884,725 0.635987 

7 0.75 0.5 1/32 1/16 1/16 1,489 4,444,685 0.8125 

8 0.75 0.5 1/16 1/32 1/16 3,665 26,890,125 0.8125 

9 0.75 0.5 1/16 1/16 1/32 3,329 22,187,805 0.6875 

10 0.75 0.5 1/32 1/32 1/16 4,185 35,057,765 0.84375 

11 0.75 0.5 1/32 1/16 1/32 3,849 29,656,565 0.84375 

12 0.75 0.5 1/32 1/32 1/32 6,545 85,719,885 0.84375 

13 0.75 0.5 1/50 1/16 1/16 2,709 14,052,965 0.9 

14 0.75 0.5 1/50 1/32 1/16 5,345 57,175,485 0.9 

15 0.75 0.5 1/64 1/16 1/16 4,705 44,307,005 0.921875 

16 0.96875 0.75 1/128 1/32 1/16 1,613 5,214,849 0.84375 

17 0.96875 0.75 1/128 1/64 1/16 4,805 46,209,705 0.921875 

18 0.96875 0.5 1/128 1/32 1/16 4,309 37,165,145 0.84375 

19 0.9 0.75 1/100 1/50 1/16 3,434 23,608,770 0.94 
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The column generation procedure was used to solve the runs highlighted in blue in table 

above. Although the memory limit given by the computational cluster would support some of 

those runs to be solved directly (without the use of column generation), in practice the 

scheduling procedure used by the cluster administration adds queue waiting time to the total 

processing time for users submitting memory intensive processing jobs. Thus, column generation 

was used in any version of the problem containing more than 30 million variables. 

From the results, one may observe that the convergence to the infimum of the IDEAS ILP 

optimal is not a function of the cardinality G  only, but also depends on the location in the 

composition space where the increase in the number of units happens. Thus, different IDEAS 

convergence plots can be drawn according to the use of a finer discretization in each specific 

region for the same value of   and  . When the set are organized according to the use of 

smaller discretization steps in each region, the IDEAS convergence plot shown in Fig.5.4 

captures how the convergence evolves with the growth of the total number of flashes in each 

region. It is interesting to observe that increases in region III can lead to faster convergence for 

low purities of IPAc. 
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Figure 5.4 - IDEAS convergence evolution for the maximum IPAc at output 1 according to 

changes in the discretization of regions I, II, and III. 

 

 

Another interesting feature observed in Table 5.5 is that it shows a dependence on the 

value of   in order to obtain high purity. A comparison between sets 15 and 17, for instance, 

shows that a finer discretization in region I did not affect the purity of the product. Although they 

have different values of   and  , sets 15 and 17 are exactly the same for molar fraction below 

0.96875, and set 17 shows a finer discretization in the composition space above that value, 

between 0.96875 and 1. This discretization increase in the high purity was ineffective mainly 

because the best output purity composition from set 15 is out of reach for the newly included 

reactive flashes in region I of set 17.  

Considering the above, an improved version of set 13 (which has reached 90% purity) is 

presented in set 19. Discretization is set to become finer for isopropyl acetate molar fractions 
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above 0.9 in this set, which means that set 13 can take advantage from the newly added reactive 

separation states from the point it found the maximum. This procedure resulted in an increased 

purity of 94%, given to this run the maximum purity for isopropyl acetate obtained in this work. 

The combination of this procedure with the behavior of the convergence curve seen previously 

indicates that is possible to develop a heuristic model for the column generation procedure that 

considers the location of the purity position in the composition space and generates a finer 

discretization around that point, so that one could obtain faster convergence. 

The maximum purity obtained by IDEAS is higher than the value of 58% for a similar 

system34, reported as the maximum attainable purity for the RD system under the conditions 

presented. The between those values is shown in Fig.5.5. 

 

 
* Chadda, N.; Malone, M. F.; Doherty, M. F. Feasibility and Synthesis of Hybrid Reactive Distillation Systems. AIChE J. 2002, 48 (12), 2754–2768. 

 

 

Figure 5.5 - Maximum isopropyl acetate purity for a reactive distillation column and 

through the use of the IDEAS framework 

 



220 

 

5.5. Conclusions 

The Infinite DimEnsionAl State-Space (IDEAS) conceptual framework was applied to 

the synthesis of reactive distillation networks featuring quaternary azeotropic mixtures. The 

network is comprised of vapor-liquid equilibrium reactive flashes, with liquid holdup that is free 

to change in each flash individually. A model for the study of reactive separation systems is 

developed and applied in through the IDEAS approach. Kinetically and/or equilibrium limited 

reactions are assumed to occur in the liquid phase. A column generation procedure where the 

main LP problem is decomposed and solved iteratively was introduced and implemented in this 

work. This procedure overcomes memory limitations by reducing the number of variables 

included in the problem during the solution procedure. The method is demonstrated on a case 

study involving the isobaric reactive distillation of an acetic acid/isopropanol/isopropyl 

acetate/water azeotropic mixture. The objective function of IDEAS for this reactive separation 

system was selected to push the purity of the isopropyl acetate to the maximum possible. A 

nonmodular discretization strategy was used in this problem, enabling different proportions of 

reactive flash separators in the liquid molar fraction composition space. Results for this problem 

show that the rate of approximation to the IDEAS infimum is dependent not only on the number 

of units in the IDEAS-OP, but also on the location of the newly added units. This result indicates 

that is possible to develop a heuristic model for the column generation procedure that considers 

the location of the purity position in the composition space and generates a finer discretization 

around that point, so that one could obtain faster convergence. The IDEAS-CG results shows 

feasible design solutions for of isopropyl acetate with purity of 94% through reactive distillation, 
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compared with 58% previously reported as the limiting attainable for this system through a 

reactive distillation column.  

 

5.6. Notation 

Thermodynamic Variables: 

P    Reactive flash separator pressure ( )Pa   

 T    Reactive flash separator temperature ( )K   

( )V

ky i    thk Species equilibrium vapor composition leaving the thi unit ( )dim  

( )L

kx i    thk Species equilibrium liquid composition leaving the thi unit ( )dim  

( )sat

kP T   thk Species temperature dependent saturated vapor pressure ( )Pa  

 ( )1
, ,

n
V

k l
l

y T P
=

 thk Species non-ideal fugacity coefficient 

 ( )1
,

n
L

k l
l

x T
=

 thk Species non-ideal liquid activity coefficient 

ka    Activity of the thk species ( )dim  

,j kA    Antoine equation thj  parameter of the thk species ( )dim   

eqK    Reaction equilibrium constant ( )dim   
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fk    Forward reaction rate constant ( )1/h   

 

 

IDEAS Variables: 

( )IF i    thi DN inlet stream

 

( )OF i    thi DN outlet stream 

( )LF i    thi  OP liquid outlet 

( )VF i    thi  OP vapor outlet 

( ),OIF i j   thj DN inlet stream to thi DN outlet 

( ),PIF i j   thi  OP inlet stream from thj DN network inlet 

( ),OLF i j   thi  DN outlet stream from thj OP liquid outlet 

( ),OVF i j   thi  DN outlet stream from thj OP vapor outlet 

( ),PLF i j   thi  OP inlet stream from thj OP liquid outlet 

( ),PVF i j   thi  OP inlet stream from thj OP vapor outlet 

( )H i    Reactive holdup of the thi  reactive flash separator unit in the OP 
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( )I

kz i    thk species, thi DN inlet stream composition 

( )O

kz i    thk species, thi DN outlet stream composition 

( )( )
l

O

kz i   thk species, thi DN outlet stream composition vector, lower bound 

( )( )
u

O

kz i   thk species, thi DN outlet stream composition vector, upper bound 

( )L

kx i    thk species, thi OP liquid outlet composition 

( )V

ky i    thk species, thi OP vapor outlet composition 

G   Total number of reactive flashes in the OP  

M   Number of IDEAS network inlets 

N   Number of IDEAS network outlets 
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